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RESUMO

BRIGAGAO, G. V. Alternativas Tecnoldgicas para Abatimento de Carbono e
Eficiéncia Exergética: Geracdo Termelétrica, Processamento de Gés Natural Rico
em CO; e Biorrefinarias. Tese (Doutorado em Engenharia Ambiental), Programa de
Engenharia Ambiental, Escola Politécnica & Escola de Quimica, Universidade Federal
do Rio de Janeiro, 2019. Orientadores: José Luiz de Medeiros, Ofélia de Queiroz
Fernandes Araujo

Em um cenario de longo prazo de aquecimento global, a implementacdo de alternativas
tecnoldgicas para reducdo de emissdes de CO, em termelétricas € importante para
viabilizar metas de reducdo de carbono. Além disso, considerando a tendéncia provavel
para o crescimento no uso de gas natural nas proximas décadas, as atuais preocupacoes
ambientais trazem particular atencdo aos impactos ligados as atividades upstream de
6leo e gas, especialmente em face das recentes descobertas de reservas contendo gas
natural com alto teor de CO,. Neste contexto, este trabalho desenvolve e analisa
tecnicamente, economicamente, ambientalmente e exergeticamente, alternativas
tecnologicas que atendem aos desafios atuais ligados a reducdo de carbono na geracédo
de eletricidade e na purificagdo de géas natural rico em CO,. Em primeiro lugar, foi
desenvolvido um projeto inovador de separacdo criogénica do ar para producdo de
oxigénio em larga escala para suprir oxicombustdo. Em seguida, é apresentado um
conceito inovador de pré-purificacdo de ar para fracionamento criogénico utilizando
separadores supersdnicos como operacao principal seguida por adsor¢ao de acabamento,
com desempenho econdmico superior a rota convencional de pré-purificacdo de ar para
plantas criogénicas de fornecimento de oxigénio. E mostrado que a pré-purificacio de ar
com separadores supersdnicos apresenta também eficiéncia exergética superior a rota
convencional. Em terceiro lugar, no processamento offshore de gas natural rico em CO,,
para maior lucratividade, menores consumo de poténcia e impacto ambiental, abordam-
se etapas sequenciais de separadores supersonicos — visando ao ajuste simultaneo de
pontos de orvalho de &gua e hidrocarbonetos e a remocdo de CO, — proporcionando
aumento da producéo de 6leo e reducéo de investimento do processamento. Por fim, em
areas rurais analisou-se a producdo de biogas e o processamento de sabugos de milho
para gerar combustivel de termelétricas, tendo em vista ambas viabilidades econémicas

e impacto direto para reducdo de emissdes de carbono no setor elétrico.

Palavras-chave: Captura de CO,; geracdo de poténcia; gas natural; separagdo do ar;

eficiéncia exergética; biogas.



ABSTRACT

BRIGAGAO, G. V. Technological Alternatives for Carbon Abatement and Exergy
Efficiency: Power Generation, Processing of CO,-Rich Natural Gas, and
Biorefineries. DSc. Thesis (Doctorate in Environmental Engineering), Environmental
Engineering Program, Escola Politécnica & Escola de Quimica, Federal University of Rio
de Janeiro, 2019. Advisors: José Luiz de Medeiros, Ofélia de Queiroz Fernandes Araljo

In a scenario of long-term global warming, the implementation of technological
alternatives for reducing CO, emissions of fuel-fired power plants is important to attain
targets of carbon reduction. Moreover, considering the trend of growth of natural gas
utilization in the next decades, sustainability concerns bring particular attention to
environmental impacts associated with oil-gas upstream activities, especially in view of
recent discoveries of natural gas reserves with high CO, content. In this context, this
work develops and analyzes technically, economically, environmentally and
exergetically technological alternatives to meet challenges of carbon reduction in
electricity generation and processing of CO,-rich natural gas. Firstly, an innovative
design was developed for cryogenic air separation units for large-scale supply of oxygen
to oxy-combustion. Secondly, it is presented an innovative concept of air pre-
purification unit for cryogenic air separation prescribing utilization of supersonic
separators followed by a finishing adsorption step, with superior economic performance
comparatively to the conventional route of air pre-purification for cryogenic oxygen
supply plants. It is shown that air pre-purification with supersonic separators has also
greater exergetic efficiency than the conventional route. Thirdly, for better profitability,
lesser power consumption and environmental impact in offshore processing of CO,-rich
natural gas, it is approached the utilization of sequential steps of supersonic separators —
for simultaneous adjustment of water and hydrocarbon dew-points — allowing oil
production increase and investment reduction. Finally, in rural areas, it was analyzed the
production of biogas and the processing of corncobs for producing non-fossil fuels for
power generation, in view of both proven economic viabilities and direct impacts for

reducing carbon emissions in the electricity generation sector.

Keywords: CO, capture; power generation; natural gas; air separation; exergy

efficiency; biogas.
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1. INTRODUCTION

1.1. COz Emissions

As the world energy matrix is still dominated by fossil fuels and few efforts are applied for
carbon sequestration, CO, emissions continue to increase every year imposing a threat over
humanity about the long-term consequences of global warming advancement. The IPCC
(2014) have estimated that the major share (=75%) of global warming impacts is assigned to
CO; global emissions, so it is considered as the main greenhouse gas (GHG). In this sense,
Fig. 1.1 illustrates the historical evolution of GHGs total emissions by component and origin
in terms of CO,-equivalent (for accounting the actual global warming potential of each
molecule). Details of CO, emissions parcel by use of fossil resources oil, gas and coal are

presented in Fig. 1.2.
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Fig. 1.1. Global emissions of greenhouse gases by component and origin (Olivier et al., 2017).

According to the IPCC (2013), it will be necessary to cut CO, emissions by 50% to limit the
increase of average global temperature to 2°C by 2050. To impede global warming

advancement, initiatives for carbon reduction in all economic sectors are made necessary,



while implementation of effective actions by private companies is usually driven by low-
carbon policies imposed by governamental pressure, following determinations of
international agreements in this regard. Among all human activities, electricity generation
stands out as the most impactful economy sector in terms of carbon footprint. This is clearly
demonstrated in Fig. 1.3, where historical evolutions of the footprints of several economy
sectors are presented. Evidently, these emissions are derived from the operation of fossil fuel
thermal power stations, which holds the largest share of world electricity generation. It can be
understood, therefore, that implementation of technological alternatives for carbon reduction
in this sector is critical for the achievement of Paris Agreement targets.
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Fig. 1.2. Global emissions of CO, by fossil resources (IEA, 2016).

The world claims for less carbon emissions but also demands more energy supply, revealing
a dual challenge for the current global energy system. The issue is addressed by gradual
transition in world energy matrix, foreseeing a future with renewables playing central role in
the place of fossil resources. Nevertheless, utilization of natural gas is also predicted to
increase in the next few decades, acting as a bridge source into a renewable energy future. In
this sense, Fig. 1.4 presents the prospects to 2035 on the use of principal energy sources as
estimated by BP (2017), evincing natural gas gaining importance together with substantial
advancement of renewable resources (Fig. 1.4b). Considering that there is a trend for growth
in the use of natural gas, and that oil extraction will continue to be important in the near
future (Fig. 1.4a), sustainability concerns bring particular attention to environmental impacts
associated with oil-gas upstream activities.
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Fig. 1.3. Principal agents of CO, global emissions from 1970 to 2010. Own elaboration.
Data sources: The Shift Project (2018) and World Bank (2018).

New oil-gas reserves often impose technological challenges for extraction and/or
conditioning of products. In this regard, environmental impacts are expected to be worsened
as more severe conditions are applied to upstream activities. Pre-salt fields of the Southeast
Brazilian coast are inserted in such a context: among other issues, these fields are featured by
huge flow rates of raw natural gas being associated to oil production and high/ultra-high CO,
content in the gas, commonly exceeding 40%mol. Development of efficient and compact
technological alternatives is required for such remote offshore scenario, solving challenges of
CO, removal and fuel-gas use minimization, with reinjection to reservoir being the most
suitable destination for the fossil COs.
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Fig. 1.4. World energy matrix by source. Historical evolution within 1965-2015 and
projections to 2035: (a) primary energy consumption; and (b) shares of primary energy.
*Renewables includes wind, solar, geothermal, biomass, and biofuels (BP, 2017).



1.2. CO2 Abatement Technologies

Carbon capture and storage (CCS) systems constitute important alternatives to substantially
reduce CO, emissions from stationary sources while renewable energy sources are not widely
— and intensively — applied. These CCS systems involve the following steps: CO, capture,
compression, transportation, and final disposal in a geological reservoir, which is illustrated
in Fig. 1.5 for a power plant with post-combustion CO; capture. In non-conventional capture
routes (pre-combustion and oxy-combustion), power generation is part of the CCS scheme, as
it is integrated with CO, capture implying substantial modifications in the original process. A
major handicap is that all CCS steps are energy- and capital-intensive. Except when CO,
injection is availed for enhanced oil recovery (EOR), CO, abatement solutions with
geological storage vastly increase expenses without adding any revenues to the operating
company. Therefore, to become economically feasible, CCS demands the intervention of
governamental policies for reduction of GHGs emissions, such as the use of carbon taxation
to charge CO, emissions, where avoidance of economic penalties becomes a driving-force for
effective implementation of CCS routes. Moreover, another major issue is the need for long-
distance transportation to geological reservoirs, which becomes critical in countries where the
storage capacity is limited or only available and safe in remote offshore environments

(Cuellar-Franca and Azapagic, 2015).
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Fig.1.5. Conceptual steps of Carbon Capture and Storage (post-combustion capture illustration)

In the context of electricity generation in thermal power stations, CO, capture is generally

conceived through one of the following conceptual routes: post-combustion, pre-combustion,

4



and oxy-combustion. A general scheme in this regard, also embracing processes not using
combustion, is presented in Fig. 1.6 with inclusion of CO, industrial separation routes,

depicting a wide view of main conceptual CO, capture pathways for industrial activities.
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Fig. 1.6. CO, capture routes (IPCC, 2005).

Post-combustion route is characterized by CO, separation from flue gases, which is
performed downstream to conventional air-fired combustion. All necessary structure for CO;
capture can be simply attached to existent industrial plants in operation without any
requirement to change the original process. Exhaust gases being processed are generally at
nearly atmospheric pressure, presenting high N, content and low CO, content. As these
streams have low CO, partial pressure, CO, removal is commonly performed via chemical
absorption with amines, a mature technology. Post-combustion is by far the most usual
method of CO; capture, mainly due to its advantage of implementation simplicity. However,
compared to other capture routes, conventional post-combustion solutions usually entail higher
operational costs and higher potential of other kind of environmental impacts (Kanniche et
al., 2010; Cuéllar-Franca and Azapagic, 2015). Chemical absorption with amines has well-
known issues of high heat duty involved in solvent regeneration and losses caused by solvent

degradation, which motivate investigation of alternative techonologies for CO, capture.



Pre-combustion CO, capture is based on fuel decarbonization prior to power generation,
being characterized by CO, removal from H,-rich gas, for a clean combustion with H,. Firstly,
synthesis gas (H,+CO+CQO,) is produced by fuel gasification or reform — which is generally
followed by shift reaction for CO conversion — and then CO, removal is executed. The lean
gas, mostly comprising Hy, is finally sent to power generation. Despite being usually the most
expensive route in terms of capital investment, pre-combustion capture is featured by two
particular advantages: (i) the conversion of solid fuels into high pressure gas allows the use of
gas turbines, thus enabling to replace traditional Rankine cycles by more efficient combined-
cycles (as in Integrated Gasification Combined-Cycle power plants); (ii) the operational cost
of CO, separation step is substantially reduced compared to post-combustion CO, removal,
since the synthesis gas has relatively high CO, content while being at much above
atmospheric pressure, both aspects implying in high CO, partial pressure, thus favoring
separation. In this sense, the elevated pressure of gas subjected to CO, capture in this route
also allows utilization of physical absorption technology as an option to chemical absorption

(Cuéllar-Franca and Azapagic, 2015).

Oxy-combustion CO, capture is based on practically pure oxygen replacing air in power
generation, with requirement of partial recirculation of combustion products to abate flame
temperature (water/steam, dry or humid exhaust gas). The particular advantage of this method
consists in producing flue gas constituted mainly by CO, and H,0, so that CO, can be
obtained after water condensation. Therefore, it is possible to replace a CO, removal step by
an air separation unit (ASU) for oxygen production. Consequently, this is the only route
allowing 100% capture (zero-emission power generation). Another characteristic is that
generation of nitrogen oxides (NOy) is substantially reduced due to flue gas recirculation and
avoidance of N, introduction to combustion chamber. The main disadvantage of this route is
the requirement of exclusive ASU for permanent supply of gaseous oxygen (GOX), as ASUs

are always expensive in terms of capital investment and manufacturing costs.

In relation to industrial processes not involving power generation, several technological
alternatives are available for CO, capture (e.g. chemical absorption, physical absorption,
membrane permeation, cryogenic distillation, adsorption, and — more recently — supersonic
separation), and identification of most adequate options depends on working scenario and
specific targets of the process. For instance, to meet demands of offshore raw natural gas
processing, processes with reduced footprints and complexity are firstly taken into

consideration, commonly implying in the election of membrane permeation technology.



1.3. Techonological Gaps
1.3.1. Oxygen production

The development of efficient technologies for air fractionation is a critical aspect for
competitiveness of oxy-combustion systems due to its high oxygen demand. Naturally, the
energy penalty for CO, capture in these systems in mostly concentrated in N,/O,
fractionation, even if the CO, is posteriorly subjected to finishing purification. Currently,
cryogenic separation is the only available option to produce GOX in the required scale of an
oxyfuel power plant. Cryogenic ASUs are always energy- and capital-intensive, and the
current technology, despite being mature in large-scale applications (up to 5000 tpd GOX), is
much more power demanding than it could theoretically be. While the most efficient plants
demand 158 kWh/t O, (Higginbotham et al., 2011), the minimum consumption of a theoretical
reversible process (calculated with the 2™ Law of Thermodynamics) is ~50 kWh/t O, for the
same separation service (Fu and Gundersen, 2012). Since all of this excess power is wasted in
irreversibilities in the process, there is clear evidence that the ASU power requirement can be

substantially minimized by means of techonological improvements in the process.

For instance, Fig. 1.7 illustrates (in yellows bars) the potential for reduction of energy penalty
in air separation for a conventional ASU consuming 240 kWh/t O, (typical consumption of
GOX 99.5%mol production in modern ASUs) in the context of an oxy-coal power plant. The
upper (light blue) portion of the bars represented in Fig. 1.7 is the contribution of a plausible
downstream compression and purification unit (CPU) of CO, captured. In this example, while
the CPU consumes slightly less than twice the theoretical minimum, the ASU strinkingly
demands 5-times the minimum (Fu and Gundersen, 2012), or 3-times at best using GOX
95%mol with 158 kWh/t O, (Higginbotham et al., 2011).
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Fig.1.7. Net efficiency loss (in %HHV) caused by ASU and CPU in an oxy-coal power station:
conventional case and theoretical reversible processes (Fu and Gundersen, 2013a).



Another technological gap associated to cryogenic air fractionation is related with air pre-
purification, where H,O, CO,, and further minor hazardous contaminants for cryogenic ASU
operation are removed from air feed. Currently, these pre-purification units (PPUs) — most
commonly regarded as part of the cryogenic ASUs — are totally based in separation by
adsorption, comprising at least two alternating vessels with high amount of adsorbent material.
As conventional PPUs are usually designed with Temperature Swing Adsorption (TSA),
significant consumption of heating utility is involved (e.g. low-pressure steam), with the

required regeneration heat being dominated by removal of major contaminants H,O and CO,.

The most efficient processes for impure GOX production have their power demand
minimized due to the reduction of required pressure in the main line of air supply to the
cryogenic section of the ASU (Cold Box). Specifically, while the typical pressure of air
supply for conventional Cold Boxes is in the range of 5-6 bar, efficient ASUs have a
principal line at reduced pressure of =3 bar and a further one at =5 bar. Considering the
plausible development of more efficient technologies for cryogenic separation, it will be
possible to fractionate air supplying the Cold Box with a principal line at =2 bar (Fu and
Gundersen, 2013b). Then in these processes where the Cold Box air feed pressure is
minimized, the PPU service is substantially enlarged with H,O content increase. Moreover,
the cooling capacity of air feed is also restricted, reducing water removal by condensation,
thus also increasing adsorption service with higher regeneration duty. This issue is not
addressed in most recent publications in air separation field, which usually only gives
importance to ASU cryogenic section. These aspects evince the need for development of
more efficient PPUs.

1.3.2. CO,-rich raw natural gas processing

A current challenge associated with the relatively recent discoveries of giant Pre-Salt oil
reserves nearby Brazilian Southeast (SE) coast is the offshore production of oil with high gas-
to-oil ratio (GOR) and elevated CO, content in the gas. As burning raw gas in flares is ruled
out demanding adequate processing, oil-gas upstream activities in such fields bears the
following characteristics: (i) high power demand for processing the associated gas, for its
conditioning to own utilization, exportation and reinjection; and (ii) equipment with much
larger size than usual, a highly unwelcome aspect given the narrow availability of space and
weight in floating platforms, with extremely high cost of occupied area. These circunstances



leverage the development of new technologies and imply in advances in the design of new
FPSO rigs (Aradjo et al., 2017).

In this context, raw natural gas (NG) processing involves dehydration — i.e. Water Dew Point
Adjustment (WDPA) - to prevent hydrate formation, removal of heavy HCs - i.e.
Hydrocarbon Dew Point Adjustment (HCDPA) — to prevent condensation in NG pipelines,
and removal of acid gases — CO, and H,S — to increase gas heating value, reduce flow rate
and avoid corrosion. Conventional processes solutionate these steps individually using large
number of equipment and occupying large footprints. For CO, removal, membrane
permeation offers a good alternative of compact size compared to conventional chemical
absorption technology. However, membrane permeation has issues of low CH4/CO,
selectivity entailing significant losses of CH,4 and high pressure drop in permeate side (CO,-
rich gas) implying high compression power requirement. For gas dehydration, all
conventional solutions — absorption with glycol and molecular-sieve (MS) adsorption — entail
heavy units of large dimensions. For recovery of natural gas liquids (HCDPA), Joule-
Thompson expansion with low-temperature condensate removal is generally applied, which

presents drawback of intense depressurization implying high compression power demand.

All of the above aspects reveal clear demand for new compact technologies minimizing
power demand in gas processing plant. In this regard, the recent technology of supersonic
separation emerges as a promising method that is likely to be disseminated in the near future,
as it is capable to perform all steps cited above — WDPA+HCDPA and CO, removal — fitting
the platform needs in an economic and compact way (Machado et al., 2012; Arinelli et al.,
2017). A visual comparison of footprints is presented in Fig. 1.9, where the alternative using
conventional technologies — WDPA via absorption with triethylene-glycol and HCDPA via
Joule-Thompson expansion — is compared to a plant using a single supersonic separator (SS)
unit — comprising 2 SS nozzles solving simultaneous WDPA+HCDPA — for 1/3 of processing
capacity, whereas full processing capacity would be attained with small increase of plant
footprint. The SS technology is still poorly understood in current literature, with several
misconcepted approaches to sound velocity calculation in multiphase systems and
unappropriate modeling of SS performance, offering fruitful circumstance for the

development of several original works of great scientific and technological contribution.



Conventional Technologies

conventional technologies against supersonic separator unit (de Melo, 2017).

1.3.3. CO, utilization and biorefineries

Alternatively to geological storage, CO; utilization (e.g. chemical conversion) is a generally
preferred destination for the CO, captured, since it enables to aggregate revenues to the
project (from the sale of valuable products) while avoids the need for long-distance
transportation to reservoir. Far away from oil-gas fields, CO, utilization is usually conceived
for application to large-scale production of fuels, solvents, chemical commodities and
polymeric materials (e.g. polycarbonate). In this sense, carbon capture and utilization (CCU)
alternatives constitute means for implementation of circular economy concept as prescribed

by Industrial Ecology.

In the context of CO, utilization technologies, a plausible alternative is microalgae cultivation
for biochemical CO; capture aiming the production of chemicals and biofuels. In this sense,
Fig. 1.10 depicts several microalgae processing pathways, showing that a biorefinery fed with
exhaust gas and mediated by microalgae production could offer a wide range of commercial
products. However, such a concept for post-combustion CO, capture is rarely taken into
account, maybe because the scale of such processes is supposed to entail prohibitively large
photobioreactor area required for microalgae cultivation. Nevertheless, considering the
possibility for vast land availability in areas of high solar irradiance, it is still reasonable to
guess whether the revenues obtained from commercialization of biorefinery products is able
to return capital invested on installation and replacement of photobioreactor modules.

While the majority of works in this regard reports experimental results, Process Engineering

approaches including economic evaluation of alternatives are rarely found in the literature.
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With the support of some experimental data, it is possible to implement these systems in a
commercial process simulator. Considering that several CCU processes involving CO,
biofixation in microalgal biomass were never analyzed before from technical and economic
perspectives, this thesis explores gaps on methanol production via biomass gasification and

biomethane production through anaerobic digestion.
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Fig. 1.10. Examples of microalgae processing technologies (Costa and Morais, 2011).

While CCU and CCS technologies are recommended to play an essential role in carbon
reduction at electric and oil-gas sectors while world energy matrix moves towards renewable
resources, efforts should be applied in the development and implementation of full biomass-
based technologies. Biomass use for power generation has the advantage of being practically
carbon-neutral, with CO, emissions being tolerable. However, biomass production for energy
purposes endangers responsible land use, possibly entailing competition with food production.
Moreover, biorefineries usually require high product prices for economic attractiveness,
hampering competition with traditional processes based on fossil resources. Consequently,
preferred resources for such applications are large-scale agricultural wastes (e.g. sugarcane
bagasse and corncobs), which enables to simultaneously solve problems of waste
management and carbon reduction in electricity generation and industrial activities. In this
regard, this thesis explores a literature gap on comparative techno-economic analyses of

corncob thermochemical conversion alternatives, including combustion to power generation.
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1.4. Objectives

This thesis aims to develop and analyze technological alternatives that meet current
challenges associated with carbon reduction in fuel-fired power plants and in raw CO,-rich
natural gas processing, verifying technical, economic, environmental feasibility for practical
implementation. Specifically, three lines of research are addressed, where there are clear
technological gaps offering opportunity for the production of original technical material of
great interest to scientific community: {R1} oxy-combustion CO, capture, with emphasis on
oxygen production via cryogenic air separation from adequate air pre-purification; {R2}
offshore CO,-rich NG processing; and {R3} chemical or biochemical CO, utilization and
biorefineries, where two biomass sources are conceived: microalgae — due to its high

photosynthesis efficiency — and corncobs — a large-scale agricultural residue.

Within the line {R1} of oxy-combustion, oxygen production and air pre-purification, the
following cases are evaluated: (i) novel cryogenic ASU based on top vapor recompression
distillation, for oxygen supply to a zero-emission NG combined-cycle power plant with oxy-
combustion CO, capture to EOR (Brigagdo et al., 2019a); and (ii) novel PPU for cryogenic
ASU based on low-pressure supersonic separator (SS) followed by finishing adsorption

(Brigagdo et al. 2019b), which is assessed in terms of exergy efficiency (Chapter 4).

Within the line {R2} of offshore CO,-rich NG processing, application of SS technology is
compared to conventional processes for performing the adjustment of water and hydrocarbon
dew-points, and CO, removal. By comparison of several alternatives, the most attractive
process is suggested for application in the topside of a large floating hub for gas processing
(Arinelli et al., 2019; de Melo et al., 2019).

Within the line {R3} of CO, utilization and biorefineries, the following cases are evaluated:
(1) thermochemical conversion of microalgae, cultivated for biofixation of CO, generated by
a power plant, prescribing extraction of microalga oil and gasification for methanol
production (Wiesberg et al., 2017); (ii) anaerobic digestion of microalgae biomass for the
production of biomethane or electricity (Brigagdo et al., 2019c); and (iii) thermochemical
conversion of corncobs for the production of methanol, electricity or fast pyrolysis bio-oil
(Brigagéo et al., 2019d).

12



1.5. Justification

All technological alternatives investigated in this thesis are inserted in the context of
plausible routes for carbon reduction, either by means of CO, capture, power consumption
reduction lowering CO, emissions, CO, utilization or renewable resources utilization.
Although not all considered processes share the same scope — not being directly connected
(air separation, air pre-purification, raw NG processing, microalgae cultivation for
gasification or anaerobic digestion, corncob thermochemical conversion) — there are several

interface points worthing mention in addition to the main purpose of carbon reduction.

Although this work does not intend to compare the performance of all available technologies
for CO, removal from gaseous streams to each working scenario, several alernatives for this
purpose are addressed as most suitable choices accordingly to different applications:
chemical absorption (applied to treat exhaust gas, biogas and low-pressure synthesis gas
feeds) (Brigagdo et al., 2019c; Brigagdo et al., 2019d, Wiesberg et al., 2017), physical
absorption (for high-pressure synthesis gas) (Wiesberg et al., 2017), adsorption (for
atmospheric air) (Brigagao et al., 2019b), membrane permeation and supersonic separation
(both for CO,-rich NG) (Arinelli et al., 2019; de Melo et al., 2019), besides biological CO,
capture with microalgae cultivation (for exhaust gas) (Wiesberg et al., 2017). Supersonic
separators and membranes are quite advantageous alternatives for bulk CO, removal
applications (lean gas >20%mol CO,) in offshore processing of CO,-rich NG because of their
compactness (Arinelli et al., 2017; Arinelli et al., 2019; de Melo et al., 2019). Adsorption is
the ideal option for deep removal of trace compounds, which is the case of CO, removal from
atmospheric air (=400 ppmv CO,) in a PPU for cryogenic air separation (Brigagdo et al.,
2019b). For biogas purification, chemical absorption is selected accounting for its
technological maturity, since the plant relies on microorganisms’ activity, which, in contrast,
should inflict operational issues in large scale applications (Brigagdo et al., 2019c). In high-
pressure synthesis gas processing (obtained from microalgae gasification), physical
absorption with refrigerated methanol (Rectisol Process) is considered more convenient,
accounting for high-pressure operation, high CO, partial pressure, reasonable H,/CO,
selectivity, and considering that methanol is the product of the evaluated system eliminating
the need to purchase solvent to offset losses in the process (Wiesberg et al., 2017).

In raw NG processing, besides plausible SS application for CO, removal, SS technology is
also availed for the simultaneous adjustment of water and hydrocarbon dew-points, as usually

conceived for SS applications (Machado et al., 2012). Another common aspect in this work is

13



that SS performing dehydration is also proposed in this work for another context: in air pre-
purification for cryogenic separation, where SS is suggested to play a central role performing
bulk water removal. Since the SS alone is not capable to attain the required rigorous
specification of air contaminants for admission to the Cold Box, a finishing purification step
based on adsorption is necessary for removal of CO,, H,O traces and further minor

contaminants (Brigagdo et al., 2019b).

Microalgae cultivation executes CO, removal from atmospheric air or exhaust gas by means
of photosynthesis simultaneously converting it into biomolecules of high molecular weight.
Here, a closed photobiorector system fed with exhaust gas is applied. Biological valorization
of CO, generated by a power plant is attained from CO, biofixation in microalgae, enabling
to have a wide range of valuable products with appropriate chemical processing of this
biomass in a biorefinery. Considering that a major advantage of processes mediated by
microalgae consists in elevated efficiency in the absorption and use of solar energy, this
energy source avoids additional consumption of fossil fuels to perform CO, capture and
utilization, which is widely known to generate other sorts of environmental impacts while
mitigate global warming (i.e. life-cycle impacts related with increased fuels consumption)
(Cuéllar-Franca and Azapagic, 2015).

Concerning CO; destination, EOR is applied in most alternatives (Arinelli et al., 2019;
Brigagdo et al., 2019a; Brigagdo et al., 2019c; de Melo et al., 2019), while in the others
chemical conversion or geological storage is also considered (Brigagdo et al., 2019c;
Wiesberg et al., 2017), with exception of corncob thermochemical processing, which is
regarded as practically carbon-neutral, thus being acceptable for application without CO,

capture (Brigagéo et al., 2019d).

Among the considered chemical/biochemical CO, conversion routes, the principal products
being suggested are methanol (Wiesberg et al., 2017) and biomethane (Brigagdo et al.,
2019c), which are substances commonly derived from fossil NG. Synthesis gas used in
methanol production can be produced from biomass instead of natural gas, but with the
penalty of CO, capture being required to adjust the H/C proportion. Biogas mainly consists of
CH, and CO,, also requiring contaminants removal for dispatch at suitable conditions like
COg,-rich raw NG, with CO, capture being the major penalty. Compared to fossil NG, the
main difference is that biogas is practically free of HCs C2+, thus biogas purification mainly
consists of acid gas (CO,, H,S) removal and biomethane dehydration.
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An overview of main covered topics showing other connections between the proposed
process alternatives and their working scenarios is presented in Table A3.1 at Appendix A3.
Specific discussion on originality aspects of each process alternative being addressed in
research lines{R1}, {R2} and {R3}is presented in Secs. 1.5.1, 1.5.2, and 1.5.3, respectively.

1.5.1. Oxygen production via cryogenic air separation

This thesis presents an innovative technology for large-scale oxygen production, exhibiting
less power demand than any process ever reported in technical literature, which is already
registered as patent application BR102016022807-7 (Brigagdo et al., 2016). This process is
based on cryogenic top vapor recompression distillation, which basically comprises a single
distillation column operating at nearly atmospheric pressure, contrasting with the usual
method based on separation in two or more columns operated at different pressure levels.
Although both methods require preliminary step of air compression, to provide a minimum
viable delta temperature in the condenser-reboiler of the distillation column, the vapor
recompression alternative avoids unnecessary compression of O, contained in air feed (Fu
and Gundersen, 2013b). Moreover, it further enhances separation performance by reducing
the required reflux ratio by feeding the column with liquified air, in addition to the increase in
N,/O, relative volatility due to elimination of high-pressure fractionation column. These
aspects are then translated into substantial savings in terms of separation power demand. The
main innovation of this process consists in the operation of a cold (cryogenic) compressor
allowing nitrogen condensation through heat exchange with vaporization of liquid oxygen or
liquid from an intermediate portion of the fractionation column, this being associated with the
fact that in addition to the nitrogen reflux, the column is fed with liquefied air in its upper
portion causing reduction of nitrogen reflux demanded at the top. The new cryogenic ASU is
compared to several other process configurations and applied to supply gaseous oxygen to an
oxy-combustion power plant operating nearby an oil-gas field for implementation of Gas-To-
Wire concept (where NG transportation is replaced by electricity transmission requiring in

situ power generation), with the CO, captured being availed for EOR (Brigagédo et al., 2019a).

Another innovative point of this thesis is the development of a novel concept of air pre-
purification for cryogenic separation, with supersonic separator (SS) performing dehydration.
Although SS use is an already known unit operation in the current state-of-the-art of high-
pressure raw NG processing to recover condensable compounds (H,O+HCs or CO,+HCs),

such application substantially differs from raw NG processing. Air pre-purification is
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characterized by strict specification of contaminants, with raw air feed showing few parts per
million in volume (ppmv) of HCs and =400 ppmv CO,, while being typically at <10 bar.
Therefore, unlike NG processing, there is no possibility of recovering valuable products with
this SS application. The use of SS performing air dehydration in the context of a cryogenic
ASU has never been proposed before in the literature. The present proposal was therefore
registered as patent application BR102017027727-5 (Brigagdo et al., 2017), comprising a
pre-purification unit (PPU) constituted by a battery of supersonic separators, which removes
the great majority of H,O, followed by a finishing adsorption step for the removal of CO,,
residual H,O, and further trace contaminants (e.g. HCs). The adsorption unit (e.g. TSA) is
needed to complement SS bulk purification, because the SS alone is not capable to perform
deep purification to allow cryogenic air processing. The economic viability of this alternative
is demonstrated by comparison with a conventional unit, fully based in TSA, for application
to a Cold-Box with reduced air feed pressure of =3 bar (Brigagdo et al., 2019b). This Cold-
Box assumes the use of a typical efficient ASU for producing GOX 95%mol, as
recommended for oxy-combustion CO, capture in power generation, to minimize the capture
penalty making it economically competitive — and even more advantageous in environmental

terms — in relation to other CO, capture conceptual routes.

1.5.2. CO,-rich natural gas processing with supersonic separators

While there are some recent studies in the literature dealing with NG processing with SS,
works considering rigorous thermodynamic calculations are extremely rare given the
multiphase-equilibrium conditions that characterize the SS interior. Moreover, the possibility
of CO, freeze-out is also often not taken into account in most works regarding large-scale SS
application for CO, capture. Contrasting with these aspects, the present work applies rigorous
thermodynamic approach with appropriate calculation of sound speed in multiphase systems,
according to the methods of Arinelli et al. (2017), de Medeiros et al. (2017) and de Medeiros
et al. (2019). The several process alternatives being investigated are contextualized for
installation in a large-scale gas-hub receiving high-pressure multiphase fluid from risers,
aiming the recovery of the oil and the reinjection of the CO,-rich gas for EOR, designating a
small fraction of processed NG to serve as fuel gas to the platform, meeting its power
demand. The proposal of a gas-hub with giant capacity for NG processing, although
hypothetical, is perfectly compatible with the actual challenge of operating remote offshore
oil fields with high gas-to-oil ratio (GOR) and high CO, content in the associated gas
(Arinelli et al., 2019; de Melo et al., 2019).
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1.5.3. CO, utilization and biorefineries

Biological CO, capture and valorization is challenged by economic aspects, and sustainability
analyses of biofuel-driven biorefineries must regard this perspective to improve attractiveness
of such alternatives (Chea et al., 2016). However, studies addressing economic analysis of
process alternatives conceiving microalgae cultivation for CCU are rarely found in the
literature. Even considering that technological advancements are needed to allow effective
large-scale implementation of microalgae biorefineries for abatement of CO, emissions from
a power plant, this work contributes with a process engineering approach to identify potential
barriers for such a concept, with economic performances leveraged by CO; taxation policy.

Performance comparison between the new proposed biorefinery for methanol production and
conventional chemical absorption for CCS is first time presented in the literature. The
biorefinery consists of a CCU route using exhaust gas from a power plant, with CO, capture
being performed by Chlorella pyrenoidosa, which biomass is subsequently availed for
microalga oil extraction and methanol production through gasification (Wiesberg et al.,
2017). One aspect of great relevance, still often neglected in the literature, is the inclusion of
carbon taxation in the assumptions of economic assessments. This work defines a break-even

taxation point determining feasibility for such biorefinery alternative.

Furthermore, although anaerobic digestion of microalgae has been intensively studied in the
literature (but essentially limited to experimental works), economic performance of such a
process — embracing all processing stages from the reception of the microalgal biomass to
biomethane commercialization — is first time presented in the literature. Two biogas
monetization alternatives are evaluated, with and without CO, capture: biomethane
production and bioelectricity generation,. Performances are evaluated under diverse
economic scenarios, considering revenues from biogas products and CO, sale allied to taxes
and cap & trade mechanism, a new approach that has never been addressed to analyze such a
concept (Brigagao et al., 2019c).

Finally, in connection with the world demand for transition into a renewable energy future,
for replacement of fossil resources with effective carbon reduction without the need to
perform CO, capture, performance evaluation of three biorefinery concepts using a large-
scale agricultural waste is presented. In this regard, this thesis investigates the application of
corncobs, filling a literature gap on techno-economic comparison of corncob thermochemical
processing alternatives for the production of electricity, methanol and fast pyrolysis bio-oil
(Brigagdo et al., 2019d).
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1.6. Outline of Thesis Structure

This thesis is structured as a collection of published articles (Chapters 2, 3, 7, 8), new
research (Chapter 4), and shortened versions of co-authorship works (Chapters 5, 6). The
research lines {R1}-{R3} are represented by the following distribution given in Table 1.1

(Chapters 2, 3, 7 and 8 fully reproduce their reference scientific articles).

Table 1.1. Scientific articles associated with chapters contents.

Reseach Line Chapters Articles References
. 02 Brigagdo et al. (2019a)
{R1} Oxy-combustion 03 Brigagdo et al. (2019b)
CO, capture 04 B
{R2} Offshore CO,- 05 Arinelli et al. (2019)
rich NG processing de Melo et al. (2019)
{R3} CO, utilization 8? év.'e“‘b?rg et "’I‘" 22001197)
and biorefineries rlgagao etal. ( )
08 Brigagdo et al. (2019d)

Chapter 2 (Brigagéo et al., 2019a) proposes an alternative cryogenic distillation process for
large-scale gaseous oxygen supply, which is based on cryogenic top vapor recompression
distillation in a single column operated at nearly atmospheric pressure. Results from
simulation and optimization of several processes for low-pressure gaseous oxygen supply are
presented. The study applies the new air separation unit to a natural gas combined cycle Gas-
To-Wire plant with oxy-combustion CO, capture, assuming CO, destination to EOR. The
overall system is evaluated by means of economic assessment and compared to conventional

air-fed combined cycle.

Chapter 3 (Brigagdo et al., 2019b) proposes a new concept of air pre-purification unit for
cryogenic fractionation prescribing a supersonic separator upstream to a finishing adsorption
unit. Processes adopting this concept with or without compression heat recovery are
compared to a conventional pre-purification unit totally based on temperature swing

adsorption. Results from economic analysis of process alternatives are presented.

Chapter 4 conducts exergy analyses of process alternatives described in Chapter 3 to compare
thermodynamic performances and indicate improvements for better resources utilization. This

is the only chapter bearing contents that are not published yet.

Chapter 5 (Arinelli et al., 2019; de Melo et al., 2019) proposes adopting supersonic separators
for dew-point adjustments and CO, capture for processing raw NG with ultra-high CO,
content in a high-capacity floating-hub. Case Study 1 (de Melo et al., 2019), in Sec. 5.3,
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economically compares one alternative adopting conventional technologies to a SS-SS
alternative featured by one SS unit for WDPA+HCDPA and another one for CO, removal.
Case Study 2 (Arinelli et al., 2019), in Sec. 5.4, starts with the same SS-SS alternative and
investigates structural changes in the process, maintaining SS use for WDPA+HCDPA.
Alternatives are compared in terms of power demand, profitability and CO, emissions. This
chapter embraces contents of two co-authored scientific publications (Arinelli et al., 2019; de

Melo et al., 2019) giving emphasis on comparison of suitable process alternatives.

Chapter 6 (Wiesberg et al., 2017) evaluates a biorefinery route prescribing post-combustion
CO; biofixation in microalgae, extraction of microalgae oil and microalgal biomass
gasification for methanol production, which is economically compared to conventional
carbon capture and storage route adopting CO, capture via chemical absorption with amine.
This chapter is a shortened version of a co-authored scientific publication (Wiesberg et al.,

2017) giving emphasis on economic performance of proposed microalga-based biorefinery.

Chapter 7 (Brigagéo et al., 2019c) evaluates alternative biorefinery arrangements processing
microalgal biomass via anaerobic digestion. Biomass low-cost pretreatment strategies,
application of pressurized digester and downstream biogas processing alternatives — for
power generation or biomethane production — are compared in terms of energy, economic and

carbon footprint performances.

Chapter 8 (Brigagdo et al., 2019d) evaluates three pathways for thermochemical conversion
of a specific agricultural waste — corncobs — as a renewable resource with plausible large-
scale implementation to a biorefinery: combustion for power generation, gasification for
methanol production, and fast pyrolysis for bio-oil recovery. Comparison of techno-economic

performances is presented.

Chapter 9 then finally encloses all studies with an overall conclusion addressing combined

discussion of specific results, highlighting the main specific findings of all works.

Appendix A presents a summary of all products derived from this reseach — including
published scientific articles, conference papers, and pending patents — and further discusses

personal contributions on co-autorship works (Chapters 5 and 6).
Appendices B-S unveil front pages and complete bibliographic data of all publications.

Appendices T-Z are supplementary materials for Chapters 2, 3, 4, 5, 6 and 7.
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2. A Novel Cryogenic Vapor-Recompression Air Separation Unit
Integrated to Oxyfuel Combined-Cycle Gas-To-Wire Plant with Carbon
Dioxide Enhanced Oil Recovery: Energy and Economic Assessments

This chapter is published as an article in Energy Conversion and Management.

BRIGAGAO, G. V.; DE MEDEIROS, J. L.; ARAUJO, O. Q. F. A novel cryogenic vapor-
recompression air separation unit integrated to oxyfuel combined-cycle gas-to-wire plant with
carbon dioxide enhanced oil recovery: energy and economic assessments. Energy Conversion
and Management, 189, p. 202-214, 2019.

Abstract

Oxyfuel carbon capture is both power and capital intensive due to oxygen demand.
Consequently, oxyfuel requires the development of more efficient air separation units. This
work proposes an alternative cryogenic distillation process for large-scale gaseous oxygen
supply. Instead of using different pressure columns, the new air separation unit couples top
vapor recompression to a single atmospheric cryogenic air distillation double-reboiler
column, whose nitrogen-rich top vapor is compressed to heat the intermediate column
reboiler, while the bottom reboiler is heated with compressed saturated air. Several processes
for low-pressure oxygen gas supply were simulated and optimized. The power requirement of
the new air separation unit producing atmospheric oxygen at 95%mol attained the best value
of 139.0 kWh/t (oxygen basis). A sensitivity analysis for oxygen purity was performed
showing that, even for higher purities, the new developed process achieves the lowest
specific power for low-pressure gaseous oxygen production. The economic leverage of the
new air separation unit is proven via successful supply of low-pressure oxygen to oxyfuel
natural gas combined-cycle Gas-To-Wire plant. Assuming carbon dioxide destination to
enhanced oil recovery, even with an investment about 100% higher than the counterpart of a
conventional air-fed combined-cycle Gas-To-Wire plant and despite net efficiency penalty of
6.88%, the oxyfuel combined-cycle Gas-To-Wire solution coupled to the new air separation
unit was capable of achieving comparatively superior profitability under carbon taxation
above 13.5 USD/.

Keywords: Air separation; vapor-recompression cryogenic distillation; oxy-combustion; CO,

capture; Gas-To-Wire; natural gas.

Supplementary Materials
Supplementary Materials for this chapter are found in Appendices U1, U2 and U3 and U4.

23



Nomenclature

Abbreviations

1REB : Single-Reboiler

2REB : Dual-Reboiler;

2COL : Double-Column;

3COL : Triple-Column;

ASU - Air Separation Unit;

BAC : Booster Air Compressor;

CONV - Conventional;

Cw : Cooling-Water;

EOR : Enhanced Oil Recovery;

GAN : Gaseous Nitrogen;

GOX : Gaseous Oxygen;

GT : Gas-Turbine;

HRSG : Heat-Recovery-Steam-Generation;
HP : High-Pressure;

LAIR - Liquefied Air;

LCOE - Levelized Cost of Electricity;
LHV - Lower Heating Value;

LOX : Liquid Oxygen;

LIN : Liquid Nitrogen;

LP : Low-Pressure;

MAC : Main Air Compressor;

MHX : Main Heat Exchanger;

MP : Medium-Pressure;

NG : Natural Gas;

NGCC : Natural Gas Combined-Cycle Power Plant;
Ox-NGCC-EOR: Oxyfuel NGCC with EOR;

PCC : Post-Combustion CO, Capture;
RVRC : Recuperative VVapor Recompression;
ST : Steam-Turbine;

TEG : Triethylene-Glycol

TVR : Top Vapor Recompression Distillation;
USD : US Dollar.

Variables

AP : Annual profit (USD/y)

COM : Cost of manufacturing (USD/y)
CuT : Cost of utilities (USD/y)

Esep : Specific separation power demand (kWh/tO,)
F : Molar flow rate (kmol/h)

FCI : Fixed capital investment (USD)
GAP : Gross annual profit (USD/y)

ITR . Income tax rate (%)

NPV . Net present value (USD)

P : Pressure (bar)

REV : Revenues (USD/y)

RR : Reflux ratio (FLIN/FGAN)

T : Temperature (°C)

W : Mechanical power (kW)

z : Molar fraction

24



2.1. Introduction

The electricity generation sector is a major agent of global carbon dioxide (CO,) emissions,
where implementation of carbon capture, storage and utilization (CCSU) offers an alternative
to limit global warming advance while new energy sources are not widely established.
Besides the driving forces of government regulation and international protocols — now
converging into charging power companies with carbon taxation — attractiveness of CCSU
requires reasonable economic feasibility to assure that CO, mitigation would not severely
impact the electricity generation cost and sales price. The development of efficient methods
to capture CO; is then mandatory to reduce the associated mitigation penalty [1].

2.1.1. Oxy-Combustion

Although post-combustion has been the standard solution for CO, capture as presents the
most well-developed technology, that is easy to implement in comparison with pre-
combustion and oxy-combustion routes, it is not necessarily the most energy efficient choice,
nor even possibly the most economical one. Moreover, the oxy-combustion route, i.e.
combustion with oxygen (O,) replacing air, necessarily offers the best environmental
performance, especially when comparing these routes for a fixed power penalty if
considering a life-cycle point of view, as it is remarkably the only option enabling zero-

emission power generation [2].

The economic competitiveness of oxy-combustion CO, capture is heavily dependent on cost-
effective large-scale gaseous oxygen (GOX) supply from air separation units (ASU). Such a
demand profile is most properly supplied with onsite production from cryogenic air
fractionation. Alternatively, ceramic ion transport membranes has recently been suggested as
a promising technology for GOX production particularly for this application, due to high
selectivity above 800°C through oxygen-ion (O%) species permeation [3], thus producing
high-purity GOX and also enabling integration with power generation processes [2].
However, considering that the maximum demonstrated capacity is 100 t/d [4], the current
available scale is too far from commercial power plant requirements, while the current market
positioning is on small-scale high-purity GOX production (>99.5%0;) [3]. Therefore,
cryogenic separation will certainly be applied for at least the first generation of commercial

oxyfuel power plants [5].
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2.1.2. Cryogenic Air Separation

The major portion of power penalty for CO, capture in the oxy-combustion systems is
consumed by GOX production. According to Darde et al. [6], the specific power requirement
(Esep) of a conventional ASU to produce low-purity 95%mol GOX at 1 atm is 200 KWh/tO,
while the counterpart of state-of-the-art ASU can be as low as 160 kWh/tO,. Power demand
typically increases moderately from 90%mol to nearly 97%mol thanks to nitrogen (N,)
removal from O, plus argon (Ar) mixture, the No/(Ar+0O,) fractionation. Thereafter, the
power demand increases sharply at higher purities due to Ar/O, fractionation, which are
components that have very close boiling points. Production of high-purity 99.5%mol GOX is
then much more power consuming, about 245 kWh/tO, [7]. Soundararajan et al. [8] found
that the optimum purity for oxyfuel application is usually about 97%mol, leading to the
conclusion that removing Ar from flue gas is more preferable than removing Ar from GOX.
Most works thus adopt 95%mol as nominal purity to oxy-combustion CO, capture systems
when GOX is produced cryogenically [9].

Higginbotham et al. [5] compared the power demand of several ASUs for low-purity GOX
supply and presented the lowest power demand for GOX production ever reported in the
literature. Without heat integration, the most efficient flowsheet (Es;=158 kWh/tO,) had
three fractionation columns operating at distinct pressure levels, two of them designed for
gaseous nitrogen (GAN) generation. They further investigated the benefit of: (i) transferring
compression heat to a N,-Brayton cycle by discounting N, expander power generation from
the ASU separation index Esp; or (ii) exporting pressurized GAN (p-GAN) for industrial
customers by discounting the compression power that is avoided from Egep. Heat integration
to generate hot p-GAN for expansion, without using external heating, saves only 1 kWh/tO,
(Efe"gC:157 kWh/tO,), while compression power avoidance for p-GAN supply at 2.5 bar
would be more effective saving 20 KWh/tO, (EsDei,',“:l?,S kWh/tO,). The best configuration for

co-production of p-GAN, however, was rather found to be a double-column scheme with two

reboilers in the lower pressure column — operated substantially above atmospheric pressure in
this case — resulting in a discounted index of ESDe"gC:128 kKWh/tO, with p-GAN exportation at

4 bar. In addition to the undesirable higher-complexity control of highly integrated processes,
the major drawbacks of these specific solutions are the following: (i) the N,-Brayton cycle
would not be cost-effective — also requiring additional superheating for better yield,

consequently involving gas-gas waste heat recovery at gas-turbine discharge, and; (ii)
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unlikely existence of industrial clients with onsite permanent demand for p-GAN nearby oxy-
combustion power plants (otherwise such an advantage for oxy-combustion is restricted to

specific industrial areas).

Fu et al. [10] investigated the optimal configuration for compression heat recovery from a
conventional double-column ASU for pre-heating boiler feed water in an oxy-coal power
plant. Steam extractions were minimized via mixed-integer nonlinear programming taking
into account feasibility constraints for heat exchanger network designs. The maximum
improvement on power generation net efficiency was found to be 0.6% of fuel lower heating
value (LHV), and adiabatic air compression was shown to give better results than intercooled
compression at the ASU.

Recently, hybrid ASUs based on polymeric membranes followed by cryogenic fractionation
of O,-enriched air have also been suggested for best energy efficiency. Polymeric membrane-
permeation is a well-known technology for N, recovery and such a concept could be applied
to any cryogenic ASU with an upstream unit featuring additional compression stages for the
feed and the permeate streams. Skorek-Osikowska et al. [11] compared conventional and
hybrid ASU schemes for implementation to an oxy-coal power plant and pointed better
efficiency (+1.1%LHV) to membrane-cryogenic combination, though requiring extremely
large permeation area. Burdyny and Struchtrup [12] investigated several arrangements of
such a system and compared conventional cryogenic separation in terms of power
consumption, concluding that it is possible to achieve a small advantage over cryogenic
fractionation in oxy-combustion applications. Such hybrid units, however, would be best
suited to GOX production from small to medium scales, in the order of few hundred tons per
day [12]. Janusz-Szymanka and Dryjanska [13] similarly analyzed a lignite oxy-combustion
plant integrated to hybrid membrane-cryogenic ASU with state-of-the-art polymeric
membrane technology for N, removal, showing increased overall efficiency of 1.62%LHV
due to electricity demand reduction from 226 kWhy/tO, to 179 kWh./tO,. Compression heat
recovery was also investigated by [13] to pre-heat boiler feed water, increasing power plant
net efficiency by 0.5%LHV.

Remaining as the most practical and realistic choice for GOX supply in oxy-combustion
systems, full standalone cryogenic air fractionation offers a palette of field-proven process
configurations for ready implementation. Most of the existing plants follow a core concept

depending on two heat integrated fractionation columns: one operated at higher pressure for
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p-GAN production as top distillate and the other operated at nearly atmospheric pressure for
O, recovery. Several modifications on process flowsheet have been introduced to reduce
ASU power consumption but without changing the general concept of having a higher
pressure column for p-GAN generation.

Instead of using the conventional integrated double (or multiple) column design, the ASU
may alternatively comprise only a single top vapor recompression (TVR) column operated at
nearly atmospheric pressure. In this case, a portion of top vapor is compressed — at above
ambient temperature [14] or cryogenically [15] — subsequently condensed by latent heat
exchange in the column reboiler and returned to the column as liquid nitrogen (LIN) for
reflux. The application of TVR distillation to ASUs has been explored since the development
of most early cryogenic ASUs [14], but its performance has been considered inferior to the
double-column design, which was consolidated as a standard for cryogenic plants [16].
However, apparently with low industrial interest, many inventions dealing with TVR
distillations were developed [17], while most of them follows a particular system, named as
recuperative vapor recompression (RVRC) distillation [18]. RVRC distillation avoids a
cryogenic GAN compressor replacing it by a standard compressor operated at above ambient
temperature [19]. RVRC systems extract part of the cryogenic top N, vapor to the exterior of
the Cold-Box, which is heated via heat exchange with Cold-Box air feed at ambient
temperature, then compressed, cooled with water, and returned to the Cold-Box to be cooled

and liquefied against O, vaporization, thus finally serving as top liquid reflux to the column.

Standard compression (RVRC distillation) has been regarded to be more convenient than
cryogenic compression for plant simplicity and flexibility, as it enables the use of ordinary
cooling towers to dissipate compression heat, while cold compression requires extra
refrigeration effort for the plant [18]. On the other hand, the compression power is drastically
reduced at such cryogenic temperatures, and in the case of air separation, it also avoids the
irreversibilities associated with unnecessary heat transfer and head-loss introduced by
returning p-GAN at ambient temperature to the Cold-Box [20]. This study was capable of
proving that, to produce GOX, vapor recompression distillation does not need to be
recuperative, as cryogenic vapor recompression can be much more efficient with appropriate

flowsheet design.

For many decades, the use of cryogenic compressors were not technically or economically

feasible. However, most advanced cryogenic materials and machinery currently allow to
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operate compressors at temperatures as low as 4.2 K (-269 °C), such as those used in helium
refrigeration cycles [21]. Many recent developments suggest commercially feasible
installation of cryogenic compressors in ASUs [22], most notably in combination with
integrated regasification of cryogenic liquids [23], which compensates compression power
input to the Cold-Box with the benefit of improving the efficiency of energy management in
a peak/off-peak scenario with liquid oxygen (LOX) storage [24]. Cryogenic compressors are
also generally implemented when liquefied natural gas is injected into the ASU for efficient
regasification. In this sense, a recent study [25] applied such an integration into an originally
RVRC-based ASU and added cryogenic compression stages to minimize overall power

consumption.

2.1.3. Gas-To-Wire

Gas-to-Wire consists of generating electricity nearby oil-gas fields [26], so that a gas-turbine
converts natural gas chemical energy into electricity for dispatch in high-voltage cables thus
simplifying energy transportation and also relaxing specifications for raw gas processing. It
also has the advantage of avoiding the rather higher losses associated with gas transportation
in comparison with the transmission lines. Furthermore, in the case of carbon capture and
storage (CCS) implementation, CO, transportation is avoided, as the CO, contained in
exhaust gas — derived from both combustion reactions and raw gas — can be captured and
readily injected underground for enhanced oil recovery (EOR) or storage in depleted fields,
thus abating transportation costs and eliminating plausible problems with public acceptance —
the Not-In-My-Backyard reactions [26]. In this sense, Andrei and Sammarco [26] discussed
such an integrated Gas-To-Wire CCS scheme with post-combustion CO, capture (PCC) for a
gas producing field and performed an economic analysis to determine the levelized cost of
electricity (LCOE) and the CO, captured cost for different transmission distances, natural gas
price and flow rate. Since EOR was not considered — which limits CCS revenues — and there
was not any environmental constraint or penalty for CO, emission, the CCS alternatives were

all shown to give higher LCOE though still being competitive for some electricity markets.

2.1.4. The Present Work

The present study develops a novel technology for large-scale GOX production exhibiting the
lowest separation power requirement ever reported. The proposed technology is based on
cryogenic TVR distillation, which basically comprises a single nearly atmospheric column,

contrasting with the standard method based on thermally coupled double or multiple columns
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at distinct pressures. The TVR solution avoids unnecessary compression of O, from the air,
and takes advantage of the higher N,/O, relative volatility at low-pressure, lowering the
required reflux ratio, thus leading to substantial energy savings [18]. Low-pressure GOX
supply to an oxy-combustion natural gas combined cycle (Ox-NGCC) power plant was
exploited and its performance was reported for the basis of ~4500 t/d GOX production at
95%mol. The Ox-NGCC and the ASU are considered to operate independently. Since full
heat integration is not investigated in this work, the overall efficiency of power generation
could be still somewhat improved.

Secondly, Andrei and Sammarco [26] in their Gas-To-Wire analysis with a conventional
NGCC burning NG with air followed by PCC - but without an EOR destination capable to
monetize CO, — did not implement a deep technical assessment neither contemplated CO,
taxation, only considering cost aspects finding a high LCOE. The present work has various
differences from Andrei and Sammarco [26] besides a much greater scope of analysis;
namely: (i) an oxy-combustion NGCC is considered entailing simple and immediate CO,
capture from exhausts deprived of troublesome N, while [26] adopted PCC with its well-
known energy-penalty and large column drawbacks, particularly critical for large-capacity
Gas-To-Wire; (ii) the high performance of a totally new, up-to-date TVR ASU technology
was rigorously simulated and compared with other up-to-date ASU technologies, proving to
have the best Ese, and saving power for exportation; (iii) a plausible carbon taxation scenario
in the near-future is considered, which rises the competitiveness of the present Ox-NGCC-
EOR solution compared to conventional NGCC (despite also benefiting the Gas-To-Wire
PCC from [26]); and (iv) CO, monetization is contemplated through EOR, creating a
powerful new revenue raising the competitiveness of Ox-NGCC-EOR, making it highly
profitable and benefiting the nearby oil production. The above aspects configure a literature
gap explored for the first time in the present work.

Ox-NGCC-EOR is suited to remote oil-gas fields and is implemented as an oxy-fuel Gas-To-
Wire solution, conveniently transporting gas energy as electricity thus avoiding gas pipelines,
natural gas liquefaction, or any other expensive method for long-distance gas transportation.
The proposed Ox-NGCC-EOR Gas-To-Wire concept offers potentially greater profitability
while being much more environmentally adequate than conventional NGCC. To the authors'
best knowledge, energy and economic assessments of Ox-NGCC-EOR including operation of
high-performance new cryogenic ASU, besides Gas-To-Wire revenues from CO, EOR, never

appeared in the literature before.
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2.2. Methods

Assumptions for operation, simulation, design and economic analysis of process alternatives
are presented: (i) in Sec. 2.2.1, concerning the technical assessment of GOX production in
ASU alternatives and methods for development of the new proposed TVR cryogenic air
separation unit, so-called TVR-2REB ASU; (ii) in Sec. 2.2.2, for technical analysis of
oxyfuel natural gas combined-cycle power plant with EOR — Ox-NGCC-EOR - and its
conventional NGCC counterpart; and finally (iii) in Sec. 2.2.3, for economic assessment of
the new Ox-NGCC-EOR Gas-To-Wire solution using TVR-2REB ASU against conventional
NGCC.

2.2.1. Air Separation Unit

The working hypothesis is that TVR atmospheric distillation could be more efficient for ASU
than conventional double-column or multi-column distillations. Process development was
carried out by introducing modifications in the ASU of Kapitza [15]. Several flowsheet
configurations for low-pressure GOX production were tested and optimized, considering LIN
reflux and liquefied air (LAIR) as variable rates. The optimization procedure followed a
pattern search method. Ar recovery was not considered here, but could optionally be adapted

to TVR distillation with some modifications [27].

The considered processes were ranked by their specific power requirement (Esep). As defined
by Darde et al. [6], the Esp of an ASU is expressed as the required mechanical power to
produce 1 metric ton of O, contained in GOX stream at 1 atm for a given purity, considering
ISO conditions for the atmospheric air feed (1 atm, 15°C, 60% relative humidity) and for
cooling-water supply (15°C), neglecting losses in electric motors and generators, without
considering the power demand for molecular sieve regeneration and cooling-water system

operation. Esp is calculated in Eq. (2.1), where W;"°™™ represents the power input of

COmpressor j, Wj“”b is the power output of turbo-expander j (both in kW), Fsox is the molar
flow rate of GOX product (kmol/h), z,is the O, molar fraction in GOX and MW, is O,

molar mass (kg/kmol).
Esep = ( ?‘:A/f Vlﬂ'comp - 27!1t Vl/jturb)/(FGOXZOZMWOZ) (2.1)

Besides the cryogenic TVR distillation alternatives, a state-of-the-art ASU with low-pressure

triple-column design [5] and three RVRC distillation processes [18] were also simulated.
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Technical evaluation of all processes was conducted through steady-state HYSY'S simulation.
The flowsheet with the lowest Eg, was selected as the final configuration and described in
detail. The configuration was analyzed in terms of the heat exchange profile at optimum
conditions and its sensitivity to liquid inlet flow rates to the column. Another sensitivity

analysis investigates the effect of GOX purity on Esep.

The main operation-simulation assumptions used for the new proposed TVR ASU and other
ASUs being compared (if applicable) are presented in Table 2.1, while detailed process

conditions of TVR-2REB are found in Appendix U1 (Supplementary Materials).

Table 2.1. Operation-simulation assumptions for GOX production.

Item  Assumption

{A1}  Thermodynamic Modeling: Peng-Robinson Equation-of-State [28]

{A2}  Air intake: 32131 kmol/h (720,000 Nm?/h) at 1 atm, 15°C, 60% relative humidity (1.01% water) [6]
Dry-Basis (%omol): 78.08%N,, 20.95%0,, 0.934%Ar, 360 ppm-mol CO,

{A3} Main Air Compressor Adiabatic Efficiency: 7=88% [5]

{A4}  Adiabatic Efficiency of other ASU Compressors: 7=84% [29]

{A5} Adiabatic Efficiency of Expanders: n=90% [7]

{A6} Direct-Contact After-Cooling: T=12°C

{A7}  Cooling-Water (CW) Heat Exchangers: A7"""ROA1=15°C  A1P/P=3%

{A8}  Air Pre-Purification: 4P=10 kPa [30]

{A9}  Main Heat Exchanger (MHX): A4P""=10 kPa, 4P**"=10 kPa AP°°*=10 kPa [13]

{A10} Distillation Columns: Structured-Packing, 4P°™°F=0.07 kPa [7], P"°"=1.2 bar [5]

{Al1} Sub-Cooler: 4P=1 kPa

{A12} Cryogenic Latent Heat Exchange: A7"""R%*H=1°C [31]

{A13} Cryogenic Liquid/Gas and Liquid/Liquid Heat Exchanges: A47"""R9"H=2°C

{A14} MHX Gas/Gas Heat Exchanges: A7"F"*9*“H=2 78°C [32]

{A15} Cryogenic Liquids Withdrawal: No

{A16} Heat Exchange with External Environment: No

{Al7} Egy for 1 atm GOX production (pressure excess discounts equivalent GOX compression power)

{A18} GOX Purity: 95%mol
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2.2.2. Oxyfuel Combustion Power Plant

Considering that a zero-emission oxyfuel natural gas combined-cycle power plant with total
CO; injection to EOR — Ox-NGCC-EOR - can be more profitable than the conventional
NGCC without capture in a scenario of carbon taxation, it is desired to estimate the necessary
minimum CO; tax level to make the net present value (NPV) of the Ox-NGCC-EOR superior
to the corresponding NPV of conventional NGCC by the end of a project lifetime of 30 years.

Technical evaluation of alternatives was conducted through steady-state HYSYS simulation.
The main operational-simulation assumptions used for the newly proposed Ox-NGCC-EOR
and conventional NGCC being compared (if applicable) are presented in Table 2.2, while
detailed process conditions of Ox-NGCC-EOR are found in Appendix U2 (Supplementary

Materials).

Table 2.2. Operation-simulation assumptions for power generation.

Item  Assumption

{B1} Thermodynamic Modeling: Peng-Robinson Equation-of-State (in general) [28]; Glycol-Package (CO,
Dehydration); ASME-Table (Steam-Cycle)

{B2} NG (%mol): 2650 kmol/h (1.53 MMSm3/d), T=25°C, P=40 bar, 89% methane, 7% ethane, 1%
propane, 0.1% n-butane, 0.01% n-pentane, 2.5% CO,, 0.38% N,, 0.01% water (H,O)

{B3} Stoichiometric GOX (%mol): 5809 kmol/h (4474 t/d), T=15°C, P=1 atm, 95%0,, 2.39%Ar, 2.61%N,
{B4} NGCC Configuration: 1:1 (Gas:Steam turbines)

{B5} Expanders Adiabatic Efficiency: #=90%

{B6}  Compressors Adiabatic Efficiency: #=84%

{B7} Pumps Adiabatic Efficiency: #=75%

{B8}  Gas-Turbine (GT) Expander Inlet: 1300°C@39.5 bar

{B9}  Steam-Turbine (ST) Inlet (outlet quality > 90%): 560°C@56 bar (Ox-NGCC-EOR); 430°C@22 bar
(conventional NGCC, TCTEHAUT=476°C)

{B10} Vacuum-Condenser: T°U™E7=35°C, 4P=1 kPa
{B11} Heat-Recovery Steam Generator (HRSG): AT"""ROAH > 15°C, AP®*5=2 kPa, 4P"*°=50 kPa

{B12} Flue-Gas Direct-Contact Column: Structured-packing, Stages=3 (theoretical), 25°C recycled-water,
PTP=1 atm, 4P=2 kPa

{B13} Intercoolers: T®*3=30°C, T*WN-ET=15°C, TWOUTLET=25°C 4P=3%P < 50 kPa

{B14} Compressor Stage Discharges: T“%?=120°C, T¢9*=133°C, TeO*tastStage—140°C

{B15} CO, Dehydration (TEG-Absorption): Triethylene-glycol (TEG) 98.5%w/w, 30°C@50 bar
{B16} TEG Absorber: Pall Rings 17, Stages=10 (theoretical), P®°T"°M=50.5 bar

{B17} TEG Regenerator: Pall Rings 17, Stages=4 (theoretical), P'°"=1 atm

{B18} CO, Liquefaction: 30°C@130 bar

{B19} EOR Fluid: P=350 bar
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2.2.3. Economic Analysis of Gas-To-Wire Alternatives

Gas-To-Wire alternatives were economically assessed using the methods of Turton et al. [33]
with fixed capital investment (FCI) estimated from equipment sizes, dimensioned in
accordance with Campbell [34]. Different carbon taxation scenarios — 0, 20, 40 and 60
USD/CO, — were considered to investigate the economic feasibility of the proposed Ox-

NGCC-EOR Gas-To-Wire solution versus conventional Gas-To-Wire NGCC.

The revenues (REV) components: (i) electricity exportation; and (ii) CO, to EOR rated at 74
USD/t. The oil yield has been estimated in the range of 0.6-2.6 bbl/tCO, for mature fields in
Texas, US [35], thus a conservative yield of 1 bbl/tCO, is assumed giving 74 USD/t as
underrated EOR fluid value. The major assumptions for economic analysis are presented in

Table 2.3 (formulas are found in Appendix U3 of Supplementary Materials).

Table 2.3. Assumptions for economic analysis.

Item  Assumption

{C1} Prices (USA June/2018): Electricity=0.1087 USD/kWh, NG=3.43 USD/MMBTU, Oil=74 USD/bbl.
{C2} CO,to EOR: 74USD/t

{C3} Cost of Utilities (CUT): CW=0.016 USD/t

{C4} Equipment FCI: extrapolated with 0.6 exponent if exceeds Turton et al. [33] correlations ranges
{C5}  ASU FCI: extrapolated with 0.5 exponent from FCI1=141 MMUSD for 52 kg/s GOX [36]

{C6}  FCI Inflation Factor: CEPCI=567.5

{C7}  Construction: three years with 20%, 30% and 50% investment allocations

{C8}  Operation: 8000 h/y

{C9} Income Tax Rate: ITR=34%

{C10} Annual Depreciation: 10%FCI

{C11} Horizon: 30 years

{C12} Annual Interest Rate: i=10%
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2.3. Results and Discussion

The new breakthrough TVR ASU is developed in Sec. 2.3.1 jointly with its direct antecessors
and several up-to-date competing configurations. Sec. 2.3.2 presents the benchmarking of the
new ASU and Appendix U1 describes its operation. Sec. 2.3.3 conducts specific analyses of
its performance. Finally, a techno-economic analysis of conventional and oxy-combustion

NGCC systems including consolidated best ASU flowsheet is addressed in Sec. 2.3.4.
2.3.1. The Development of Breakthrough Cryogenic Air Separation Unit

Many decades after the first ASU patent with RVRC distillation process [14], the most
simple ASU configuration with cryogenic TVR distillation was reported in a patent of
Kapitza [15] still in the first half of the 20™ century. It had a single pressurized air stream
feeding the main heat exchanger (MHX) of a Cold-Box that is thereafter sent to a turbo-
expander before feeding the single fractionation column. Part of the GAN flowing from the
top of the column is directly sent to a cryogenic compressor, which discharges p-GAN for
condensation in the bottom reboiler, in order to provide top reflux for the column. The
column can optionally have intermediate reboilers, which would involve a side extraction of
Ny-rich vapor from somewhere along the column to send to another cold compression stage
allowing condensation in the intermediate reboiler. The process idea of Kapitza [15] was here
updated and simulated in accordance with the current knowledge and available technology
for cryogenic air fractionation. Fig. 2.1 presents the updated version — hereafter named as
TVR-1REB - with corresponding process conditions at optimum LIN reflux rate for
minimum separation power requirement, equivalent to Egp=189.7 kWh/tO, for GOX

production at 95%mol.

414 bar GAN GOX 99%mol N,
1.00 bar 1.13 bar 422 bar 1.20 bar|52°
05%mol 0, ‘!' - _lfl,cd 48% | _ |
R i
AIR — i b
L_L

Fig. 2.1. Base configuration of cryogenic TVR distillation of air (TVR-1REB).

Looking to enhance ASU performance, the same principle that features a LOXBOIL process
can then be applied to TVR-1REB distillation. The LOXBOIL concept is a remarkable
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improvement made in standard low-pressure double-column design (CONV-2COL) that
consists of using a separate vaporizer for the O, product stream which liquefies a portion of
the air feed. Better efficiency is achieved as a consequence of feeding the first fractionation
column with LAIR, enhancing separation performance and reducing top reflux requirements.
The O, is extracted as a saturated liquid instead of as vapor, which is beneficial to process
safety, also requiring much less LOX drain from the main reboiler thus saving significant
amount of energy [16], though this effect is not generally accounted. Furthermore, static head
slightly increases the pressure of O, product. Higginbotham et al. [5], reported a power
coefficient of Esp=187 kKWh/tO, for the double-column design using O, vaporizer to produce
GOX 95%mol. The process flowsheet of such adaptation into TVR distillation (TVR-
LOXBOIL) is presented in Fig. 2.2 with operational conditions at optimum LIN reflux rate,
for minimum power demand for GOX 95%mol production, where Ege,=174.7 KWh/tO,.

3.79 bar GAN GOX
1.09 bar 1.12 bar

1 93%mol O; 95%mol N,

0%

410bar 1.20bar

T
L e

21%

Fig.2.2. Air TVR distillation with separate O, vaporizer/ air condenser (TVR-LOXBOIL).

Another improvement that can be made to enhance TVR distillation performance is to add an
intermediate column reboiler. The strategy of using an additional reboiler in the main
fractionating column (low-pressure column) is well-known in the current state-of-the-art. As
this exchanger boils a fluid with lower boiling temperature than bottom liquid, it is possible
to condense p-GAN at a respective lower temperature, so that the operating pressure at the
high-pressure column can be lowered, enabling to reduce the discharge pressure of the main
air compressor (MAC). Moreover, the intermediate reboiler improves the exergy efficiency
of a distillation column, thus it can operate closer to equilibrium (mass transfer pinch) despite

of increasing the column height [30]. In this sense, Fu and Gundersen [30] have already
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performed an exergy analysis that evaluates the effect of including an additional reboiler to a
double-column ASU. According to Higginbotham et al. [5], the separation power requirement
of typical dual-reboiler double-column ASU (LP-2COL-2REB) is 167 kWh/tO,. In terms of
RVRC distillation, intermediate reboiler has already been applied by Fu and Gundersen [18]
operating GAN condensation within the bottom or even the both intermediate and bottom
reboilers at different pressures. There is no mention, however, about a plausible advantage of
condensing air in the bottom reboiler instead of GAN. What is here suggested is to implement
the dual-reboiler concept into an ASU with cryogenic TVR using air liquefaction at bottoms.
The resulting process flowsheet is remarkably not an obvious modification of the idea of
Kapitza [15] for a dual-reboiler column. Instead of using a side extraction of No-rich vapor to
compress it cryogenically to generate secondary refluxes (which would require extra cold
compression stages), it provides liquefaction of an air stream (previously compressed outside
the Cold-Box) to partially feed the column with liquid. Fig. 2.3 presents the flowsheet of such
a process — hereafter named TVR-2REB - at optimal operational conditions, with
corresponding minimum separation power requirement of Egp=139.0 kWh/tO, for GOX
production at 95%mol. In cryogenic TVR distillation of air, condensing GAN in the
intermediate reboiler proved to be crucial for significant power savings, which made it
possible to achieve better energy performance for low-pressure GOX production in
comparison with the processes of Higginbotham et al. [5] and Fu and Gundersen [18]. The
process was therefore registered as a preferred embodiment of the patent application
BR102016022807-7 [27]. Further TVR-2REB description is left to Appendix U1.

3.87 bar GAN GOX

1.09 bar 1.15 bar -
] 95%mol O, Blop= /D= UL
2 .04 bar N ) 03%mol N;
278 bar | 1.20 bar [35%l
r—— l AP=1kPa Ml?n :
b-- st
ATR IPAR = | | L. ] - |
MP-AIR 36%
T T 4 i
Ar=IJEra :4_:‘1331’

HP-AIR.

Fig. 2.3. Air TVR distillation in dual-reboiler single-column novel design, with GAN
condensation at the intermediate reboiler — selected configuration for low-pressure GOX
supply (TVR-2REB).
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In order to evaluate the potential benefit of using so-called power-saving cold compressors
instead of standard machines for GAN compression, recuperative vapor recompression
processes were also simulated following the same assumptions. For this purpose, two
processes were selected from the literature and another one was proposed as a RVRC variant
for the present TVR-2REB flowsheet. The selected processes were based on the most
efficient RVRC designs (Cycles 5 and 6) of Fu and Gundersen [18] with limited changes for
adequate comparison (N, turbo-expander must be placed within the Cold-Box of Cycle 5 [18]
to suit the assumed temperature approaches. In Cycle 6 [18] reversing heat exchanger is
abolished thus requiring another pre-purification unit). Figs. 2.4 and 2.5 present such
adaptations — hereafter named RVRC-2REB-2LIN and RVRC-2REB-1LIN, respectively —
with optimized results for corresponding minimum Es, for GOX 95%mol production of
185.3 kWh/tO, and 167.2 kWh/tO,.

1.09 bar 1.15 bar FR: ...
05%mol Oy -

1.43 bar

AR T

Fig. 2.4. Recuperative vapor recompression distillation process using dual-reboiler singlé-
column, two pressure levels of condensing GAN, and p-GAN turbo-expander (RVRC-2REB-
2LIN).

Besides enabling the comparison of the effect of using a cryogenic compressor, the RVRC
variant of TVR-2REB — shown in Fig. 2.6 and named as RVRC-2REB-LAIR - also evaluates
the advantage of condensing air instead of GAN in the column bottom reboiler by
comparison with RVRC-2REB-1LIN results. The minimum power demand of Egp=148.1
kKWh/tO, for production of GOX 95%mol can be achieved with optimized process conditions
(Fig. 2.6), which is above TVR-2REB consumption but still lower than triple-column ASU

requirement.
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Fig. 2.5. Recuperative vapor recompression distillation process using dual-reboiler single-
column, GAN condensation at bottom reboiler, and air turbo-expander (RVRC-2REB-1LIN).

3.85 bar GAN GOX 1.13 bar 95%mol BR.=Lin=017

1.09 bar : =::%:‘ D
2504 L. 3[3gEs
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Y §
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Fig. 2.6. Recuperative vapor recompression distillation process using dual-reboiler single-
column, GAN condensation at intermediate reboiler, and air compander
(RVRC-2REB-LAIR).

A low-pressure triple-column ASU design — as a state-of-the-art reference process,
henceforth denominated LP-3COL-2REB — was then simulated to validate assumptions and
produce comparable results to evaluate the supposed benefit of TVR distillation.

The LP-3COL-2REB flowsheet presented in Fig. 2.7 is similar to Dillon et al. [9], whose
configuration was utilized by Higginbotham et al. [5] to update the corresponding power
demand coefficient for current available technology (158 kWh/tO,). Fig. 2.7 also presents the
operating conditions for minimum power demand for GOX production at 95%mol, estimated
as Esep=157.8 KWh/tO,.
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Fig. 2.7. Low-pressure triple-column for impure GOX production (LP-3COL-2REB).

2.3.2. Benchmarking of the Novel Air Separation Unit

Separation power coefficients of flowsheets presented in Figs. 2.1-2.7 for low-pressure GOX
production at 95%mol are summarized in Table 2.4 with process operational data. The TVR-
2REB configuration outperformed all cases in terms of power requirement, followed by the
recuperative variant RVRC-2REB-LAIR. Although process performance has been
significantly improved, it is noteworthy to demonstrate that it is still far away from the
theoretical minimum separation requirement of 50 kWh/tO, for a reversible process [30],
which still indicates a large opportunity for further enhancements in ASU performance from
the thermodynamic point of view. Fig. 2.8 thus illustrates the power demand of some of these
processes with a conventional double-column ASU [6] and the theoretical minimum power.

Table 2.4 unveils most TVR ASUs requiring lower air feed pressures than LP-3COL-2REB,
with the only exception of TVR-1REB, indicating less power consumption in air supply to
the Cold-Box. However, as their performances are critically influenced by N, compression,
only TVR-2REB and RVRC-2REB-LAIR outperformed LP-3COL-2REB (Fig. 2.8). TVR-
2REB presents slightly higher air feed pressures than RVRC-2REB-LAIR, consuming ~15%
more electricity in air supply (while ~25% less than LP-3COL-2REB) but showing
considerably lower Egp (Fig. 2.8). This is largely explained by drastically lower (=71%)
power demand to compress N, despite similar pressures (Table 2.4), besides having an extra
turbo-expander producing power (Fig. 2.3). Therefore, this pre-screening of ASU flowsheets,
portrayed by comparison of optimum Es, in Fig. 2.8, elects the novel TVR-2REB alternative
to be analyzed in-depth and to be employed in the proposed Ox-NGCC-EOR Gas-To-Wire
plant.
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Table 2.4. Technical performance of simulated processes for GOX 95%mol production.

TVR- TVR- TVR- RVRC- RVRC- RVRC- LP-
IREB LOXBOIL JREB 2REB- 2REB- 2REB- 3COL-
2LIN 1LIN LAIR 2REB
Flowsheet Fig. 2.1 Fig. 2.2 Fig. 2.3 Fig. 2.4 Fig. 2.5 Fig. 2.6 Fig. 2.7
Top Vapo_r Cold Cold Cold Hot Hot Hot
Recompression
Air Condenser Product Bottom Secondary  Bottom
Location N/A Vaporizer  Reboiler N/A Reboiler Reboiler MHX
Air Supply 0 62% LP/ 0 54% LP/ 0
Feed Ratio  100%LP 2000 o 36%MP/  100%LP OO0 oFl 9% MPI  tar
(LP, MP, HP) 2% HP 8% HP
Air Supply 3.02/ 2.04/ 143/ 143/ o5y
Pressure (bar) 4.14 3.79 387/ 143 251 385/ 4.56
' 5.47 ' 5.15 '
N, Compressor 273/
Discharge 4.22 4.10 2.78 . 4.38 2.69 N/A
4.36
(bar)
O, Recovery 97.5% 84.2% 82.9% 98.2% 98.4% 80.1% 99.8%
Esep » GOX
95%molO, 189.7 174.7 139.0 185.3 167.2 148.1 157.8
(kWh/t0O,)
240
200 -
9" 160 -
ﬁ 120 A
= 12
é}
E—" 80 4
M 40 7
O = T T T %
CONV- TVR- TVR- RVRC- LP-3COL- Theoretical
2COL LOXBOIL ZREB 2ZREB-LAIR 2REB Minimuimn

Fig. 2.8. Power demand coefficients for low-pressure GOX production at 95%mol.

2.3.3. Technical Analysis of Novel Air Separation Unit

The sub-ambient MHX+Subcooler heat transfer profile is unveiled in Fig. 2.9 to demonstrate
conformity with assumptions {A12}-{A14} (Table 2.1). The selected criteria of minimum
temperature difference for heat transfer can be examined in the curve shown in Fig. 2.9a,
where the first local maximum from the hot end of the MHX corresponds to the output of
HP-AIR that feed the secondary turbine (compander), while the first local minimum
corresponds to the return of the stream from the turbine back to the MHX. Fig. 2.9b is the
respective temperature-heat duty diagram that generates Fig. 2.9a. Fig. 2.9c illustrates the
magnification of the coldest portion of the diagram, where the left of the plateau (LOX

vaporization) represents the heat exchange in the sub-cooler, while the other part represents
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the MHX at its cold end, where minimum AT occurs due to latent heat exchange between
LOX and medium-pressure air (MP-AIR) (Fig. 2.3). Condensation of MP-AIR is completed
at bottom reboiler. Fig. 2.9c also demonstrates that, in this process, a small portion of LOX
needs to be vaporized by cooling air in gaseous phase, which is more clearly revealed by the
global maximum AT of Fig. 2.9a.
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Fig. 2.9. Sub-ambient heat transfer profile in TVR-2REB (MHX+Subcooler): a) hot
composite temperature versus AT; b) temperature-heat duty diagram; ¢) temperature-heat
duty diagram below -160 °C.
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Process optimization here mainly involves defining the flow rate of GAN being recompressed
and the proportion of air intake to each line of Cold-Box feed, with pressure degrees of
freedom being determined by feasibility for heat transfer matching the referred thermal
approaches. The TVR-2REB process has two key variable flow rates to be optimized for best
energy performance: the flow rates of MP-AIR and GAN for recompression (Fig. 2.3), which
means optimizing the liquid feeds to the column (LIN and LAIR). The proportion between
LP-AIR and HP-AIR is then determined by refrigeration needs. The region of minimum
separation power demand Es,=139 KWh/tO; is presented in Fig. 2.10 as a function of ratios
of recompressed GAN and MP-AIR by total molar flow rate of purified air sent to the Cold-
Box, indicating 0.17 for p-GAN and 0.36 for MP-AIR. This means respectively 5400 kmol/h
and 11438 kmol/h for producing 4475 t/d GOX 95%mol (31796 kmol/h pure air feed).

0.44 156

—
Ln
(3]

=
[=2s]
Esep (kWht)

Air feed ratio of LAIR

0.32

0.3

0.28
0.1

012 014 016 018 02 022 0.24
Ajr feed ratio of nitrogen recycle

Fig. 2.10. Specific separation power demand (Esep) as a function of GAN for recompression
(column recycle) and LAIR flow rates.

Fig. 2.10 expresses the trade-off between O, recovery and ASU power consumption, as both
streams affect compression duties. On the one hand, higher MP-AIR flow rate loads more
power to the booster air compressor (BAC), and on the other, the flow rate of GAN
recompression increases cryogenic compressor power, which needs to be dissipated by
correspondingly higher turbo-expansion output, loading refrigeration effort by requiring extra
air compression, influencing the proportion between LP-AIR and HP-AIR besides the inlet

pressures for turbo-expanders.

The minimization of Es, was obtained for a relatively low O, recovery of 83%, contrasting
with most ASUs, where it is above 98% though being less efficient in energy terms (Table
2.4). The low O, recovery occurs due to O, loss in the top product — waste GAN with

impurities, 95%mol N, — due to limited LIN reflux. In face of usual high-purity specifications
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for GAN, TVR-2REB is not capable of simultaneously delivering pure N, while producing
GOX with high energy efficiency. For this purpose, it is preferable to use a cycle
characterized by higher LIN reflux, which is the case of the classic TVR-1REB
configuration. On the contrary, as disclosed in Brigagao et al. [27], Ar recovery would be
easily performed by introducing few optional process modifications on TVR-2REB. With the
same flowsheet but adapting the column specifications, a sensitivity analysis of ASU
minimum power demand was performed varying the GOX purity, with results in Fig. 2.11.
While GOX 95%mol production at 1 atm requires 139.0 kWh/tO,, for a near complete N,-
removal, with 0.01%mol N, in GOX (=97.32%mol O,), the minimum Ese, would be 143.5
kWh/tO,. Ar removal causes drastic Egp increase at higher purities (Fig. 2.11), so that at
99.5%mol O,, the Egp is 185 kWh/tO,, a remarkable value relative to conventional pure
GOX plants, with usual Esey=245 KWh/tO, [7].

f-Argon
- Removal

— —

[=e] o

== (==
1 1

N Removal 4

160 - «‘/

Esep (kWh/tO,)

90%  92%  94%  96%  98%  100%
Oxygen purity (%emol)
Fig. 2.11. Sensitivity analysis of TVR-2REB power requirement varying GOX purity.

2.3.4. Techno-Economic Analysis of Oxy-Combustion Power Generation Systems

The process flow diagram of the Ox-NGCC-EOR plant is presented in Fig. 2.12 with its main
process conditions. The numerical results of Ox-NGCC-EOR streams are shown in Table 2.5.
The process begins with low-pressure GOX from TVR-2REB ASU being compressed to 40
bar before entering the gas-turbine (GT) combustion chamber (at 39.5 bar) in stoichiometric
proportion to high-pressure NG. The expander inlet temperature is set to 1300°C, resulting in
a high-temperature discharge of 680°C, despite of high expansion ratio of 37.5, due to the
high specific heat capacity of CO,-rich oxy-combustion exhaust gas compared to Ny-rich gas
of conventional NGCC, where GT discharge is only at 476°C.
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Table 2.5. Main streams of power plant alternatives.

Conventional NGCC Ox-NGCC-EOR

Air GT Stack ST GOX GT Flue Gas ST Water CO,to CO,from CO,to

Intake Outlet Inlet | Feed Outlet fromDCC Inlet Purge ABS ABS EOR

T(°C) 15 476 150 430 15 680 30 560 25 30 32.5 72.8
P(pbar) | 1.013 1.033 1.013 22 1.013 1.053 1.013 56 1.10 50.5 50 350
F (kmol/h) | 81373 84147 84147 15250 | 5809 47020 41762 19964 5259 3192 3150 3150
CO, 0.0004 0.0347 0.0347 0.7708 0.8678 0.0002 0.9038 0.9045 0.9045
H,O 0.0101 0.0739 0.0739 1.0000 0.1489 0.0418 1.0000 0.9998 0.0020 138ppm 138ppm
0, 0.2074 0.1350 0.1350 0.9500 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
Ar 0.0092 0.0089 0.0089 0.0239 0.0371 0.0417 0.0000 0.0435 0.0440 0.0440
N, 0.7729 0.7476 0.7476 0.0261 0.0432  0.0487 0.0000 0.0507 0.0513 0.0513

Hot GT exhaust gas enters the heat recovery steam generation (HRSG) section to produce
high-pressure superheated steam at 560°C/56 bar for the Rankine cycle and low-pressure
steam for the triethylene-glycol (TEG) reboiler. The exhaust gas leaves the HRSG at 89°C to
be cooled down to 30°C in the direct-contact column (DCC) with water at 25°C. This exhaust
has ~87%mol CO, and ~92% of it is recycled to the oxy-combustion to attenuate flame
temperature. The CO,-rich recycle is compressed in the GT adiabatic axial compressor, while
the remaining ~8% of the exhaust (90%mol CO,) is sent to multistage intercooled-
compression to 50.5 bar. At this point, the exhaust is dehydrated via counter-current contact
with lean TEG 98.5%w/w at 30°C, to lower the water (H,O) content to 138 ppm mol.
Dehydrated CO,-rich gas then goes to the last compression stage before being totally
liquefied at 130 bar/30°C, so that it finally can be pumped to dispatch pressure of 350 bar for
EOR purpose.

The conventional NGCC was simulated for the same NG feed, stoichiometric air and
expander inlet at 1300°C/39.5 bar to be compared with Ox-NGCC-EOR. Stream results for
both plants are shown in Table 2.5 with molar fraction compositions, except when indicated
otherwise. Conditions of high-pressure superheated steam are different for NGCC and Ox-
NGCC-EOR: 430°C/22 bar for conventional NGCC and 560°C/56 bar for Ox-NGCC-EOR.
This is a consequence of the different GT expander outlet temperatures, which affect heat
transfer limits differently and the steam pressure taking into account assumption {B9} (Table
2.2) which stipulates minimum 90% of expanded steam quality at steam-turbine (ST) outlet.
Stack emissions at conventional NGCC attains 128.5 t/h CO,, while Ox-NGCC-EOR has no
CO; emissions, producing 3150 kmol/h of EOR-fluid with 90.45%mol CO,, 5.13%mol N,
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and 4.40%mol Ar. Certain amount of N, is carried to the EOR-fluid from GOX at the
nominal purity of 95%mol — 2.61%mol N, in the case of TVR-2REB - but an optimized
GOX purity within 95%mol-98%mol could optionally be applied for the best overall
efficiency. In this case, in exchange for slightly higher Ese, (Fig. 2.11), less N, can reduce the

compression power of EOR-fluid.

1 atm
30°C

39.5 bar
1300°C 680°C

2.89 bar

Fig. 2.12. Flowsheet of Ox-NGCC-EOR Gas-To-Wire plant.

Positive and negative power contributions for overall power plant efficiency are presented in
Table 2.6, showing that the conventional NGCC evidently has greater power output.
Electricity generation is reduced by 6.88%LHV from conventional NGCC to Ox-NGCC-
EOR. Total power output of combined GT+ST is *3%LHV higher in OXx-NGCC-EOR, but
GOX production and compression consume 3.98%LHV and 3.33%LHV, respectively, with
CO, compression and pumping demanding further 2.52%LHV.

Table 2.6. Contributing power production/consumption items of alternatives.

Conventional Ox-NGCC-EOR
Power/ltem NGCC + TVR-2REB ASU

MW %LHY MW %LHV
ASU TVR-2REB - - -2455  -3.98%
GOX Compressor - - -20.56  -3.33%
Gas-Turbine 278.72 45.19% 249.10 40.38%
Steam-Turbine 74.79 12.12% 123.25 19.98%
CO, Compressors & Pump - - -15.55 -2.52%
Auxiliary Equipment -0.23 -0.04% -0.85 -0.14%
Net Output 353.28 57.27% 310.84 50.39%
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Fixed capital investment (FCI) of conventional NGCC and Ox-NGCC-EOR coupled to TVR-
2REB ASU are presented in Fig. 2.13, which shows that FCI of ASU and GOX compression
would be comparable to the FCI of conventional GT with bottoming ST of equivalent
capacity, so that total FCI practically duplicate in Ox-NGCC-EOR with TVR-2REB ASU -
from 187.62 to 358.20 MMUSD - since further items have little effect over total FCI.
Despite of much higher capital investment, it is evident that in a scenario with monetization
of CO; recovery for EOR and incidence of carbon taxation, economic performance of zero-
emission Ox-NGCC-EOR with TVR-2REB ASU could overcome the large-scale CO,

emitting conventional NGCC.
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Fig. 2.13. FCI of alternatives.

Without carbon taxes, Table 2.7 demonstrates economic performance of process alternatives,
considering the same electricity price, showing profitability of Ox-NGCC-EOR + TVR-
2REB ASU with positive net present value (NPV) for 30 years of operation: NPV (30y)=765
MMUSD. Greater annual profit (AP) is obtained for Ox-NGCC-EOR + TVR-2REB ASU -
150.63 MMUSD/y against 137.82 MMUSD/y - as a consequence of 14.1% higher revenue
due to CO,-EOR in spite of 6.88%LHV of net efficiency penalty (Table 2.6). More exactly,
135.5 t/h of EOR-fluid is assumed to be capable of producing 135.5 bbl/h of crude oil, thus
giving a revenue of ~80 MMUSD/y for the considered price of 74 USD/bbl (operating-hours
8000 hly). The revenue from electricity is ~270 MMUSD/y, for =311 MW priced at 0.1087
USD/KWh from assumption {C1} (Table 2.3). Therefore, Ox-NGCC-EOR + TVR-2REB
ASU totalizes REV~350 MMUSD/y, contrasting with REV~307 MMUSD/y from ~353 MW
electricity sale of conventional NGCC (Table 2.6).
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However, Ox-NGCC-EOR with TVR-2REB ASU is still not capable of overcoming
conventional NGCC NPV(30y)=818.33 MMUSD (Table 2.7) because of the much higher
(+90.9%) FCI of the former, so that the advantage of the annual profit of Ox-NGCC-EOR
with TVR-2REB ASU should be even higher, which is only attained with carbon taxation.
ASU and GOX compressor are major contributors for the increase of the total cost of
manufacturing (COM), as total FCI not only negatively impacts cash flows in construction
years, but also indirectly increase the COM. The cost of raw materials (CRM) is almost the
same but slightly higher in Ox-NGCC-EOR with TVR-2REB ASU due to TEG reposition,
while the cost of utilities (CUT) increases significantly (+60.6%) — but with little influence —
due to higher cooling-water duty to dissipate compression heat, and to condense water and
CO,. At this point, although not considered here, implementation of heat integration would
rise overall efficiency, as electricity exportation would increase with simultaneous reduction

on CW utilization, thus improving total annual profit (AP).

Table 2.7. Economic performance of alternatives.

Power Conventional  Oxy-NGCC-EOR

Plant NGCC + TVR-2REB ASU
FCI (MMUSD) 187.62 358.20
COM (MMUSDy) 108.06 140.72
REV (MMUSD/y) 307.21 350.49
CRM (MMUSDy) 57.75 57.76

CUT (MMUSDly) 2.41 3.87

GAP (MMUSDVy) 199.15 209.77
AP (MMUSDVy) 137.82 150.63
NPV-30years (MMUSD) 818.33 765.67

Fig. 2.14 depicts the influence of different scenarios of CO, taxation — 0, 20, 40, 60 USD/t —
in the NPV of conventional NGCC against the zero-emission Ox-NGCC-EOR with TVR-
2REB ASU along the 33 years of the project (30 operational years). The initial sequences of
bars express the construction years, where Ox-NGCC-EOR + TVR-2REB ASU stands out
with the lowest NPV levels due to higher FCI. Supported by greater revenue due to CO,-EOR
and profit reduction of competitor CO,-emitting NGCC from carbon taxation, superiority of
zero-emission Ox-NGCC-EOR+TVR-2REB ASU along the operational years appears with
NPV advancing over progressively lower CO, taxes. By the 9" year (6" of operation), it first
overcomes the NPV of NGCC at 60 USD/t, while for the scenario of 40 USD/t it takes just
further two years. For the level of 20 USD/t, the advantage appears after 20 years from
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construction, and break-even taxation for the end of the project horizon is quoted as 13.5
USD/t CO,. In other words, it means that even presenting zero CO, emission, Ox-NGCC-
EOR with TVR-2REB ASU is more profitable than conventional NGCC if current carbon
taxation policy is above 13.5-20.0 USD/t CO, depending on the project lifetime — which is
already a reality for some European countries — especially considering that progressive taxes

are expected over the future.
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Fig. 2.14. Profile of net present value of Ox-NGCC-EOR with TVR-2REB ASU and
conventional NGCC at distinct carbon taxation scenarios (USD/tCO5,).

2.4. Conclusions for Chapter 2

In this work, a new cryogenic TVR distillation column was developed as a new ASU concept,
the so-called TVR-2REB. The technical evaluation of GOX production of TVR-2REB ASU
was performed by process simulation and compared with several ASU concepts including
state-of-the-art ASU, with the conclusion that TVR-2REB ASU achieves best specific
separation power consumption Esp=139 KWh/tO, for GOX production with 95%mol O,.

The process configuration of TVR-2REB ASU involves a single atmospheric cryogenic top
vapor recompression distillation column with two reboilers: an intermediate reboiler and the
habitual bottom reboiler. The intermediate reboiler is heated with compressed GAN from the
column top, while saturated compressed air feed heats the bottom reboiler. The mentioned p-
GAN is a fraction of the atmospheric column top vapor, which is pressurized via cryogenic
compression. The cryogenic distillation column is fed with LAIR, produced by latent heat

exchange with boiling O, in the column bottom reboiler.
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The power requirement for the production of both low-purity (95%mol) and high-purity
(99.5%mol) GOX by TVR-2REB ASU is significantly lower than current state-of-the-art
ASU. Differently from the standard ASU, there is no need for additional higher pressure
columns to generate LIN to reflux the main low-pressure column. It was also demonstrated
that compressing GAN cryogenically entails less power consumption than compressing it at

ambient temperature, despite increasing refrigeration effort.

In the second part of this work, the new proposed TVR-2REB ASU is coupled to a zero-
emission oxyfuel NGCC with CO,; EOR — Ox-NGCC-EOR - in the context of Gas-To-Wire
plants, which was investigated considering different economic scenarios of carbon taxation.
Ox-NGCC-EOR with TVR-2REB ASU achieves superior profitability compared to
conventional CO,-emitting air-fed NGCC, in spite of the ~100% higher investment of the
former relative to the investment of the latter. It was demonstrated that for a project lifetime
of 30 years of operation, any carbon tax above 13.5 USD/tCO, would guarantee economic
superiority of the proposed Ox-NGCC-EOR with TVR-2REB ASU due to increased oil

revenues from EOR and zero emission taxation costs.
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3. A New Concept of Air Pre-Purification Unit for Cryogenic Separation:
Low-Pressure Supersonic Separator Coupled to Finishing Adsorption

This chapter is published as an article in Separation and Purification Technology.

BRIGAGAO, G. V., ARINELLI, L. O., DE MEDEIROS, J. L., ARAUJO, O. Q. F. A new
concept of air pre-purification unit for cryogenic separation: low-pressure supersonic
separator coupled to finishing adsorption. Separation and Purification Technology, 215, 173-
189, 2019.

Abstract

In commercial cryogenic manufacturing of oxygen, air to the Cold-Box must pass through a
Pre-Purification Unit (PPU) to remove water, CO, and other impurities. The conventional
PPU — FULL-TSA — comprises compression, cooling pre-dehydration and temperature-swing
adsorption (TSA) for dehydration and CO, removal, supplying treated air at 3.1 bar. This
work discloses a new PPU concept — SS-TSA — prescribing a supersonic separator (SS)
upstream to TSA handling 98.5% of dehydration, greatly lowering TSA costs. SS-TSA
comprises compression, cooling pre-dehydration, SS dehydration and a smaller TSA for
finishing dehydration and CO, removal. A SS-TSA variant — TSA-HI — additionally recovers
compression heat lowering heating costs. SS-TSA, FULL-TSA and SS-SS-TSA-HI were
analyzed. Flowsheets were simulated in HYSYS with full thermodynamic SS modeling via a
new HYSYS Unit Operation Extension — SS-UOE - rigorously calculating the multiphase
sound speed. SS was designed for only 3.5% of head-loss, recovering 98.5% of water as
super-cooled liquid, lowering make-up and chilled-water costs, while shrinking the TSA
service to 10% of the FULL-TSA counterpart. For commercial-scale PPU considering 20
years of operation at 10% interest rate, the purified 3.1 bar air breakeven prices reached 5.28,
5.19, and 5.18 US$/kNm?, respectively for FULL-TSA, SS-TSA and SS-TSA-HI, establishing

superiority of SS alternatives over the conventional FULL-TSA.

Keywords: air pre-purification; air dehydration; supersonic separator; multiphase supersonic
flow; multiphase sound speed.
Supplementary Materials

Supplementary Materials for this chapter are found in Appendices V1, V2 and V3 and V4.

Abbreviations

1D One-Dimensional; AA Activated Alumina; ASU Air Separation Unit; BAC Booster Air
Compressor; C3+ Propane and Heavier HCs; ChW Chilled-Water; CW Cooling Water; DCA
Direct Contact Aftercooler; EOS Equation of State; EWC Evaporative Water Cooler; FULL-
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TSA Conventional TSA PPU; HC Hydrocarbon; HCDPA Hydrocarbon Dew-Point
Adjustment; LP Low-Pressure; MAC Main Air Compressor; MMSm?®/d Millions Standard m*
per Day; MS Molecular Sieve; MS-TSA Smaller TSA of SS PPU; MMUSD/y Millions
USD/y; NG Natural Gas; PPU Pre-Purification Unit; PR-EOS Peng-Robinson EOS; PSA
Pressure-Swing Adsorption; REVEX Reversing Heat Exchanger; RH Relative Humidity; SS
Supersonic Separator; SS-TSA New SS+TSA PPU; SS-TSA-HI New SS+TSA Heat-
Integrated PPU; TSA Temperature-swing Adsorption; VLE Vapor-Liquid Equilibrium;
VLWE Vapor-Liquid-Water Equilibrium; UOE Unit Operation Extension; USD US Dollar;
WDP Water Dew-Point; WDPA Water Dew-Point Adjustment. WW Warm Water.

Nomenclature

A(X) : Flow section area at axial position x (m?)
c(T,P,Z) :Sound speed property of multiphase equilibrium fluid at (T, P, Z) (m/s)
COM, CUT : Costs of manufacturing and of utilities (USD/y)

aT
D, Dy, Dy, Do : Diameter and SS internal diameters at inlet, throat and outlet (m)
= . Feed flow rate (kmol/h)

C, z[ﬁH J : Molar isobaric heat capacity of multiphase fluid (J/kg.K)
P,z

FCI : Fixed capital investment (USD)
H : Molar enthalpy of multiphase fluid (J/K.mol)
L, Lc, Lp : SS lengths: total, converging section and diverging section (m)

L2l Sk ) aval nozzle length and SS axial position where Ma=Ma®>"** (=L"A"A%) (m)

Ma=v/c : Mach Number

Ma>"oc : Maximum supersonic Ma

M : Molar mass (kg/mol)

nc : Number of components

NPV : Net present value (USD)

P : Absolute pressure (bar) or (Pa)

REC%H,O : Percent recovery of H,O as SS condensate

REV : Revenues (USD/y)

S : Molar entropy of multiphase fluid (J/K.mol)

T : Absolute temperature (K)

v : Axial velocity of multiphase fluid (m/s)

X : SS axial position (m)

Z : Vector (nc x 1) of mol fractions of multiphase fluid
Greek Symbols

a, 8 : Converging and diverging angles (deg) of SS with linear diameter profiles
177F%, 1°MPo% : SS adiabatic expansion and compression efficiencies (%)
v : Molar vapor fraction of multiphase fluid

P : Multiphase fluid density (kg/m?)

- _[9 _— : : :
Zp = (_pj : Derivative of pwith P at const. T, Z for multiphase fluid (kg/Pa.m?)
TZ
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- _[90 _— : : :
= E( ,Oj : Derivative of pwith T at const. P, Z for multiphase fluid (kg/K.m®)
PZ

oT
Superscripts
Inlet, Outlet : SSinlet and SS outlet
Shock - Just before normal shock and before condensate withdrawal
Subscripts
AS - Just after shock
BS : Just before shock and after condensate withdrawal

3.1. Introduction

Cryogenic air separation units (ASU) configure the most suitable technology for large-scale
air fractionation, currently widespread applied for oxygen supply to steelworks and coal
gasification [1]. The uprising of oxy-combustion CO, capture in thermoelectric plants
signalizes a probable increase of the global demand for oxygen gas in next decades requiring
large-scale efficient ASUs. Large-scale ASU comprises two processes with very distinct
characteristics, namely: (i) air compression, pre-cooling and purification hereinafter referred
to as Pre-Purification Unit (PPU); and (ii) cryogenic fractionation or Cold-Box. PPU supplies
purified pressurized air to Cold-Box, both owned by the same company according to current
practices. However, it is conceivable, particularly in large-scale ASUs, to have outsourced
PPU for best overall profitability. As the Cold-Box is highly capital intensive, the

development of more efficient large-scale PPU is interest of oxy-combustion.

PPU compresses and treats air preventing entrance of ice-forming contaminants (H,O and
CO;) and traces of flammable hydrocarbons (HCs) in the Cold-Box. Freezing-out
components plug the main Cold-Box heat exchanger, representing operational and safety
hazards, besides economic loss associated to defrosting shut-downs, while HCs concentrate
in the oxygen sump of the main column thanks to higher boiling points than oxygen, leading

to dangerous auto-ignition mixtures [2].

Currently, the most common PPU concept — so-called FULL-TSA PPU - is based on
temperature-swing adsorption (TSA) over an activated alumina (AA) bed followed by a
molecular sieve (MS) bed, the former for removing water and the latter for CO, and HCs
removal [3,4]. TSA adopts periodic bed regeneration combining heating with
depressurization via heated decontaminated 1 atm nitrogen from Cold-Box. As purging water
from AA bed is harder than purging CO,+HCs from MS bed, TSA requires hot purging

nitrogen above 120°C for complete desorption. FULL-TSA PPU also involves pre-cooled air
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feed for reducing moisture, thus lowering TSA costs and adsorbent load and/or extending
TSA cycles, typically of 4-8h [3,4]. Large-scale FULL-TSA PPU features large TSA vessels,
high heat demand for bed regeneration, besides adsorbent replacement owing to breakage by
thermal-mechanical stress from cycling [5].

Pressure-Swing Adsorption (PSA) is an alternative to TSA with some advantages by
eliminating regeneration nitrogen and pre-cooled air. However, due to lower loadings, PSA
demands short cycles (=20 min) with several drawbacks, such as high maintenance costs of
switching valves, larger adsorbent inventories, higher mechanical stress on beds and air
losses by frequent depressurization [6,7]. Furthermore, PSA loses competitiveness as the air
feed design pressure decreases, a trend for reducing power consumption, a major ASU cost.
Current impure oxygen gas production requires =3 bar air feed [8], contrasting with
conventional =5.5 bar Cold-Boxes [9]. Thus, in low-pressure ASUs, FULL-TSA PPU is
dominant [10]. Low-pressure ASU is approached with vapor recompression cryogenic
distillation requiring main air feed at 1.5 bar and adopting former reversing heat exchangers
(REVEX) pre-purification claiming 5% less power consumption than conventional ASU [11].
On the other hand, REVEX is an obsolete technology, characterized by sending raw
pressurized air to Cold-Box without purification, so that as it gradually cools down in the
main heat exchanger, contaminants freeze out and are retained [2,7]. The superiority of
FULL-TSA PPU over REVEX is consequence [2] of REVEX cycles of only 4-10 min, where
raw air alternates with nitrogen from Cold-Box allowing resilient traces of frozen HCs to
partially evaporate into the feed air, accumulating in the distillation system. Comparatively to
REVEX, FULL-TSA PPU offers safer ASU operation, consequently REVEX is no longer
used [2,7].

Works on FULL-TSA PPU mostly focus on experimentation and modeling aiming at to
address adsorbent performance as in [12] for H,O, CO, and HCs with several adsorbents; in
[13,14] for TSA of H,0O on F-200 AA including H,O-CO, competition and capillary H,O
condensation; and in [10] for H,O/CO, TSA on F-200 AA. Other experiments demonstrated
superior CO,/CH, loadings on Li-LSX zeolite MS comparatively to conventional 13X zeolite
MS [15]; and TSA on AA composites with 13X zeolite MS, giving higher HC loadings than
conventional 13X zeolite MS [16]. Kawai and Nakamura [17] disclosed a FULL-TSA PPU
with larger MS bed and higher air velocity to limit CO, competition against N,O and HCs,
while Nakamura et al. [18] discussed FULL-TSA PPU with AA and MS beds using two
simultaneous desorption gases: Cold-Box nitrogen at 100-250°C and 60-250°C raw air.
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This survey proves the preponderance of FULL-TSA PPU in large-scale ASUs, but it is
evident that ponderable capital and operational costs are inherent to TSA. Research on ASU
mostly quests for low-pressure Cold-Boxes [8,11], particularly for oxy-combustion oxygen,
while typical PPU papers in the literature explore 5.5-7.0 bar FULL-TSA PPUs, ignoring

cases below 4 bar.

Counterpointing this trend, the present work addresses a new PPU concept at lower air pressure,
radically lowering the size of costly TSA by adopting a upstream low-pressure supersonic
separator (SS) handling =98.5% of the dehydration load of pre-cooled 10°C raw air (<3886
ppmH,0). With SS, TSA must now finish only 21.5% of dehydration load and remove 2370
ppmCO; and minor HC contaminants totaling ~10% of the entire dehydration load. Hence the
AA bed is unnecessary and only a MS bed is required approximately ~15% larger than its
previous size in FULL-TSA for same cycle-time. This new PPU concept is called SS-TSA so
as to emphasize SS and TSA collaboration for air pre-purification. A heat-integrated SS-TSA
variant — SS-TSA-HI — is also demonstrated for improved profitability by avoiding heating
costs of MS regeneration. Both SS-TSA and SS-TSA-HI regenerate the MS bed with hot 1
atm dry nitrogen from Cold-Box, the difference being the heating source: low-pressure (LP)

steam in SS-TSA and warm water from compression heat recovery in SS-TSA-HI.

The advantages of SS-TSA and SS-TSA-HI over FULL-TSA were unveiled via technical and
economic analyses after simulating the respective flowsheets with HYSYS 8.8. In SS-TSA
and SS-TSA-HI the SS unit was rigorously thermodynamically modeled via a HYSYS Unit
Operation Extension (UOE) SS-UOE previously developed [19], whose algorithm is
disclosed in Appendix V1. SS-UOE handles multiphase equilibrium supersonic flow and
phase-split, calculating the correct multiphase equilibrium sound speed (c) with PEC-UOE,
another UOE from previous work [20]. SS-UOE is validated in Appendix V2 with SS data

from the literature.

Scientific and patent literatures never considered before such PPU concept using SS
combined with smaller finishing MS-TSA for large-scale ASU. Therefore SS-TSA and SS-
TSA-HI are original and novel frameworks using breakthrough SS separation technology,
both more profitable than the conventional FULL-TSA PPU. SS-TSA and SS-TSA-HI
configure embodiments of pending patent No. BR102017027727-5 registered in Brazilian
Patent and Trademark Office [21].
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3.2. Supersonic Separator

Offshore natural gas (NG) conditioning at high pressures has been a common application of
supersonic separators (SS) for removal of condensable with optimum preservation of
mechanical energy, i.e. minimum head-loss for a given removal [22]. In high-pressure NG
conditioning SS applications comprises water dew-point adjustment (WDPA) and
hydrocarbon dew-point adjustment (HCDPA) [19,22]. Fig. 3.1 depicts SS geometry with
linear diameter profiles showing swirling and collecting vanes, the former impelling fluid to
rotational motion, while the latter, located at walls, receive centrifuged formed liquid
particles subsequently ejected through the liquid outlet. Fig. 3.1 is limited to essential aspects
of SS model assuming one-dimensional (1D) axial adiabatic compressible flow. SS design,

phenomenology and simulation refer to Fig. 3.1.
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Fig. 3.1. SS sketch with linear diameter profiles.

Gas is admitted in SS inlet (D=D)) at high pressure P"™* accelerating in the converging
section, expanding and cooling down until it reaches sonic Mach Number (Ma=1) at SS
throat (D=D~), where the flow velocity (v) equals the sound speed (c). Somewhere upstream
the throat the swirl impeller put the fluid to rotate with subsonic tangential speed sufficient to
establish a centrifugal field of a few thousands G’s capable to impel condensate particles to
the liquid collecting ports at the walls in the diverging section. It is easy to show that such
subsonic rotational kinetic energy is only a few percent of the axial supersonic kinetic energy
at the collecting ports, so that the swirling effects can be neglected in SS calculations with
small errors. In the SS diverging section T and P continue to fall as the flow becomes

supersonic (Ma>1). As the SS outlet pressure (P°“™) should be higher than the low P
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attained in the supersonic section, supersonic flow becomes metastable as it expands against a
higher downstream P°"", This meta-stability increases with P°“"® P, such that somewhere
in the diverging section a normal shock front occurs (Fig. 3.1). Normal shock is an
irreversible transition that suddenly turns the flow back to subsonic (Ma<1), accompanied by
sharp, practically discontinuous, increase of P, T and molar entropy (S ). The after-shock
diverging section is a diffuser where the subsonic flow gradually recompresses, heats up and
decelerates towards the SS outlet at P=P°""®", Compressible flow is practically isentropic
upstream and downstream the shock, so that the shock is the unique great source of
irreversibility along the SS flow path, which explains why P®""'< P |y other words, there
must be some head-loss from inlet to outlet, increasing with shock intensity, which rises with
Ma just before shock or Mags. The isentropic character of expansion and compression SS
paths can be relaxed by specifying respective adiabatic efficiencies 75°%, n““F% [19]. The

location of collecting vanes is specified with Ma*"*

, the maximum supersonic Ma before
shock. At Ma=Ma>"*™* condensate is withdrawn, leaving dry gas at Mags, ready for shock (1<
Mags < Ma*"*%*). Ma*"* determines the Laval Nozzle, i.e. the converging-diverging nozzle
extending from inlet to pre-shock (Fig. 3.1). In SS operation with raw NG, water and C3+
(propane and heavier HCs) condensate should be withdrawn at the Laval’s end, just before
shock, centrifugally pushed towards the collecting vanes. Any non-collected liquid is re-

vaporized through the shock destroying separation [19].

SS research has evolved in last decade via thermodynamic approaches [19,23,24,25] and
computational fluid dynamic (CFD) approaches [26,27]. As proven elsewhere [19], despite
easily implemented and dominating SS literature, CFD SS approaches lack completeness as
CFD cannot handle complex multicomponent phase behavior and phase-change — VLE
(vapor-liquid equilibrium) or VLWE (vapor-liquid-water equilibrium) transitions — neither
the multiphase sound speed (c), both essential SS features with condensing feeds (e.g. raw
NG or raw air). For example, Yang et al. [26] and Wen et al. [27] are two recent CFD
representative SS works with raw NG. The former studied the impact of expansion ratios and
pre-shock Ma on pressure recovery, while the latter compared diffuser geometries regarding
pressure recovery. Despite apparently different, these works share two fundamental aspects:
both model SS flow path with CFD software and use raw NG with condensable C3+ and
water. Such choices lead evidently to SS profiles with some error as CFD cannot generate
phase-change effects on SS flow path, a feature inherent to raw NG feeds. Several other

limitations found in these and similar CFD works are: (i) the multiphase sound speed (c) is
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not correctly calculated as phase-change is ignored, a critical factor in SS with raw NG; (ii)
too cold and wrong pre-shock T profiles result from ignoring phase-change in SS path; and
(iii) inclined linear trends on P, T, Ma profiles across normal shock, besides improper
oscillating anomalies just upstream and downstream the front. Therefore, there is a need for
rigorous thermodynamic formalisms to handle SS with condensing feeds. The truth is that
CFD is insufficient for SS engineering and design with such feeds. Recently, Shooshtari and
Shahsavand [28] considered SS with raw NG for better pressure recovery given the degree of
dehydration via condensation-nucleation theory and droplet growth. Despite not using CFD,
this work also explored a limited SS model considering single-phase compressible flow with
PR-EQOS, which was used only for calculating single-phase density and isothermal
compressibility, and not for full phase-equilibrium and multiphase c; i.e., the phase-
equilibrium on SS flow path and multiphase c property were not taken rigorously. There were
other limitations: (i) normal shock via ideal gas with constant heat capacities ratio; (ii)
Raoult’s Law for high-pressure water VVLE; (iii) sound speed for ideal gas with constant heat

capacities ratio.

On the other hand, thermodynamic SS approaches handle phase transitions and multiphase c,
but demand full thermodynamic equilibrium, perhaps not fully attainable in the SS lapse of
milliseconds. Nevertheless, thermodynamic SS approaches are more valuable for condensing
feeds as they can represent limiting SS behaviors under strict observance of the Second Law
of Thermodynamics, while ordinary CFD SS approaches with condensing feeds violate the
2" Law as CFD predicts unrealistic too cold pre-shock temperatures implying adiabatic
destruction of entropy, a forbidden outcome [19]. In other words, it may be possible that a
real SS departs somewhat from the predictions of thermodynamic equilibrium SS modeling,
but such equilibrium modeling cannot be viewed as wrong because all thermodynamic laws

are respected, especially the 2™ Law.

A rigorous thermodynamic SS modeling was presented by Arinelli et al. [19] who developed
SS-UOE, a HYSYS 8.8 UOE appropriate for SS design and simulation. SS-UOE models
multiphase 1D compressible flow in SS path matching SS design with throat sonic flow,
besides executing condensate separation, normal shock and diffuser recompression. SS-UOE
requires the phase-equilibrium sound speed (c) property, which is calculated by PEC-UQE,
another HYSYS UOE for rigorous determination of ¢ under single-phase (gas), two-phase
(gas and liquid C3+ or gas and water) or three-phase (gas, liquid C3+ and water)
compressible flows as disclosed in de Medeiros et al. [20]. SS-UOE and PEC-UOE can
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efficiently handle SS with raw NG feeds producing two immiscible condensates — C3+ and
water — as occurs in WDPA+HCDPA applications [19,25], while other thermodynamic SS
models cannot handle water and are restricted to HC condensate only [23,24]. Arinelli et al.
[19] also demonstrated SS for CO, removal from CO,-rich NG feeds previously
WDPA+HCDPA treated to allow exclusive CO, condensation in SS. However, SS path must

be designed choosing Ma*™* lesser than a certain Ma™e*O"

to prevent excessive
temperature drop possibly crossing the CO, freeze-out border, this way avoiding dry-ice

precipitation potentially plugging the SS.

SS is specified in SS-UOE via following parameters: (i) inlet flow rate, temperature, pressure
and component mole fractions (F™, TMet pinlet  zIley. (i) SS expansion/compression
adiabatic efficiencies (75%%, n““F%); (iii) converging/diverging wall angles (@, 8) and
inlet/outlet diameters (D), Do) (Fig. 3.1); and (iv) maximum attained supersonic Ma (Ma>"°*).
SS-UOE automatically retrieves feed inlet parameters from HYSYS flowsheet and, reciprocally,
exports the calculated SS product streams to it. In each simulation the SS design is obtained

hock | Diff
LS oc’ L iffuser

by SS-UOE via determination of lengths Lc, Lp, and throat diameter D+ (Fig.

3.1), simultaneously with outlet conditions of gas and condensate, besides the SS head-loss.

SS utilization for condensable separation from pressurized gas is evolving rapidly beyond NG
applications WDPA, HCDPA and CO, removal. Recently, Teixeira et al. [25] presented an
“out of the box” SS recovery of hydroxylated thermodynamic hydrate inhibitors — methanol,
ethanol and ethylene-glycol — from a pressurized raw NG stream previously contacted with
inhibitors in pipelines, obtaining remarkable results. By treating such raw NG in a SS with
small water injection it is possible to recover the inhibitor trapped in aqueous condensate,
besides producing saleable LPG and conditioned NG in terms of WDPA+HCDPA. In [25],
SS operated with supersonic three-phase flow comprising gas, liquid C3+ and water-inhibitor
condensate, requiring determination of the three-phase equilibrium sound speed property (c).
SS results of [25] were generated by simulating HYSYS 8.8 flowsheets for treating raw NG
with anti-hydrate inhibitors using HYSYS UOEs SS-UOE [19] and PEC-UQE [20], where all
multiphase-equilibrium separations and properties where calculated with the Cubic-Plus-
Association Equation-of-State (CPA-EOS) which can handle associating three-phase VLWE
(vapor-liquid-water equilibrium) systems including hydroxylated anti-hydrate inhibitors [29].

The present work extends once more the applicability of SS by defining, for the first time in

the literature, new PPUs SS-TSA and SS-TSA-HI where 298.5% of the water content of raw

Shock

air was abated by low-pressure SS with Ma carefully chosen to give SS pressure recovery
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of 296.5% saving compressor power and complying with state-of-the-art Cold-Boxes using
purified air at 3.1 bar. SS was also simulated with SS-UOE and PEC-UOE, whose
mathematical models and theory are not discussed in the text and should be found elsewhere
[19,20]. Nevertheless, in order to give a clear convincing presentation of the thermodynamic
SS modeling used in the calculations and also to validate it, the algorithm of SS-UOE is
disclosed in Appendix V1 for SS nozzles with linear diameter profiles (Fig. 3.1).
Additionally, the validation of SS-UOE was conducted in Appendix V2 by comparing its
results with Arina’s data presented by Yang et al. [26], which refers to a SS application with
non-linear diameter profiles for low-pressure dry air. The concordance of SS-UOE results

with Arina’s data is unquestionable.

At last, it is advisable to address the adaptability of SS to variable load of ASUs. Despite the
fact that the conceptual scenario of this work should correspond to very large-scale ASUs for
large-scale oxy-fuel power plants — whose operation should be stable beforehand — indeed
smaller conventional ASUs are subject to sudden load changes. Analogously to centrifugal
compressors, there are some SS particularities that should be observed for adequate
performance. Let a SS design in Fig. 3.1. For successful operation, it is necessary and
sufficient that sonic flow (Ma=1) exists at the throat. Consequently, other things constant, the
sonic throat is lost if the inlet flow rate decreases or if the inlet pressure increases, since both
occurrences lower the inlet speed displacing the new sonic point downstream the throat,
which results in unattainable sonic flow because the diverging section recompresses the
subsonic flow slowing it down. At first, one would blame such effects as SS issues. But this
is an unfair interpretation. Similar phenomenon also happens with centrifugal compressors,
whose operation can be disrupted by surge effects from sudden falls of flow rate or suction
pressure. Thus, in both centrifugal compressors and SS, control schemes must protect the

operation against disruptions.

The truth is that a given SS is designed for a given inlet Mach (Mai”), not for a given inlet
pressure or inlet flow rate. Thus, if the inlet flow rate falls occasionally, a control scheme
should throttle the feed to lower its pressure increasing inlet speed and restoring the design
Ma™. Analogously, if inlet pressure falls, control should reduce inlet flow rate decreasing
inlet speed to restore Ma™. An inverse reasoning also works replacing “falls” by “increases”,

“lower” by “rises” and “throttling” by “compressing”.
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This behavior is easily demonstrated for a SS expanding ideal gas with constant heat capacity

ratio (k =C, /C, = const.) for which it is easily shown the applicability of Egs. (3.1a), (3.1b)

and (3.1c) correctly describing 1D isentropic compressible flow in a converging-diverging
nozzle, where inlet is referred by n flow area section is represented by A and Eqg. (3.1d) is
obtained from Eq. (3.1a) by inserting Ma=1 and A=AT" Thys, given a SS with geometry
Al AUt AThrAt | Cete and inlet temperature T™, Eq. (3.1d) stipulates a unique Ma™ for the
design A™*/A™™ in order to achieve sonic throat flow. Therefore Egs (3.1a) and (3.1b) show
that Ma and T profiles will match the design objectives (i.e. supersonic Ma>1 in the
diverging section causing low temperature T<< Ti”) if the inlet Ma is kept at the correct Ma'™"
stipulated by Eq. (3.1d), not importing if P is manipulated away from its design value to
secure Ma™ constant under fluctuations of inlet flow rate. That is, P" is adjusted to
accommodate different inlet flow rates (and vice-versa) for a given nozzle design properly
working with sonic throat. Another strategy to protect SS operation for air processing —
which can be complemented by the previous Ma™ compensation schemes — is to install an
arrangement of smaller parallel SS nozzles that are individually deactivated (or activated) by
the control scheme according to the total inlet flow rate, guaranteeing each nozzle always fed
with its design Ma™.
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3.3. Methods

New PPUs SS-TSA and SS-TSA-HI prescribe SS to abate 298.5% of the dehydration load of
raw air, reducing TSA service to less than 500 ppm of contaminants, where 2370 ppmCO; is
the main load. Thus, SS becomes the main PPU step complemented by a finishing TSA step
executed by a MS bed — 13X zeolite MS — hereinafter called MS-TSA, whose service is
215% greater than the MS service in conventional FULL-TSA PPU. MS-TSA differs
considerably from the big TSA unit of FULL-TSA PPU of same capacity, because: (i) heat
consumption for bed regeneration is significantly reduced owing to smaller adsorbate purge;
(i) adsorbent inventory is reduced and/or TSA cycle-time is extended for the same reason,
allowing less MS vessels and lower adsorbent thermo-mechanical stress, lowering
fragmentation and replacement costs; (iii) temperature of 1 atm nitrogen for bed regeneration
is lowered to 80°C due to weak CO,-MS interaction, lower H,O content and weaker H,O-MS

interaction relatively to H,O-AA interaction.

FULL-TSA, SS-TSA and SS-TSA-HI were simulated in HYSYS 8.8 for mass and energy
balances. Simulation results were used in equipment sizing and costing via Turton et al. [30]
method for economic analysis. Fig. 3.2a presents a methodology overview, while Fig. 3.2b

details the determination of equipment design and utilities consumption.
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Fig. 3.2. Methods: (a) overview; (b) equipment sizing and utility consumption.
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3.3.1. PPU Simulation

Block diagrams of conventional PPU FULL-TSA and alternative SS-TSA and SS-TSA-HI
are respectively depicted in Figs. 3.3, 3.4 and 3.5. All flowsheets initiate at the two-stage
main air compressor (MAC), whose hot effluent air (stream #2) at 3.18 bar (FULL-TSA) or
3.292 bar (SS-TSA and SS-TSA-HI) feeds the direct contact aftercooler (DCA), where
bottom hot air firstly contacts cooling water (CW) at 30°C, then enters the upper DCA section
to contact chilled-water (ChW) at ~9°C produced in the evaporative water cooler (EWC) via
evaporative direct contact of CW with dry nitrogen at ~14°C (FULL-TSA) or 12°C (SS-TSA
and SS-TSA-HI) from Cold-Box. The water-saturated nitrogen from EWC (stream #6) is
liberated in the atmosphere at ~27°C. In all diagrams water-saturated (100% RH) cold air
(stream #3) leaves the DCA at 10°C. From this point onwards, differences among FULL-
TSA, SS-TSA and SS-STA-HI become significant. In FULL-TSA (Fig. 3.3) stream #3
(T=10°C, P=3.12 bar) feeds a bulky TSA unit with an AA bed for water removal and a MS
bed (13X zeolite) for CO,/HCs removal. Beds are regenerated with 1 atm dry N, from Cold-
Box heated up to 133°C (stream #9) with LP steam. Purified air stream #7 from TSA
(T~17°C, P=3.1 bar) feeds the Cold-Box exchanger to heat dry N, from Cold-Box to ~14°C.
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| //‘l /_/ | >
I 6 v : Booster 02
|
| FULL-TSA 4 10 -

Fig. 3.3. Conventional FULL-TSA PPU for purified air supply to Cold-Box.

In SS-TSA and SS-TSA-HI stream #3 (T=10°C, P=3.25 bar) feeds a SS designed to capture
298.5% of the water of stream #3 with 296.5% of pressure recovery. The slight higher
pressure of stream #3 (relatively to FULL-TSA) accounts for the SS head-loss of ~3.5%. The
SS effluent air stream #11 (T~15°C, P=3.12 bar) with only 1.5% of its initial humidity
feeds MS-TSA with a MS bed (13X zeolite) for finishing water removal besides CO, and

HCs removal. The other SS effluent is stream #12 super-cooled liquid water (T~-48°C,
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P=3.12 bar) which is recycled to ChW pool lowering CW make-up and EWC demand of
cold N, from Cold-Box. MS beds of SS-TSA and SS-TSA-HI are regenerated with 1 atm dry
N, from Cold-Box heated up to 80°C with LP steam in SS-TSA and with warm water (WW)
at 90°C in SS-TSA-HI (stream #13), where WW is generated via heat recovery from hot
MAC air. Purified air (stream #7) leaves MS-TSA at ~15°C and 3.1 bar thanks to lower
adsorption load with SS. Stream #7 feeds the Cold-Box leading its dry N, outlet to 12°C (2°C
less than in FULL-TSA).

Simulation flowsheets of FULL-TSA, SS-TSA and SS-TSA-HI PPUs are respectively shown
in Figs. 3.6a, 3.6b and 3.6c where TSA vessels on-adsorption and on-regeneration are
represented as “TSA/OP” and “TSA/REG” respectively.
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Fig. 3.5. SS-TSA-HI PPU for purified air supply to Cold-Box adopting compression heat recovery.
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3.3.1.1. Simulation Assumptions

HYSYS 8.8 simulation of FULL-TSA, SS-TSA and SS-TSA-HI adopted the following
assumptions. {S1} Simulation of SS unit in SS-TSA and SS-TSA-HI: Using SS-UOE [19]
with phase-equilibrium sound speed from PEC-UOE [20]. {S2} Thermodynamic modeling:
Peng-Robinson Equation-of-State (PR-EOS). {S3} Raw air: 13580 kmol/h, 25°C, 1.013 bar,
60% RH, composition (molar basis) N,=76.61%, 0,=20.55%, Ar=0.91%, H,0=1.89%, 363
ppmCO, (neglecting species <10 ppm). {S4} Air filters: MAC suction and TSA outlet, each
with AP=1 kPa. {S5} Cold-Box air feed: 3.10 bar complying with triple-column ASU [31].
{S6} Intercoolers: 40°C outlet air, AP=10 kPa. {S7} DCA: bottom structured-packing with
03 theoretical stages, AP=2 kPa, CW fed at the top; top structured-packing with 10
theoretical stages, AP=4 kPa, ChW fed at the top, exiting air at 10°C. {S8} CW: 30°C at
cooling-tower outlet. {S9} LP steam: saturated, 4 bar. {S10} Machine adiabatic efficiencies:
MAC 85%; nitrogen blower 75%. {S11} Heat transfer coefficients: 170 W/m2K for air
intercoolers and nitrogen heater. {S12} SS in SS-TSA and SS-TSA-HI: single SS,
T"et=10°C, P'"'=3.25 bar, D,=0.87 m, Do=0.69 m, a=12.67°, f=2.66°, n=*"=4""P=100%,
Ma*"°*=1.2. {S13} MS-TSA in SS-TSA and SS-TSA-HI: 03 vertical vessels (two adsorbing,
one desorbing) with 13X zeolite MS, %’ particles, axial reversible flow, 12h cycle-time, 4h
regeneration-time, AP=1 kPa. {S14} TSA unit in FULL-TSA: 08 vertical vessels (four
adsorbing, four desorbing) with AA and 13X zeolite MS beds, %’ particles, axial reversible
flow, 8h cycle-time, 4h regeneration-time, AP=1 kPa. {S15} Bed saturation: 95% of
capacity. {S16} Bed capacity: via loading versus partial pressure experimental isotherms [12]
corrected to 15°C, the design adsorption temperature. {S17} AA and MS inventories in
FULL-TSA: sized respectively from water and CO, loadings and Table 3.1. {S18} MS
inventory in SS-TSA and SS-TSA-HI: sized from CO, and residual water loadings and Table
3.1. {S19} Adsorbent lifespan: 20 years for 13X zeolite MS in SS-TSA and SS-TSA-HI,
against 5 years of AA and 15 years of MS in FULL-TSA [6] due to larger SS-TSA cycle-
time with less adsorbent thermo-mechanical stress and fragmentation. {S20} Equipment
design equations: from [32]. {S21} Regeneration heat load: from [6]. {S22} WW
temperature in SS-TSA-HI: 90°C.
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Table 3.1. Adsorbent data for TSA design.

.gs . R R . f
PPU Adsorbent Adsorbate BuII_< Cost Specific Lifetime Adsorptleon Capacity
Density Heat Heat
(kg/m3) (USD/kg) (kJ/kg.K)  (years) (kcal/mol) (9/kg)
AA H,0 769° 1.32° 1.00° 59 11.6 (H,0) 64
FULL-TSA - 5 5 S 3
13X zeolite MS CO, 640 15 0.92 15 8.2 (CO,) 51
SS-TSA . H,O b b c 12.3 (H,0) 83
SS-TSA-HI 13X zeolite MS Co, 640 1.5 0.92 20 8.2 (CO,) 51

2 BASF, BASF F-200 Activated alumina for liquid and gas drying, 2009; ° Alibaba, Jiuzhou 13X molecular sieve:
purification of air and nitrogen, 2017; © Hahne, E. “Heat storage media”. In: Ullmann’s Encyclopedia of Industrial
Chemistry, 2005;° Kerry [6]; ¢ Rege et al. [12];  Taps=15°C (Design T)

3.3.1.2. Economic Analysis Assumptions

The following parameters were assumed. {E1} Operational year: 8000 h. {E2} Horizon: 30
years. {E3} Fixed Capital Investment (FCI, USD) of installed equipment: from [30]. {E4}
Scale-up exponent: 0.6 [30]. {E5} Chemical Engineering Plant Cost Index: 550.3 (Sept-
2015) from Chemical Engineering Magazine Nov-2016. {E6} PPU construction: one year.
{E7} Annual interest rate: 10%. {E8} Income tax rate: 34%. {E9} Depreciation rate: 10%.
{E10} SS FCI (USD): extrapolated from SS processing 6 MMSm?3/d of NG [22] including
pressure deflation to low-pressure air operation at 3.25 bar. {E11} Adsorbent costs: Table
3.1. {E12} Electricity, LP steam and CW make-up costs: 71 USD/MWh, 26.85 USD/MWh
and 0.793 USD/m3. {E13} Cost of Utilities (CUT, MMUSD/y): sum of electricity, LP steam
and CW make-up annual costs; {E14} Revenues (REV, MMUSD/y): purified pressurized air
to Cold-Box with unitary breakeven price for 20 years operation. {E15} Cost of
Manufacturing (COM, MMUSD/y): CUT added to annual bed replacement costs.

3.4. Results and Discussion

There are three categories of results: (i) technical comparisons of processes; (ii) operational
aspects of SS for air dehydration; and (iii) economic comparison of processes. The following

sub-sections approach them.

3.4.1. Technical Comparison of FULL-TSA, SS-TSA and SS-TSA-HI

Utility consumptions of PPUs are shown in Table 3.2. Table 3.3 shows design and operational
conditions of SS for SS-TSA and SS-TSA-HI. Table 3.4 details process streams of all PPUs
according to Figs. 3.3 t0 3.6. In SS-TSA and SS-TSA-HI SS is fed with 10°C water saturated
(3886 ppmH_0) pressurized air (stream #3) for dehydration. Air leaves SS with 56.4 ppmH,0O
in stream #11, which feeds MS-TSA for finishing water removal and CO, removal. MS-TSA
of SS-TSA and SS-TSA-HI remove the same CO, load as conventional FULL-TSA, since SS

recovery of CO, is negligible at these conditions; but, thanks to SS, instead of water, CO,
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becomes the biggest MS-TSA service (Fig. 3.7), also highlighting MS-TSA with much less
loading than FULL-TSA. Therefore, with molar loading reduced by a factor of 8-10, MS-
TSA is substantially less energy and capital intensive than TSA of FULL-TSA.
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0 L . m
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Fig. 3.7. Adsorption services of FULL-TSA and SS-TSA.

In Table 3.2 utility consumptions of SS-TSA comprise 15,315 kW of electricity (15,248 kW
in MAC and 68 kW in N, blower), 161 kW of LP steam and ~5.37 kg/s of CW make-up.
Compared to FULL-TSA, SS-TSA consumes ~88.3% less LP steam, =~3.1% less CW make-
up, despite ~2.2% higher electricity consumption, a consequence of ~3.5% SS head-loss. SS-
TSA-HI, besides no consumption of steam, exhibits the lowest CW make-up of =5.29 kg/s
and the lowest heat duty in CW tower, thanks to lowest CW tower circulation due to moving
compression heat via WW for MS-TSA regeneration. The lower CW make-ups of SS-TSA
and SS-TSA-HI are consequence of recycling SS super-cooled water to ChW pool; i.e., the
combined actions of DCA and SS retain more than 98.5% of air humidity as liquid water,
while in FULL-TSA the entire water in DCA effluent air was lost in the atmosphere during
TSA regeneration. The proof is in Table 3.4: 4019 ppmH,O were lost in FULL-TSA (stream
#3), whereas SS-TSA and SS-TSA-HI discarded only 56.4 ppmH,O (stream #11). Table 3.3
reports 96.54% of SS pressure recovery (4P=0.11 bar), an excellent value that was decisive

to make SS-TSA and SS-TSA-HI more profitable than FULL-TSA with its TSA-based

Shock Shock

dehydration. The underlying fact is SS specification Ma™™" =1.2, inferior to usual Ma™>"" =
1.5 for treating raw NG with SS. Another difference to raw NG, is the huge inlet diameter of
this air SS (34.2”) relatively to typical NG SS’s (=6”) for similar molar flow rates,
consequence of the low-pressure PPU scenario vis-a-vis typical high-pressure NG
applications. In SS-TSA and SS-TSA-HI, thanks to low SS head-loss, only a small increase
in MAC power is noticed in Table 3.2 (+=0.46 MW), partially offset by a small decrease of
N, blower power (-0.12 MW), also consequence of lower N, flow rate to regenerate MS bed

of SS-TSA and SS-TSA-HI.
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Table 3.2. PPU utility consumption.

Item FULL-TSA SS-TSA SS-TSA-HI
Power MAC (MW) 14.79 15.25 15.25
Power N, Blower (MW) 0.188 0.068 0.068
LP Steam N, Heater (MW) 1.370 0.161
CW Make-up (kg/s) 5.536 5.366 5.295

Table 3.3. SS design and conditions in SS-TSA and SS-TSA-HI.

Specified ltems Calculated by SS-UOE
No. of 8S’s 1 D+(m) 0.4198
Dy(m) 0.8679 Le(m) 0.9965
Do(m) 0.6943 Lp(m) 2.955
a 12.67° L(m) 3.952
B 2.66° L3ho%(m) 1.067
MaS"o%* 1.20 LP™(m) 2.885
7% 100 Pgs(bar) 1.342
71MP% 100 Tes(°C) -48.21
P'"(bar) 3.23 Mags 1.195
T""eCC) 10.0 PO (har) 3.12
MMSm?/d 7.72 ToutEt O C) 14.56
ppmH,O"*" 3881 REC%H,0  98.56%
ppmCO,"™ 366 %P Recovery  96.54%

After condensate withdrawal

Additionally, SS-TSA and SS-TSA-HI minimize FCI of TSA step and maximize TSA cycle-
time, allowing extended adsorption time and milder desorption temperatures (80°C), entailing
less thermo-mechanical stress, extending adsorbent lifetime and reducing bed replacement
costs. As shown in Table 3.4, the flow rate of regeneration nitrogen is reduced in SS-TSA
and SS-TSA-HI, thanks to lower regeneration duty, allowing availability of 1980 kmol/h of
decontaminated dry nitrogen as sale gas or refrigeration utility. Alternatively, EWC can be
designed with higher capacity allowing exportation of 29°C ChW. Furthermore, dry N, from
Cold-Box is ~2°C colder in SS-TSA and SS-TSA-HI, improving cooling capacity, a
consequence of TSA increase of air temperature in FULL-TSA of 7°C, while in SS-TSA and
SS-TSA-HI only 0.5°C of increase occurred in MS-TSA due to lower loading.
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Table 3.4. Main streams of FULL-TSA, SS-TSA and SS-TSA-HI PPUs (stream numbers as in Figs. 3.3 to 3.6).

Stream # 1 2 3 4 5
opU FULL | ss | > fFulL | ss | B | FuL | oss | S [ RuLL | ss | B[R | oss | S
TSA TSA HI TSA TSA HI TSA TSA HI TSA TSA HI TSA TSA HI
T (°C) 25.0 25.0 25.0 98.4 101.3 101.3 10.0 10.0 10.0 36.0 36.3 36.3 14.1 12.0 12.0
P (bar) 1.013 1.013 1.013 3.180 3.292 3.292 3.120 3.232 3.232 3.180 3.292 3.292 1.053 1.053 1.053
F (kmol/h) 13,584 | 13,584 | 13,584 | 13,584 | 13,584 | 13,584 | 13,379 | 13,377 | 13,377 | 65,071 | 65,077 | 65,077 7315 6621 6621
%mol N, 76.61 76.61 76.61 76.61 76.61 76.61 77.77 77.78 77.78 - - - 99.04 99.04 99.04
%mol O, 20.55 20.55 20.55 20.55 20.55 20.55 20.87 20.87 20.87 - - - 0.61 0.61 0.61
%mol Ar 0.91 0.91 0.91 0.91 0.91 0.91 0.93 0.93 0.93 - - - 0.35 0.35 0.35
ppmCO, 363 363 363 363 363 363 366 366 366 - - - - - -
ppmH,0 18,892 | 18,892 | 18,892 | 18,892 | 18,892 | 18,892 | 4019 3886 3886 100% | 100% | 100% - - -
Stream # 6 7 8 9a (heating phase) 9b (cooling phase)
opL FULL | SS TSSSA FULL | sS TSSSA FULL | sS TSSSA FULL | sS Tssi FULL | sS TSSSA
TSA TSA HI TSA TSA HI TSA TSA HI TSA TSA HI TSA TSA HI
T(°C) 27.2 26.8 26.8 17.2 15.1 15.1 14.1 12.0 12.0 133 80.0 80.0 14.1 12.0 12.0
P (bar) 1.013 1.013 1.013 3.100 3.100 3.100 1.053 1.053 1.053 1.023 1.023 1.023 1.053 1.053 1.053
F (kmol/h) 6470 6796 6796 | 13,320 | 13,320 | 13,320 | 3084 1108 1108 3084 1108 1108 3084 1108 1108
%mol N, 95.52 95.60 95.60 78.12 78.12 78.12 99.04 99.04 99.04 99.04 99.04 99.04 99.04 99.04 99.04
%mol O, 0.59 0.59 0.59 20.95 20.95 20.95 0.61 0.61 0.61 0.61 0.61 0.61 0.61 0.61 0.61
%mol Ar 0.34 0.34 0.34 0.93 0.93 0.93 0.35 0.35 0.35 0.35 0.35 0.35 0.35 0.35 0.35
ppmCO, - - - - - - - - - - - - - - -
ppmH,O 35,506 | 34,694 | 34,694 - - - - - - - - - - - -
Stream # 10 (cooling phase) 11 12 13 14
PPU FULL SS TSSSA FULL SS TSSSA FULL SS TSSSA FULL SS TSSSA FULL SS TSSSA
TSA TSA TSA TSA TSA TSA TSA TSA TSA TSA
HI HI HI HI HI
T(°C) - - - - 14.6 14.6 - -48.2 -48.2 - - 90.0 - - 30.0
P (bar) 1.013 1.013 1.013 - 3.120 3.120 - 3.120 3.120 - - 3.00 - - 2.50
F (kmol/h) 3084 1108 1108 - 13,326 | 13,326 - 51.2 51.2 - 494 - 494
%mol N, 99.04 99.04 99.04 - 78.07 78.07 - - - - - - - - -
%mol O, 0.61 0.61 0.61 - 20.95 20.95 - - - - - - - - -
%mol Ar 0.35 0.35 0.35 - 0.93 0.93 - - - - - - - - -
ppmCO, - - - - 368 368 - - - - - - - - -
ppmH,O - - - - 56.4 56.4 - 100% 100% - - 100% - - 100%
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3.4.2. SS Operational Aspects in SS-TSA and SS-TSA-HI

The SS unit in SS-TSA and SS-TSA-HI accomplishes air dehydration with a single “big
mouth” SS (Table 3.3) with length L=3.952 m, inlet diameter D,=87 cm, throat diameter
Dr=41.98 cm at axial position Lc=0.9965 m, Ma>"**=1.2 at axial position L*"*=1.067 m,
and Ma after condensate withdrawal and before normal shock of Mags= 1.1952. SS recovers
96.54% of pressure and captures 98.56% of water as super-cooled liquid at Tgs=-48.21°C.

SS operation is explained via Figs. 3.8a to 3.8f portraying several conspicuous “SS
signatures” — Egs. (3.2a) and (3.2b) — which are rigorous graphical features of SS profiles at
sonic throat discussed in Appendix V2. SS signatures were proved elsewhere [20] for SS
nozzles with (dA/dx)™= 0 (Fig. 3.1), where X, A, v, ¢, respectively represent SS axial
position, flow section area, flow velocity, multiphase sound speed and molar vapor fraction.

SS signatures occur at sonic throats with (dA/dx)™°*

# 0 independently if the flow is single-
phase or multiphase, non-reactive or multi-reactive [20], but the dc/dx singularity changes
sign whether flow is gas-dominated — Eq. (3.2a), y 1 — or liquid-dominated — Eq. (3.2b),

w <20.5 (Appendix V2).

dv

ar__ , d—P:—oo, — =+, de__ , %:%O (Ma™™®* 51",y ~1)
dx dx dx dx dx '

(3.2a)

d—T:— , d—P:— , ﬂ:+oo, $:+oo, %:ﬁo (Ma™™* 1"y <=0.5)
dx dx dx dx dx ’

(3.2b)

Fig. 3.8a depicts SS axial profiles of diameter and molar vapor fraction () showing inlet air
100% vapor (w=1) at T=10°C and P=3.23 bar, while at pre-shock (x=L°"%=1.067 m,
Ma=Ma"*=1.2) <3800 ppmH,O condenses giving ¥=99.62%. Condensed water is

removed at x=L°""

, with w increasing back to w=1, simultaneously reducing Ma of dry air
at constant T and P to Mags=1.195. At this point, normal shock occurs, turning the air flow
back to subsonic at higher T and P. From this point on, dry air (100% vapor, w=1) flows sub-

sonically through the diffuser, decelerating and recovering T and P.

Fig. 3.8b presents P and Ma axial profiles with perfect SS signatures dP/dx=-co0, dMa/dx=+c0

at the throat (Ma—1"), showing minimum SS pressure Pgs=1.34 bar at pre-shock where

Ma=Ma®""*=1.2 and reporting outlet pressure P°""®'=3.12 bar. Condensate removal does not
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affect T and P, but promotes a small Ma drop from Ma"°*=1.2 to Mags=1.195, which

subsequently suddenly drops vertically at normal shock to Maxs=0.8454.

Fig. 3.8c depicts T and c axial profiles, also with SS signatures of vapor-dominated flow Eq.
(3.2a) dT/dx=-c0, dc/dx=-c0 at the throat (Ma—1’), showing minimum SS temperature of
T=Tgs=-48.21°C, where Ma=Ma*"*=1.2, and reporting outlet temperature T°""=14.57°C.
Besides the SS signature in Eq. (3.2a), an abrupt change of inclination is seen in c¢ profile at
x = 0.15m without any similar disturbances in T and P profiles. This occurred because c is a
multiphase equilibrium property inversely influenced by density (p) and isothermal
compressibility Zp=(dp/P)rz as seen in Egs. (3.3a) and (3.3b) [20]. In Fig. 3.8¢c both p and
5 suddenly increase at x~0"m — specially 5 — due to appearance of micro-droplets of liquid

as the WDP curve of the water saturated air feed is crossed by SS path at x=0"m (Fig. 3.8f)
forcing c to fall linearly from 340 m/s to 320 m/s while the first 1% of water condenses (Fig.
3.8d), increasing 5p as air changes from an almost ideal gas to a mist, a very different
condition in terms of compressibility. This mist is established at x = 0.15m so that further
condensation does not appreciably increase Sp, with the consequence that ¢ falls slowly from
X = 0.15m until near the throat, where almost ~98.5% of water condensed (Fig. 3.8d) and ¢
now starts to fall rapidly due to proximity of its sonic signature Eq. (3.2a). Downstream the
respective SS signatures Eq. (3.2a) at the throat, T and ¢ profiles fall with finite rate until the
pre-shock at x=1.067 m, the point of minimum T=Tgs=-48.21°C, minimum P=Pgs=1.34 bar

and maximum Ma=Ma>"**

=1.20 (Fig. 3.8b). Here, water condensation is expressive, while
CO, and other air species only have trace condensations, respectively reaching (Fig. 3.8d)
98.56%, 0.0047% and 0.00005%. Water condensate is withdrawn under constant T and P
causing Ma to fall to Mags=1.195 due to mist removal under constant flow section. Normal
shock then theoretically occurs just after liquid withdrawn, producing sudden increase of T, P
and ¢ accompanied by sudden decrease of Ma=Mags to Maxs=0.8454. From this point on, the
flow is sub-sonic with T, P and ¢ monotonously increasing (the latter because T directly
influences c of gases [20]) through the SS ending diffuser, while Ma smoothly decreases as v
falls under compression. Condensation profiles (Fig. 3.4d) end at x=1.067 m as condensation

is only meaningful upstream the pre-shock collecting point.

1
C= — (3.33)
\/EP_(MMT/pZ)ETZ/CP
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Fig. 3.8e depicts the influence of Ma®"**

on pre-shock vapor fraction (y), CO, content in
final air and Ma just after withdrawal Mags. It confirms that this SS application is not capable
of any significant CO, recovery even for high Ma*"°*. Similarly, the minimum vapor fraction

at pre-shock (=99.62%) could not be decreased appreciably by imposing higher Mas"°*: j.e.

a higher Ma3"°

would only rise shock intensity, increasing SS head-loss without perceptible
increase of air dehydration. Since water condensation cannot be appreciably increased
beyond the already attained ~98.5%, Mags responds quasi-linearly to MaS"ok, being always

lesser than Ma"°%,

Fig. 3.8f portraits the SS path on plane P x T also containing WDP curves of the SS air feed
(stream #3, Table 3.4) for several water contents: saturated feed (3886 ppmH,0), SS outlet
dry air (56.4 ppmH,O) and intermediate dehydration levels (1000 ppmH,O and 300
ppmH,0). Fig. 3.8f and Fig. 3.8d show that immediately after feed admission in SS,
condensation starts as stream #3 is saturated, with most intense condensation (Figs.
3.8b/3.8d) near and after the throat at x=Lc=0.9965 m associated to colder sonic and
supersonic temperatures. As shown in Figs. 3.8d/3.8e there is no expressive precipitation of
liquid or solid CO; as CO, partial pressure is too small in air flow. Even so, CO; freeze-out
could happen if SS temperature reaches ultra-cold levels ~134°C and extremely low-
pressures in the supersonic regime, entailing anti-economic low outlet pressures and proving
the inadequacy of such SS application for CO, removal. Lastly, it is didactical to observe in
Fig. 3.8f the succession of classic SS thermodynamic transitions: (i) SS path traces a smooth
descending expansion arc towards the lowest (T,P) on the 56.4 ppmH,O WDP locus; (ii) at
this point liquid is collected without changing (T,P); (iii) normal shock occurs at
Mags=1.195, depicted as a rectilinear jump back to higher after-shock (T,P) at Tas2252 K,
Pas~2 bar (Figs. 3.8b/3.8c); and (iv) dry air flows sub-sonically through the diffuser
regaining (T,P) and losing velocity and Ma towards SS outlet at poutlet =312 bar,
TOU'=14.56°C.
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Fig. 3.8. SS air drying: (a) SS diameter & mol vapor fraction vs x(m); (b) P(bar), Ma vs x(m); (c)
T(K), c(m/s) vs x(m); (d) %Condensed H,O, CO, & air species vs x(m); (e) pre-shock values (mol
vapor fraction, CO, mol fraction, Mags) vs Ma>"*; (f) SS path on plane P x T and WDP loci
(3886 ppmH,0 fed air, 56.4 ppmH,0 dry air, 300 ppmH,0 air, 1000 ppmH,0 air).

Fig. 3.9a and its magnification Fig. 3.9b depict SS path on T x S plane. As SS operates

adiabatically, T x S diagrams can certificate 2™ Law obedience of SS simulations. SS path

starts at the WDP locus of the water-saturated SS feed. It extends isentropically downwards

(A—B, Figs. 3.9a/3.9b) to a point slightly beneath the WDP locus of dry air (56.4 ppmH,0)

due to vapor-liquid coexistence at y=99.62%. This is the coldest SS point (Ma=Ma*"*) at

pre-shock. As low-entropy condensate is withdrawn, SS path moves isothermally to the right
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T(K)

(B—C) towards the greater molar entropy of dry air at WDP. This dry air is still supersonic
with Mags=1.195, hence normal shock happens (C—D). Shock C—D is the only entropy
creating step in SS path as expansion and after-shock compression are isentropic by
Assumption {S12} (SS-UOE can have non-isentropic expansion/compression if the adiabatic
efficiencies are chosen 77"%<100% and/or 7°*"%<100%). As the shock is crossed, sudden
heating, recompression and entropy creation take place, seen in Fig. 3.9b as an inclined linear
path C—D (AT >0, 4S >0). The after-shock SS path moves isentropically upwards (D—E)

continuously recompressing and heating dry air through the diffuser towards the SS outlet.

— 55 Path —Feed WDP = « 1000 ppa WDP == 300 ppm WDP ««s Qutlet WDP — 55 Path —Feed WDP = « 1000 ppm WDP == 300 ppt WDP ««s Qutlet WDP
300 4 ' 290 5 E '
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(a) i (b)
Fig. 3.9. SS air dehydration on plane T xS: (a) SS path with WDP loci of inlet 3886

ppmH,O air, 1000 ppmH,O air, 300 ppmH,O air and outlet 56.4 ppmH,O dry air;
(b) magnification of (a).

3.4.3. Economic Comparisons

Figs. 3.10 and 3.11 respectively depict components of COM and FCI of PPUs, while Table
3.5 summarizes PPU economic performances. In comparison with SS-TSA and SS-TSA-HI,
the conventional FULL-TSA exhibits higher FCI and COM: 28.80 MMUSD and 8.97
MMUSD/y against 27.91 MMUSD and 8.86 MMUSD/y for SS-TSA, and 28.04 MMUSD and
8.82 MMUSD/y for SS-TSA-HI, where it is seen that MAC dominates COM and FCI in all
PPUs. In SS-TSA and SS-TSA-HI, despite its “big mouth” (resembling an aircraft engine)
the low-pressure SS is not too expensive with FCI of 4.42 MMUSD (Fig. 3.11), contributing
decisively to reduce operational costs via lower LP steam costs (-0.26 MMUSD/y), which
offsets its slightly higher MAC electricity demand (+0.19 MMUSD/y). SS also contributes
(Fig. 3.10) to decrease adsorbent replacement costs (-0.75 MMUSD in 20 years, or = -0.04
MMUSD/y).
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Fig. 3.10. Annual operational costs of FULL-TSA, SS-TSA and SS-TSA-HI.

s

Fig. 3.11. Components of fixed capital investment (FCI) of PPUs.

For a minimum acceptable 10% rate of return, Table 3.5 shows purified air breakeven prices
necessary to yield zero Net Present Value (NPV) with 20 years: 5.28 USD/KNm?3 for FULL-
TSA, 5.19 USD/KNm? for SS-TSA and 5.18 USD/kNm? for SS-TSA-HI. Fig. 3.12 presents NPV
profilesof FULL-TSA, SS-TSA and SS-TSA-HI for 30 years of horizon assigning same purified
air unitary price of 5.28 USD/kNm3 to all PPUs. Fig. 3.12 also demonstrates that the payback
of the FCI increment in SS-TSA-HI for compression heat recovery to MS-TSA regeneration

occurs after 6 years of operation, when SS-TSA-HI surpasses SS-TSA in profitability.
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Table 3.5. Economic performance of PPUs with purified air at breakeven prices.

PPU FULL-TSA SS-TSA SS-TSA-HI
FCI (MMUSD) 28.80 27.91 28.04
COM (MMUSDy) 8.97 8.86 8.82
Purified air breakeven price (USD/KNm3) 5.28 5.19 5.18
Revenues (MMUSD/y) 12.61 12.39 12.37
20 years NPV (MMUSD) 0.00 0.00 0.00

New SS-TSA and SS-TSA-HI demonstrate that SS reduces drastically the water content
(98.5%) of air sent to the smaller finishing MS-TSA step, allowing significant economic
advantages and lowering the cost of pressurized air supply to Cold-Box, since: (i) MS-TSA
demands less bed regeneration heat; (ii) MS-TSA operates with reduced adsorption load, as
well as smaller TSA vessels and less adsorbent inventory; and (iii) MS-TSA generates less
adsorbent replacement costs, thanks to increased lifetime from lower thermo-mechanical
stress from less frequent switches. Another advantage of new SS-TSA is its lower MS-TSA
regeneration temperature, allowing creation of another new PPU SS-TSA-HI where waste
heat from MAC intercooler heated regeneration nitrogen. New SS-TSA and SS-TSA-HI also
minimize CW make-up due to water retained from air dehydration and reduced evaporative
heat duty in CW tower. Furthermore, despite not included in the economic analysis, another
comparative advantage of SS-TSA and SS-TSA-HI has to do with their lower flow rate of
regeneration nitrogen, allowing availability of dry decontaminated nitrogen for

commercialization.
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Fig.3.12. NPV of FULL-TSA, SS-TSA and SS-TSA-HI (purified air at 5.28 USD/KNm?3).
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3.5. Conclusions for Chapter 3

Three concepts of air pre-purification unit (PPU) were technically and economically
compared: the conventional TSA-based FULL-TSA PPU and two new PPUs adopting air
dehydration with supersonic separator (SS), namely, SS-TSA and SS-TSA-HI, the latter a
SS-TSA variant lowering heating costs via compression heat recovery. Both new PPUs
outperformed FULL-TSA for supplying air to Cold-Box thanks to drastic reduction of air
humidity via SS, leaving only a small dehydration load to be executed by new finishing
smaller MS-TSA units prescribed in SS-TSA and SS-TSA-HI. While FULL-TSA removes
24000 ppmH,0 and 2363 ppmCO, with dual bed AA+MS TSA, the smaller single-bed MS-
TSA of SS-TSA and SS-TSA-HI removes only 56.4 ppmH,0 and 2363 ppmCO, implying
substantial reduction of bed size and regeneration heat consumption (-88.3%). Besides MS-
TSA lower bed size, its cycle-time can be extended giving higher lifespan of adsorbent and

switching valves.

SS-TSA and SS-TSA-HI also present lower COM, as well as lower plant FCI thanks to high
SS pressure recovery with only 3.46% head-loss, demanding a slightly larger air compressor
(MAC) relatively to conventional FULL-TSA. The breakeven (20 years) unitary prices of
3.10 bar purified air from FULL-TSA, SS-TSA and SS-TSA-HI reach, respectively, 5.28,
5.19, and 5.18 USD/kNm?. Adoption of the highest breakeven price (5.28 USD/kNm®) by all
PPUs lead to clear advantage of SS-THI and SS-THI-HI over FULL-TSA in terms of 30
years NPV, with best performance by SS-TSA-HI seconded by SS-TSA.

Finally, it only was possible to explore such two new SS-based PPU concepts because a
thermodynamically rigorous, equilibrium-based, SS multiphase simulation model and
multiphase sound speed determination tool were developed as reliable and efficient HYSYS
Unit Operation Extensions — SS-UOE [19] and PEC-UOQE [20] - to be inserted in HYSYS 8.8
flowsheets allowing to compute phase-change effects and multiphase sound speed in SS units
for any kind of process.
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4. Improving Exergy Efficiency of Air Pre-Purification Unit for
Cryogenic Fractionation: Low-Pressure Supersonic Separator Coupled
to Finishing Adsorption

The contents of this chapter have not been published yet.

Abstract

Cryogenic air separation requires a Pre-Purification Unit (PPU) for air compression and
removal of H,O, CO, and trace-species for Cold-Box operation. The conventional PPU —
FULL-TSA — adopts temperature swing adsorption (TSA) with an activated-alumina bed for
H,O adsorption and a molecular-sieve bed for CO, and trace-species removal. A novel
alternative — SS-TSA — prescribes a Supersonic Separator (SS) abating =98.5% of H,O
followed by a small single-bed molecular-sieve TSA removing remaining impurities. SS-
TSA-HI is a SS-TSA variant using compression heat for molecular-sieve regeneration. This
work conducts exergy analyses of FULL-TSA, SS-TSA and SS-TSA-HI to compare
thermodynamic performances and indicate improvements for better resources utilization.
Exergy analyses are supported by HYSY'S simulation using unit operation extensions for SS
simulation and phase-equilibrium sound speed calculation. Since exergy rates depend on
Reference Environmental Reservoir (RER), two RER formalisms are employed at 1 atm and
25°C. RER#1 adopts air with 60% relative humidity (the same condition of raw air feed),
while RER#2 prescribes air in equilibrium with liquid water. RER#1 is shown to be
appropriate for overall system analysis, while RER#2 is appropriate for sub-systems analysis
as it dramatically lowers exergy flows of cooling-water. SS-TSA has 61% less exergy losses
than FULL-TSA in contaminant-removal step as SS accomplishes bulk purification
drastically reducing steam and N, consumptions for TSA regeneration. RER#1 exergy
efficiencies of FULL-TSA, SS-TSA and SS-TSA-HI attained 57.9%, 60.0%, and 60.3%,
respectively.

Keywords: exergy analysis; air pre-purification; air dehydration; supersonic separator;
multiphase sound speed; cryogenic air separation.
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Supplementary Materials for this chapter are found in Appendix W.

Abbreviations

1D One-Dimensional; AA Activated-Alumina; ASU Air Separation Unit; ChW Chilled-
Water; CW Cooling-Water; DCA Direct-Contact Aftercooler; EWC Evaporative Water-
Cooler; LPS Low-Pressure Steam; MAC Main-Air-Compressor; MMSm%d Millions
Standard m® per Day; MS Molecular-Sieve; MS-TSA Molecular-Sieve TSA; NG Natural
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Gas; PPU Pre-Purification Unit; PR-EOS Peng-Robinson Equation-of-State; PSA Pressure-
Swing Adsorption; RER Reference Environmental Reservoir; RH Relative Humidity; SS

Supersonic Separator; TSA Temperature-Swing Adsorption; UOE Unit Operation Extension;
VLE Vapor-Liquid Equilibrium; WW Warm-Water.
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Subscripts
BS

: Sound speed property of multiphase-equilibrium fluid (m/s)
: SS inlet, throat and outlet internal diameters (m)

: Exergy flow rate (kW)
: j™ feed flow rate (kmol/h)

: Molar enthalpy (kJ/kmol)

: j™ product flow rate (kmol/h)

: SS lengths: total, converging section and diverging section (m)
: SS Laval nozzle length (m)

: SS axial position just before normal shock and condensate withdrawal (m)

: Mach Number

: Ma just before normal shock and condensate withdrawal

: Number of components

: Numbers of feed and of product streams

- Number of waste product streams

:Numbers of power-streams exported and imported by the system
: Pressure (bar) and Temperature (K)

: Heat transfer from heat reservoir to system (kW)
: Heat and species k reservoirs

: Molar entropy (kJ/kmol.K)

. Internal energy rate (kW)

- Axial velocity (m/s)

- Work rate (kW)

: axial position (m)

: Species k mole fraction

: Converging and diverging angles of SS with linear diameter profiles(®)
: Pre-Shock molar vapor-fraction

: Exergy efficiency(%)

: Chemical potential of species k (kJ/kmol)

: SS compression/expansion adiabatic efficiencies(%o)

: Driver mechanical efficiency(%)

: MAC adiabatic efficiency(%)

: Energy transfer rate from species k reservoir to system (kW)
: Rational exergy efficiency(%)
: Creation rates of entropy (kW/K) and species k (mol/s) in Universe

: Destruction, inlet, outlet and system
:Just before normal shock and condensate withdrawall

: Just before normal shock and after condensate withdrawal
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4.1. Introduction

Air separation is central for oxy-combustion CO, capture as it demands large-scale oxygen
gas production. Thus, beyond commercialization of O,/N,, advances in air separation are of
interest vis-a-vis global warming. In the context of large-scale power generation, onsite
oxygen supply should come from large-scale cryogenic Air Separation Units (Cryo-ASU).
Although ceramic ion-transport membranes have been considered promising for oxygen
production in synergy with power generation, its current scale is sub-commercial, so Cryo-
ASUs are suitable for at least the first oxy-combustion plants [1]. Cryo-ASUs are divided into
two sections, namely: (i) Pre-Purification Unit (PPU) for air compression and purification;

and (ii) Cold-Box for cryogenic fractionation.

4.1.1. Pre-Purification Unit (PPU)

The PPU is placed upstream the Cold-Box for air compression and removal of freezable
(H,O/CO,) and flammable (hydrocarbons) contaminants. Current PPUs are based on
adsorption, most commonly Temperature-Swing Adsorption (TSA) operating with cycle-
times of 4-8 h, having an Activated-Alumina (AA) bed for removing H,O and a 13X zeolite
molecular-sieve (MS) bed for removing CO, and trace-species [2]. Double-bed TSA firstly

dehydrates air, a recommendation for best CO, removal [3].

TSA-PPU variants merely change bed composition and desorption method. For instance,
Pressure-Swing Adsorption (PSA) exhibits less operational costs than TSA, but with
drawbacks from its minute =20min cycle-times such as larger adsorbent inventories, lower
adsorbent durability, higher maintenance costs, and air loss from depressurizations [4].
Therefore, combining temperature and pressure desorption effects is the most cost-effective
air pre-purification [5]. However, given the trend to reduce power consumption, PSA loses
effectiveness as Cold-Box pressure decreases [6]. In this sense, triple-column Cold-Boxes
have been proposed for oxygen supply from =3 bar air [1, 7], contrasting with common <5.5
bar double-column Cold-Boxes. Consequently, TSA-based PPUs are dominant for low-
pressure Cold-Boxes. However, Zhou et al. [8] pointed out disadvantages of TSA-based
PPUs when vapor-recompression distillation is employed with single low-pressure column,

reducing adsorbent capacity and shrinking cycle-times.

Brigagao et al. [9] presented an alternative PPU concept based on supersonic separator (SS).

In SS-based PPUs the SS performs the lion-share of the purification service removing 299%
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of H,O from the compressed raw air feed, requiring only a small finishing MS-TSA unit to
remove the remaining H,O, CO, and trace-species. Such SS-based PPU comprising air
compression, air cooling, SS and MS-TSA is hereinafter referred as SS-TSA, while the
conventional TSA-based PPU is referred as FULL-TSA. A heat-integrated SS-TSA variant —
SS-TSA-HI - can also be devised replacing low-pressure steam (LPS) by warm water (WW)
from compressor intercooler to heat nitrogen for TSA regeneration. SS-TSA and SS-TSA-HI
are embodiments of the pending patent No. BR102017027727-5 registered in the Brazilian
Patent and Trademark Office [10].

Energy and economic assessments of SS-TSA, SS-TSA-HI and FULL-TSA, were object of a
previous work [9]. SS-TSA-HI seconded by SS-TSA economically outperformed FULL-
TSA, achieving lower purified air break-even prices, due to drastic reduction in LPS for
heating regeneration nitrogen, despite a tiny increase in compression power accounting for
SS head-loss. In the present work SS-TSA, SS-TSA-HI and FULL-TSA are analyzed from

the perspective of exergy preservation.

4.1.2. Supersonic Separator

Supersonic separators (SS) are commonly applied under high-pressure in offshore natural gas
(NG) conditioning for removal of condensable hydrocarbons with minimum head-loss [11].
SS is also utilized for simultaneous water dew-point adjustment and hydrocarbon dew-point
adjustment of high-pressure NG [12]. Moreover, Arinelli et al. [12] also demonstrated SS
utilization for CO, removal from dry CO,-rich NG. Fig. 4.1 portrays SS geometry with linear
diameter profiles restricted to essential one-dimensional (1D) axial flow characteristics of SS
modeling including swirling and collecting vanes. SS phenomenology was fairly explained in
Arinelli et al. [12] and Brigagao et al. [9].

D,

Subsonic Swirl _I
7 Device

1
Condensate 1

Fig. 4.1. SS Sketch with linear diameter profiles depicting velocity gradient.
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SS operation is regulated by kinetic energy conversion affecting conditions and properties of
the fluid. A critical aspect for SS modeling is the correct determination of the multiphase
equilibrium sound speed (c) property for estimation of the Mach number (Ma = v/c) on SS
path. A rigorous thermodynamic model for sound speed (c) evaluation was provided in de
Medeiros et al. [13] including the development of a HYSY'S unit operation extension (UOE)
for determination of the phase-equilibrium ¢, named PEC-UOE. For SS design and
simulation in HYSYS, Arinelli et al. [12] developed a SS unit operation extension — SS-UOE
— capable to handle multiphase supersonic flow, condensate removal and normal shock
transition. SS-UOE uses PEC-UOE for multiphase ¢ and sizes SS nozzles with linear
diameter profiles determining (Fig. 4.1) converging (Lc), diverging (Lp) and total (L) lengths
and throat diameter (D) so that sonic flow (Ma=1) occurs at the throat. SS-UOE obtains SS
stream products at stagnation — treated gas and condensate — demanding the following inputs
(Fig. 4.1): feed stream at stagnation, inlet/outlet diameters (D,,Do), converging-diverging

CMP _EXP
iy

wall angles (a,f), compression/expansion adiabatic efficiencies (i ), and maximum

attained supersonic Ma (Ma>"**

limited to simple vapor-liquid equilibrium (VLE) [14], SS-UOE and PEC-UOE efficiently

). While other SS thermodynamic models are generally

simulates SS processing of raw NG with three-phase flow of immiscible water and
hydrocarbon liquid phases in equilibrium with gas. SS-UOE automatically retrieves the feed
stream from the HYSY'S flowsheet and inserts the solved SS product streams in the flowsheet.
SS feed and product streams are all at stagnation conditions to comply with other process
streams, where external energy balance of each unit operation is only enthalpy-dependent.
Therefore, there is no contribution of kinetic energy to exergy of streams in the flowsheet.

4.1.3. Exergy Analysis and Reference Environmental Reservoirs

Exergy analysis evaluates exergy preservation/destruction relatively to a reference
environmental reservoir (RER) conceived to assess chemical and power plants [15]. By
determining the exergy content of streams, exergy analysis detects thermodynamic
imperfections in the process, identifying and locating entropy sources (irreversibilities), and

also enabling waste minimizations and optimum resource utilization [16].

Exergy of streams is context sensitive and has no meaning without a RER [17], as streams
must have zero exergy when attaining chemical and thermo-mechanical equilibrium with
RER. For some systems with working fluids in closed-circuits, changes of chemical exergy

are neglected limiting exergy analysis to thermo-mechanical transformations [18]. However,
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most applications require complete RER framework, with two considered routes: (i) choose
suitable RER to the problem [19]; or (ii) use a generalized universal RER, such as the
equilibrium-based model [20] and the reference-substance model [21]. Considering that
RERs can be arbitrarily chosen to best fit the analyzed system and its surroundings, a good
practice is to perform exergy analysis using at least two different RERs to avoid RER
inconsistences and blind spots. An adequate RER avoids overrated exergy values preventing
hidden irreversibilities from inflated exergy efficiencies (¢) [20]. To bypass exergy
overrating, some exergy works have focused on exergy variation instead on its absolute
value, replacing efficiency ¢ by rational exergy efficiencies y defined for each unit [7].
Ghannadzadeh et al. [22] demonstrated in their study on NG processing with the RER of
Szargut et al. [21], that y displays thermodynamic performance of equipment revealing

irreversiblities, while ¢ hides them due to values above 99.4%.

In spite of this, it is possible to deflate exergy values by merely choosing RER adequately to
have better description of thermodynamic performances with unambiguous ¢. In this work
exergy analysis is performed by means of two RER approaches and exclusively using

traditional exergy efficiencies (¢).

4.1.4. Exergy Analysis of PPUs for Cryogenic Fractionation

Several recent works address exergy analysis of ASUs but very few presented analysis of PPUS.
Additionally, cooling-water (CW) systems have been neglected in overall process performance
despite the considerable exergy flows associated to evaporative CW-cooling, CW pumping
and air exhaustion. Furthermore, all these works performed exergy analysis exclusively using

standardized RERs with fixed tabular composition and chemical exergy factors.

Cornelissen and Hirs [23] carried out exergy analysis of a low-pressure double-column Cryo-
ASU producing gas and liquid products coupled to a N, liquefaction unit. The liquefaction
unit uses N, compression above 30 bar, being identified as the major exergy sink overcoming
ASU losses. Within the ASU, the PPU with air compression and TSA represented the main
source of irreversibilities. Raw air was compressed to 6.2 bar with 70% of polytropic
efficiency and sent to a Direct-Contact Aftercooler (DCA) fed with CW and 7°C chilled-
water (ChW) from a freon chiller. TSA used superheated steam (11 bar, 210°C) for heating
N, to 170°C. For exergy evaluation authors used a commercial extension for Aspen-Plus [24]
working with the RER of Szargutetal. [21]. Increasing the polytropic efficiency of compressors
to 85% the PPU efficiency reached e~59%. Excluding chiller losses & reached ~61%.
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Fu and Gundersen [25] presented exergy analysis of a conventional Cryo-ASU producing
low-pressure 95%mol oxygen. The PPU comprises main air compressor (MAC), air cooling
and TSA. MAC and air cooling represented the largest exergy losses, accounting for 38.4%

of total losses of base-case, with MAC adiabatic efficiency #"©

=82% and driver efficiency
n°RVER=97%. The TSA generated 12.6% of exergy losses. With available data one can

estimate the PPU efficiency (&) within 50-60%.

More recently, Fu and Gundersen [26] performed exergy assessment of an oxy-combustion
coal-fired power plant, which besides the Cryo-ASU and power generation also included CO,
conditioning for storage. In both works RER choice follows Szargut et al. [21]. The same
previous ASU was evaluated with slightly different conditions. While the exergy losses of the
oxy-combustion system were dominated by combustion reactions, the largest exergy loss
related with CO, capture occurred in MAC and air cooling in the PPU. A high £~88% was
presented in MAC and air cooling (5"©=82%, #°"VER=97%), a reflex of high exergy values
of CW streams, contrasting with 75% less exergy destruction in TSA, despite its lower
£281%. Considering as waste exergy the exergy increase of CW streams leaving the PPU, the

overall PPU efficiency reached ¢~60%.

Van der Ham and Kjelstrup [7] performed exergy analysis of two Cryo-ASUs: a double-
column and a triple-column, with focus on the Cold-Box, assuming both ASUs fed with 5 bar
purified air. Thus, the PPU was not assessed. Exergy destruction in the triple-column ASU
was found to be =72% lower than in the double-column, but such advantage was underrated
as the triple-column actually requires air at only 3 bar. In later work, Van der Ham [27]
investigated overall exergy efficiency of an integrated-gasification-combined-cycle gasifying

coal with oxygen from a heat-integrated distillation Cold-Box without PPU.

Querol et al. [28] developed an applicative for exergy and thermo-economic analyses of
processes implemented in Aspen-Plus and applied it to a Cryo-ASU without PPU as it was
assumed 6.6 bar contaminant-free air intake. However, from the furnished data one can
estimate an analogous PPU efficiency of e~71.6% with *°~75%. The same ASU was later
investigated by Ebrahimi et al. [29], which performed energy, exergy and economic analyses.
From the data, a PPU efficiency of e~74% is estimated assuming #"°=80% in the 1% MAC

stage and #"°=76% in the 2" stage.

Zhou et al. [8] carried out exergy analyses of vapor-recompression distillation ASUs and

compared their performance to a double-column ASU. This work also privileged Cold-Box
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exergy analysis. The PPU was not considered, as a single valve replaced the TSA unit,
therefore being limited to head-loss, besides neglecting H,O in air feed, which explains a
high PPU efficiency of ~73% for 4.3 atm air with s""“=80%.

4.1.5. The Present Work

The PPU relevance for Cryo-ASU exergy performance has been frequently neglected in the
literature and those works including it in the exergy analysis address only FULL-TSA PPUs
with air feed pressure above 4 bar without considering the CW-System. Counterpointing
these trends, the present work explores a new SS-based PPU concept for low-pressure =3 bar
ASUs, addressing exergy analysis of SS-TSA and SS-TSA-HI SS-based PPUs comparing
them with conventional FULL-TSA PPU. The SS abates 99% of the water drastically
lowering the TSA load which now requires only a small TSA unit to remove water-traces and
CO,. PPPU improvements are also pinpointed to reduce utility consumption and exergy
destruction. Additionally, RER choices are quantitatively discussed for efficient PPU exergy

analysis. The literature does not have similar exergy assessment of SS-based air purification.

4.2. PPU Design and Simulation

Simulation and design of FULL-TSA, SS-TSA and SS-TSA-HI were performed in HYSYS
8.8. From these results operating conditions, compositions and thermodynamic properties
(H,S) of material streams were extracted for exergy analysis. HYSYS was also used for
calculating RER chemical potentials of species. A TSA routine was integrated to simulation

for sizing and for estimating regeneration heat duties.

FULL-TSA, SS-TSA and SS-TSA-HI are respectively depicted in Figs. 4.2a-4.2c, with TSA
vessels on-adsorption tagged as “TSA/OP” and those on-regeneration as “TSA/REG”. FULL-
TSA, SS-TSA and SS-TSA-HI are briefly described. Complete descriptions are found in the
Supplementary Materials and in Brigagao et al. [9]. Exergy analysis was applied to overall
flowsheets as well as to sub-flowsheets in shaded boxes of Figs. 4.3a-4.3c. Only streams
crossing boundaries were taken into account. Tables W1.1 and W1.2 of Appendix W1 list
material and energy streams crossing boundaries of each sub-system and inform the origin,

destination and description of streams according to Figs. 4.2a-4.2c and 4.3a-4.3c.
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Fig. 4.2. (a) FULL-TSA; (b) SS-TSA, (c) SS-TSA-HI
(TSA/OP=on-adsorption; TSA/REG=on-regeneration).
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PPUs initiate with atmospheric air stream#1 (P=1 atm, T=25°C, RH=60%) feeding the two-
staged intercooled Main Air Compressor (MAC) sub-flowsheet. A condensate drum
(stream#19) follows the intercooler, but no liquid is formed at T=40°C, P=1.9 bar. MAC
discharges air (stream#2) at P=3.180 bar in FULL-TSA (Fig. 4.2a), and at P=3.225 bar in
SS-TSA/SS-TSA-HI (Fig. 4.2b-4.2c) to handle the SS head-loss targeting the same purified
air pressure (3.10 bar) leaving the PPU (stream#7). The compressed air (stream#2) goes to
Direct-Contact Aftercooler and Evaporative Water-Cooling (DCA/EWC) (Figs. 4.3a-4.3c)

being cooled to 10°C (stream#3) before purification.

In SS-TSA/SS-TSA-HI compressed air at 10°C (stream#3) goes to SS (Figs. 4.3b-4.3c),
whereas in FULL-TSA it is sent to TSA. In SS-TSA/SS-TSA-HI, SS plays a central role
abating 98.65% of H,O from compressed air at 10°C (stream#3), producing dry air at 3.165
bar (stream#11) with less than 500 ppm of contaminants to be removed by the finishing MS-
TSA. The SS super-cooled condensate (stream#12) is injected into the ChW from EWC

reducing water losses (Figs. 4.2b-4.2c¢).

The finishing MS-TSA of SS-TSA/SS-TSA-HI differs from conventional TSA of FULL-TSA
PPU as the big activated-alumina (AA) bed is eliminated considerably reducing adsorbent
inventory and equipment size. Purified air leaves TSA (or MS-TSA) and passes through a
particulate filter (not shown) and goes to the Cold-Box (stream#7). Exhaust N, from TSA

regeneration is released to the atmosphere (stream#10).

There are two differences between SS-TSA and SS-TSA-HI: (i) N, for MS-TSA regeneration
is heated with LPS in SS-TSA and with warm-water (WW) in SS-TSA-HI (stream#13); and
(i) CW leaves the MAC intercooler at 45°C in SS-TSA, while WW leaves the MAC
intercooler at 90°C in SS-TSA-HI. In this work, the CW-System is included in the exergy
analysis for evaluation of the effect of compression heat dissipation instead of considering
CW as external input/output streams, so that heat exchange with CW is internalized avoiding

large transit of exergy through PPU boundaries.
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4.2.1. Assumptions for PPU Simulation and Design

[A1]
[A2]

[A3]

[A4]
[AS]
[A6]
[AT7]
[A8]

[A9]

[A10]
[AL1]
[A12]
[AL3]
[A14]

Thermodynamic model: Peng-Robinson Equation-of-State (PR-EQS).

SS design/simulation via HYSYS SS-UOE [12] and PEC-UOE for phase-equilibrium
sound speed calculation [13].

Air intake: 13580 kmol/h, P=1 atm, T=25°C, RH=60%, N,=76.61%mol,
0,=20.55%mol, Ar=0.91%mol, H,0=1.89%mol, CO,=363 ppm-mol.

Filters: MAC inlet and TSA outlet, 4P=1 kPa each [4].

Triple-Column Cold-Box purified air: P=3.10 bar [30].

Booster Air Compressor: absent.

Intercooler air-outlet: T=40°C, 4P=10 kPa.

Direct-Contact Aftercooler (DCA): bottom-structured-packing fed with CW, 03
theoretical stages, 4P=2 kPa; top-structured-packing fed with ChW, 10 theoretical
stages, 4P=4 kPa, T™""'=10°C.

CW: [30°C,45°C], 3 bar, 4P=50 kPa.

WW/CW (SS-TSA-HI MAC-Intercooler): [30°C,90°C], 3 bar, 4P=50 kPa.

LPS: saturated-steam, 4 bar, 143.6°C, leaving as saturated-liquid.

Adiabatic efficiencies: nM“=85%; r*-°VE°=7506; n"N=750; n"MP=75%.

Driver efficiency: 100%.

SS specifications (Fig. 4.1): single SS nozzle, D,=0.87m, Do=0.69m, 0=12.67°,

B=2.66°, n5*"=4""P=100%, Ma*"**=1.2.

[A15] MS-TSA (SS-TSA/SS-TSA-HI): 03 vertical vessels, flow-reversal, 02 vessels adsorbing,

[A16]

[AL7]
[A18]
[A19]

[A20]

[A21]
[A22]
[A23]
[A24]

01 desorbing, %’ 13X zeolite, cycle-time=12h, regeneration-time=4h, AP=1 kPa.
TSA (FULL-TSA): 08 vertical vessels, flow-reversal, 04 vessels adsorbing, 04
desorbing, %’ AA, %” 13X zeolite, cycle-time=8h, regeneration-time=4h, 4P=1 kPa.
Regeneration heat duty: uniformly distributed along TSA cycle-time.

TSA/MS-TSA bed saturation: 95%.

TSA/MS-TSA capacity: from experimental isotherms and adsorbate partial-pressure
[31] corrected to design feed temperature of 15°C (Table 4.1).

FULL-TSA: AA sized for H,O removal; MS sized for CO, removal; regeneration
TN?=133°C.

SS-TSA/SS-TSA-HI: MS sized for H,O-trace/CO, removal; regeneration T"2=80°C.
CW cooling-tower: 03 theoretical stages, Head™"=1.325 kPa, P°"!eA'=1 atm,

TSA design: from Campbell [32]; regeneration equations from Kerry [4].

Cold-Box pure N,: P=1 atm, T=14°C.
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Table 4.1. Adsorbent parameters for TSA routine.

Adsorbent/ Bulk Specific  Ads. Ads.
PPU ) qorbate DENSity Heat® Heat® Capacity®
(kg/m?) (k3/kg.K) (kI/mol)  (g/kg)

AA/H,O0  769° 1.00 48.6 64

FULL-TSA MS/CO, 640°  0.92 34.3 51
SS-TSA/  MS/H,0 b 51.5 83
SS-TSA-HI MS/CO, 640 0.92 34.3 51

& BASF, F-200 Activated-Alumina for liquid/gas drying, 2009; ° Alibaba,
Jiuzhou 13X Molecular Sieve: air purification, 2017; °Hahne, E. “Heat
storage media”. In: Ullmann’s Encyclopedia of Industrial Chemistry, 2005,
9Rege et al. [31]; ®Taps=15°C (Design T).

4.3. Exergy Analysis

The exergy flow rate of a material stream represents the maximum rate of work obtainable
when the stream reaches equilibrium with RER. Power streams represent pure exergy
streams, while the exergy equivalent of a heat stream corresponds to equivalent power
produced by a Carnot machine fed with the heat stream and connected to the RER. In this
sense, the exergy analysis of a system involves evaluating the exergy flow rate of all

input/output material and energy streams using the RER definition.

4.3.1. Theoretical Aspects

Fig. 4.4 depicts a finite steady-state open system and its interactions (curly arrows) with
reservoirs with indefinite contours. Reservoirs are infinite and in perfect internal equilibrium.
They have selective boundaries allowing bidirectional flow only of theirs specific exchangeable
quantities. Each reservoir is characterized by one or more inten