Universidade Federal do Rio de Janeiro
Escola Politécnica & Escola de Quimica

Programa de Engenharia Ambiental

George Victor Brigagao

TECHNOLOGICAL ALTERNATIVES FOR CARBON

ABATEMENT AND EXERGY EFFICIENCY: POWER

GENERATION, PROCESSING OF CORICH NATURAL
GAS, AND BIOREFINERIES

Rio de Janeiro
2019



George Victor Brigagéo

TECHNOLOGICAL ALTERNATIVES FOR CARBON

ABATEMENT AND EXERGY EFFICIENCY: POWER

GENERATION, PROCESSING OF CEORICH NATURAL
GAS, AND BIOREFINERIES

Tese de Doutoradoapresentada ao Programa de

Engenharia Ambiental, Escola Politécnica & Escola

de Quimica, da Universidade Federal do Rio de
Janeiro, como parte dos requisitos necessarios a
obtengcdo do titulo de Doutor em Engenharia

Ambiental.

OrientadoresJosé Luiz de Medeiros, DSc.
Ofélia de Queiroz F. Araujo, PhD.

Rio de Janeiro
2019



B854t

Brigagao, George Victor.

Technological alternatives for carbon abatement and exergy
efficiency: power generation, processing of CO,-rich natural
gas, and biorefineries / George Victor Brigagédo. i 2019.

321 f.:il. 30 cm

Tese (doutorado) i Universidade Federal do Rio de Janeiro,
Escola Politécnica e Escola de Quimica, Programa de
Engenharia Ambiental, Rio de Janeiro, 2019.

Orientador: José Luiz de Medeiros.

Coorientadora: Ofélia de Queiroz Fernandes Aradijo.

1. Captura de CO.,. 2. Geracao de eletricidade. 3. Gas
natural. 4. Separacao do ar. 5. Biorrefinaria. |I. de Medeiros,
José Luiz, orient. Il. Aradjo, Ofélia de Queiroz Fernandes,
coorient. lll. Universidade Federal do Rio de Janeiro. Escola
Politécnica e Escola de Quimica. IV. Titulo.




TECHNOLOGICAL ALTERNATIVES FOR CARBON

ABATEMENT AND EXERGY EFFICIENCY: POWER

GENERATION, PROCESSING OF CORICH NATURAL
GAS, AND BIOREFINERIES

George Victor Brigagao

Orientadoreslosé Luiz de Medeiros, DSc.
Ofélia de Queiroz F. Araujo, PhD.

Tese de Doutoradoapresentada ao Programa de
Engenharia Ambiental, Escola Politécnica & Escola de
Quimica, da Universidade Federal do Rio de Janeiro,
como parte dos requisitos necessarios a obtencdo do
titulo de Doutor em Engenharia Ambiental

Aprovada pela banca:

Prof. José Luiz de Medeiros, DSc, UFRJ (OrientaBogsidente

Prof. Ofélia de Queiroz Fernandes Araujo, PhD, UgBtintadora)

Prof. Assed Naked Hadda®Sc UFRJ

Prof. Bettina Susanne Hoffmann, DSc, UFRJ

Prof. Marcio José Estillac de Mello Cardoso, PhD, UFRJ

Prof. Carlos André Vaz Junior, DSc, UFRJ

Fabio dos Santos LiporaceSc PETROBRAS

Rio de Janeiro
2019



AGRADECIMENTOS

Agradeco primeiramente aos meus amados familiares, que me deram todo o apoio para

gue eu pudesse realizar este trabalho com tranquilidade e conforto.

Ao Prof. José Luiz e a Prof.2 Ofélia Araljo pela orientacdo, awdkaljcacéo,

confianga, experiéncia e conhecimentos transmitidos.

Aos meus amigos e colegas de trabalho mais proximos Lara, Igor, Alexandre, Darley e
Juliana, com quem tive a honra de participar em trabalhos de colaboracao, e que além
de terem me acompanhadorante todo este processo me dando importante motivacéo,

diretamentecontribuiram para contetdo dsta tese.

Aos demais amigos e colegas de laborat@ie também me acompanharam de perto
me auxiliandmeste processem especidisrael,icaro, Guilherme e Matheus

Aos demais amigos da UFRJ que me deram importante apoio para perseverar neste
caminho, em especiglisa, Cintiae Andressa.

Aosqueridosamigodoradauniversidadequeexercerantambénpapelmuitoimportante

durante tdo conturbada faserdmha vida, em especial Laiza, Junior, Mara e Andréa.

A querida Aline, que desde o mestrado incentiva e da forca a minha formacéo
académica, e ao amigo Artur, que sem duvidas foi responsavetktpel@e minha

carreira.

A Petrobras pelo suporte finana®ir



RESUMO

BRIGAGAO, G. V. Alternativas Tecnoldgicaspara Abatimento de Carbono e
Eficiéncia Exergética: GeragaoTlermelétrica, Processamento de Gas Natural iRo

em CO, e Biorrefinarias. Tese (Doutorado em Engenharia Ambiental), Programa de
Engenhari?Ambiental, Escola Politécnica & Escola de Quimica, Universidade Federal
do Rio de Janeiro2019. Orientadores]osé Luiz de Medeiros Ofélia de Queiroz
Fernandegraujo

Emum cenariodelongoprazo @& aquecimento global, a implementacéo de alternativas
tecnologicas para reducdo e@enissbes de COem termelétricas @nportante para
viabilizar metas de reducéo de carbono. Além disso, consideageddéncigprovavel

para ocrescimento no uso de gas naturas proximas décadassatuais preocupacoes
ambientaistrazem particular atencdo aos impactos ligados as atividgutieeamde

Oleo e gas, especialmente em face das recentes descobertas de reservasgastendo
natural com alto teor de C£© Neste contexto, &s trabalho desenvolve e analisa
tecnicanente, economicamente, ambientalmente e exergeticameitiernativas
tecnoldgicas que atendem aos desafios aliggidosa reducédo de carbono na geracao
de eletricidade ena purificacdo degyas naturakico em CQ. Em primeiro lugar, di
desenvolvid um projeto inovador de separagdo criogénica do ar para producédo de
oxigénio em larga escalpara supriroxicombustdoEm seguida, é apresentadm
conceito inovadode prépurificacdo @ ar parafracionamento criogénico utilizando
separada@ssupersonicecomo operacgao principal seguida por adsodgiacabamento

com desempenho econémico supeéobta convencional de pprrificacdo de apara
plantascriogénicasle fornecimeto de oxigénioE mostrado que a pygurificacdo de ar
com separadores supersonicos apresenta também eficiéncia exergética superior a rota
convencionalEm terceiro lugar, m processamentaffshorede gas naturatico em CQ,

para maior lucratividade, menores consumo dénptd e impacto ambientadbordam

se etapas sequenciais depardoressupersoéniosi visando aocajuste simultdneo de
pontcs de orvalho de agua e hidrocarbonetod remocao de CQOi proporcionando
aumentoda producéo de 6leo e regfio e investimentado procesamentoPor fim, en
areas rurais analisese a producdo de biogas e@mcessamento deabugosie milho
paragerar combustivel detmelétrica, tendo envistaambasviabilidades econémica

e impactodireto paraeducdo demissdes dearbono no setor elétrico.

Palavras-chave:Captura de Cg& geracao de poténcia; gas natural; separacao do ar;

eficiéncia exergétigabiogas



ABSTRACT

BRIGAGAO, G. V.Technological Alternatives for Carbon Abatement andExergy
Efficiency: Power Generation Processing of CQ-Rich Natural Gas, and
Biorefineries. DSc.Thesis(Doctoratein Environmental EngineeringEnvironmental
EngineeringProgram EscolaPolitécnica& EscoladeQuimica,FederalUniversityof Rio
deJaneirg 2019. Advisors José Luiz de Medeirp®félia de Queiroz Fernandes Araujo

In a scenario of longerm global warming,the implemenation of technological
alternatives foreducing CQ emissions ofuel-fired power plants ismportantto attain
targets of carbon reductioMoreover,considering thdrend ofgrowth of natural gas
utilization in the next decadessustainability concerns bring particular attention to
environmental impacts associated with@als upstream activitiegspeciallyin view of
recent discoveries afatural gageserveswith high CQ content In this context, his
work develops and analyzesechnically, economically, environmentally and
exergetically technological alternativesotmeet challengeof carbon reduction in
electricity generation angrocessing ofCO,-rich natural gasFirstly, an innovative
design was developed foryogenic air separation usior largescalesupply of oxygen

to oxycombustion Secondly it is presentedan innovative concept ohir pre
purification unit for cryogenic air separatigorescribing utilization of supersonic
separatas followed bya finishingadsorptionstep with superior economic performance
comparatively to the conventional route of air prgification for cryogenic oxygen
supplyplants It is shown that air prpurification with supersonic separators has also
greater exergetic efficiency than the conventional route. Thirdly, for better profitability,
lesser power consumption and environmaéirhpact n offshore processing of G@ich
natural gasit is approached the utilization sequentiabteps oflsupersonic sepa@si

for simultaneous adjustment of water and hydrocarbon-pEats 1 allowing oil
productionincrease and investmergduction Finally, inrural areasit was analyzed the
production of biogas and the processing of corncobgrmducing norfossil fuels for
power generationin view of both proven economic viabilitiesd direct impacts for

reducingcarbonemissionsn the electricity generation sector.

Keywords: CO, capture power generation natural gas;air separation exergy

efficiency, biogas

vi
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1. INTRODUCTION

1.1. CQ Emissions

As the world energynatrix is still dominated by fossil fueknd few effortsare appliedor

carbon sequestratip®©O, emissions ontinueto increase every yeamposing a threabver

humanity about the long-term consequences of global warming advancem&he IPCC
(2014) have estimated that t himpaatss pseignedsoh ar e (
CO, global emissionsso it is considered as the main greenhouse gas (AR®)is sense,

Fig. 1.1 illustrates the historical evolution of GHGs total erissiby component and origin

in terms of CQ@-equivalent (for accounting the actual global warming potential of each
molecule). Details of C®emissions parcel byse offossil resaurcesoil, gas and coaare

presented in Fig. 1.2.
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Fig. 1.1.Globalemissions of greenhouse gases by component and origin (Olivie261.@).

According to the IPCC (2013), it will be necessary to cug €Qissions by 50% to limit the
increase of average global temperature to 2°C by 2050.mmede global warming

advarcement initiatives for carbon reductionn all economic sectors are made necessary,



while implementation of effectivactionsby private companies usually driven by low-

carbon policies imposed byovernamental pressyrefollowing determinations of
international agreements in thisgard Among all human activities, electricity generation
stands out as the most impactful economy sector in terms of carbon footprint. This is clearly
demonstrated in Fig. 1.3, where historical evoluief the footprints of several economy
sectors are presented. Evidently, these emissions are derived from the operation of fossil fuel
thermal power stations, which holds the largest shaneodtl electricity generation. It can be
understood, thereforéghat implementation of technological alternatives for carbon reduction

in this sector is critical for the achievement of Paris Agreement targets.
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Fig. 1.2.Global emissions of C£by fossil resourcefEA, 2016).

The world claims for less carb@missions but also demands more energy supgiealing

a dual challenge for the current global energy sysfEine issueis addressed bygradual
transition in world energy matriXpreseeinga future withrenewabls playng central rolein

the place offossil resources.Neverthelessutilization of natural gas is also predicted to
increasan the next few decadeacting as a bridge source into a renewable energy future. In
this sense, Fig. 1.4 presents the prospects to 2035 on the use of principalsenergg as
estimated by BP (2017), evincing natural gas gaining importance together with substantial
advancement of renewahiesourceqFig. 1.4b) Considering that there is a trend for growth
in the use of natural gas, and that oil extraction will ca®ito be important in the near
future (Fig. 1.4a) sustainability concerns bring particular attention to environmental impacts
associated with oijas upstream activities.
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Fig. 1.3.Principal agents of C£&jlobal emissions from 1970 to 2010wn elaboration
DatasourcesThe Shift Project (2018) and World Bank (2018).

New oil-gas reserves often impose technological challenges for extraction and/or
conditioning of productdn this regard, environmental impacts are expected to be worsened
as moresevere conditions are applied to upstream activilessalt fields ofthe Southeast
Brazilian coast are insertéa sucha context among other issueshese fieldsare featured by
huge flow rates of raw natural gas being associated to oil prodatbhighultra-high CO,
content in the gascommonly exceeding0%mol Development of efficient and compact
technological alternatives is required fuch remote offshorgcenarigsolving challenges of
CO, removal and fuefjas use minimizatigrwith reinjection to reservoir being the most
suitable destination fahe fossil CO,.
Billion toe (a) (b)

18 : 50% |
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6 - mwHydro oil
14 Nuclear 40% |
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Fig. 1.4. World energy matrix by source. Historical evolution within 12885 and
projections to 2035: (a) primary energy consumption; and (b) shares of primary.energy
*Renewables includes wind, solar, geothermal, biomass, and biofuels (BP, 2017).



1.2. CQ Abatement Technologies

Carbon capture and storage (CCS) systems constitute important alternatives to substantially
reduce CQemissions from stationary sources while renewable energy sources are not widely
T and intensivelyi applied. These CCS systems involve the following steps: &@@ture,
compressiontransportation, and final disposal in a geological reservoir, whicluréted

in Fig. 1.5 for a power plant with pesbmbustion C@capture. In norconventional capture
routes (precombustion and oxgombustion), power generati@part ofthe CCS scheme, as

it is integratedwith CO, captureimplying substantiamodifications in the original procesA.

major handicap is thaill CCS stepsare energy and capitaintensive.Except when CQ@
injection is availed for enhanced oil recovery (EOR)D, abatementsolutions with
geological storagevastly increaseexpensesvithout adding any revenues to the operating
company.Therefore, ® become economically feasiblECS demandsthe intervention of
governamental policiefor reduction ofGHGs emissions, such #se useof carbon taxation

to charge CQ emissionsyhereavoidance of economic penalties becomes a drifonce for
effective implementation of CCS routddoreover,another major issue the need for long
distance transpation to geological reservoir&hich becomesritical in countries wherehe
storage apacity is limited or only availablend safe in remote dfshore environments

(CuellarFranca and Azapagic, 2015).
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Fig.1.5. Conceptuastepsof CarbonCaptureandStoraggpostcombustiorcapturallustration)

In the context of electricity generation thermal power stations, G@apture is generally

conceived through one of the following conceptual routes-gasibustion, pr&ombustion,

4



and oxycombustion.A general scheme in this regard, also embracing processes not using

combustion, is presented Fig. 1.6 withinclusion of CO, industrial separatiomoutes

depictinga wideview of mainconceptualCO, capturepathwaydor industrial activities
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Fig. 1.6.CO; capture routes (IPCC, 2005).

Postcombustion route is characterized by Le€eparation from flue gas which is
performed downstream to conventionaHaied combustionAll necessary structure for GO
capture can be simply attached to existent industrial plants in operation without any
requirement to change the original praceSxhaust gasdseing processedre generally at
nearly atmospheric pressure, presenting highcdhtent and low C@®content. As these
streams have low C{partial pressure, C{removal is commonly performed via chemical
absorption with amines, a maturechnology. Postombustion is by far the most usual
method of CQ capture, mainly due to its advantageirmplementatiorsimplicity. However
comparedo othercaptureroutesconventionapostcombustiorsolutionsusuallyentailhigher
operational costs and highpotential ofother kind ofenvironmental impacts (Kanniche et
al., 2010; CuéllaFranca and Azapagic, 2018hemical absorption with amindgs wel
known issue®f high heat duty involved in solvent regeneration and lossesed by solvent

degradationwhich motivatanvestigation of alternative techonologies for Sfapture.



Precombustion CQ capture is based on fuel decarbonization prior to power generation,
beingcharacterizethy CO, removalfrom H,-rich gas, for a clean combustion wifa. Firstly,
synthesis gas (HCO+CQ) is producedy fuel gasification or reforni which is generally
followed by shift reaction for CO conversiénand then C@removalis executedThe lean

gas, mostlycomprising H, isfinally sent to power generatioDespite beingisuallythe most
expensive route in terms of capital investmgae-combustion capturées featured by two
particular advantages: (ifve conversion of solid fuels into high pressure gas allows the use of
gas turbinesthusenabling to replace traditionB®ankinecyclesby more efficient combined
cycles (as in Integrated Gasification Combitggtle power plants)ii) the operational cost

of CO, separatiorstep is substantially reducedmpared to postombustion C@removal,
since the synthesis gasas relatively high C® content while beingat much above
atmospheric pressure, both aspects implying in high @&tial pressurethus favoring
separationin this sensgtheelevated pressure of gas subjected tg €&pturein this route
alsoallows utilization of physical absorptiotechnologyas an option to chemical absorption

(CuéllarFranca and Azapagic, 2015).

Oxy-combustionCO, captureis based omractically pure oxygen replag air in power
generationwith requirement ofpartial reciculation of combustion products abate flame
temperaturdéwater/steam, dry or humid exhaust gag)e particular advantage of this method
consists inprodudng flue gas constituted mainly by G@nd HO, so that C® can be
obtainedafter water condensation. Therefore, it is possibleefgacea CQ removal step by

an air separatiorunit (ASU) for oxygen productionConsequentlythis is the only route
allowing 100% capture (zeremission power generation). Another characteristic is that
generation of nitrogen oxides (NQs substantially reducedue toflue gasrecirculation and
avoidanceof N introduction to combustion chambd& he main disadvantage of this route is
the requirement of exclusiveSU for permanent supply of gaseous oxygen (GG$ASUs

are always expensive tarms ofcapitalinvestmentandmanufacturingosts.

In relation toindustrial processesot involving power generationseveral technological
alternatives are availabllor CO, capture(e.g. chemical absorption, physical absorption,
membranepermeation cryogenicdistillation, adsorption, and; more recentlyg supersonic
separatiopy andidentification ofmost adequateptionsdepends on working scenario and
specific targets of the procedsor instance, to meet demands of offshore raw natural gas
processing, processes with reduced footprints and complexity are firstly taken into

considerationcommonlyimplying in the election of membrane permeation technology



1.3. Techonological Gaps
1.3.1. Oxygen production

The development of efficient technologies for air fractionation is a critical aspect for
competitiveness of oxgombustion systems due to hggh oxygen demand. Naturally, the
energy penalty for CO capture in these systems in mostly concentrated #0O.N
fractionation, even if the CQOis posteriorly subjected to finishing purification. Currently,
cryogenic separation is the only available option to prodk©OX in the required scalef an
oxyfuel power plant. Cryogenic ASUs are always enemgyd capitaintensive, and the
current technology, despiteing mature in largecale applications (up to 5000 tpd GOX), is
much more power demanding than it could theoreticall\eile the most efficient plants
demandl58kWh/tO, (Higginbotham et al2011), the minimum consumptiari a theoretich
reversible process (calculatedth the 2™ Law of Thermodynamics) i@ 5 0  kOwfbr the
same separation service (Fu and Gundersen, 2012). Since all of this excess power is wasted in
irreversibilities in the process, there is clear evidence that theps8dr requirement can be

substantially minimized by means of techonological improvements in the process.

For instance, Fig. 1.7 illustrates (in yellows bars) the potential for reduction of energy penalty
in air separation foa conventional ASU consumirZf0 kWh/t Q (typical consumption of

GOX 99.5%mol production in modern ASUS) in the context of an-aoal power plant. The
upper(light blue) portion of the bars represented in Fig.id fhe contributiorof a plausible
downstreantompressiomndpurificationunit (CPU)of CO, captured. In this example, while

the CPU consumes slightly less than twice the theoretical minimum, the ASU strinkingly
demands dimesthe minimum (Fu and Gundersen, 2012), etindes at best using GOX
95%mol with 158 kWit O, (Higginbotham et al., 2011).

12
. oCPU
§10 1 mASU
z g 1 &
1+
&
o 6 +
>
e , 1
o] 66 4
s 21 20

0 14

Base case Theoretical Case

Fig.1.7.Netefficiencyloss(in %HHV) causedy ASU andCPUin anoxy-coalpowerstation:
conventional casandtheoretical reversible processes (Fu and Gundersena2013
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Another technological gap associated to cryogeamidractionation is related with air pre
purification, whereH,0, CQ, and further minor hazardogsntaminantgor cryogenicASU
operationare removedrom air feed Currently, these prpurification units (PPUs) most
commonly regarded as part of the cryogenic ASUare totally based in separatidoy
adsorptioncomprisingatleasttwo alternatingvesselsvith high amount of adsorbemtaterial.
As conventionalPPUs are usually designed wilfemperature Swing Adsorption (TSA),
significant consumption oheatingutility is involved (e.g. lowpressure steamith the

required regeneration heat being dominatedelyoval ofmajor contaminantkl,O and CQ.

The most efficient processes for impure GOX production have their power demand
minimized due to the reduction of required pressure in the main line of air supply to the
cryogenic section of the ASU (Cold Box). Specifically, while the typical pressure of air
supply for conventional Cold Boxes is in the range ®6 bar, efficient ASUs have a
principal line at reduced pressure ®f3 laral a further one & 5 .bCansidering the
plausible development of more efficient technologies for cryogenic separation, itewill b
possible to fractionate air supplying the Cold Box with a principal lind at ©Fa and
Gundersen, 2013. Then in these processes where the Cold Box air feed pressure is
minimized, the PPWserviceis substantially enlargedith H,O content increaseMoreover,

the cooling capacityof air feedis also restrictedreducing water removal by condensation,
thus also increasing adsorption servieégh higher regeneration dutylhis issueis not
addressedn most recent publicationsn air separation fieldwhich usually only gives
importance to ASU cryogenic sectiofhese aspects evindbe need for development of
more efficientPPUs

1.3.2. CQ-rich raw natural gas processing

A current challenge associated with the relatively recent discoveries of giaSaPreil
reservesiearbyBrazilian Southeast (SEpast is the ffishoreproductionof oil with high gas

to-oil ratio (GOR) and elevated G@ontent in the ga#\s burning raw gas in flares rsiled

out demandingadequateprocessing oil-gas upstream activities isuch fields bears the
following characteristics(i) high power demand for processing the associated gas, for its
conditioning to own utilization, exporiah and reinjection; and (ii) equipmewnith much
larger sizethan usugla highly unwelcomeaspecigiventhe narrow availability of space and
weightin floating platforms, witrextremely high cost of occupied area. These circunstances



leverage the development of new technologies and imply in advances in the desayn of
FPSO rigs (Araujo et al., 2017).

In this context, raw natural gas (N@)ocessingnvolvesdehydratiori i.e. Water Dew Point
Adjustment (WDPA)1 to prevent hydrate ofmation removal of heavy HCs i.e.
Hydrocarbon Dew Point Adjustment (HCDPA)to prevent condensation in NG pipelines
and removal of acid gasésCO, and HS 1 to increase gas heating value, reduce flow rate
and avoid corrosianConventional processaslutionate these steps individually using large
number of equipmentand occupying large footprintsFor CQ removal] membrane
permeation offers good alternative of compact size compared to conventiah&mical
absorption technologyHowever, membranepermeation has issues ddw CH,/CO;
selectivityentailing significant losses of GHnd high pressure drap permeate side (CO
rich gas) implying high compression power requiremerftor gas dehydratignall
conventional solutioné absorpion with glycd and moleculasieve (MS) adsorption entalil
heavy units of large dimensionEor recovery of natural gas liquiddHCDPA), Joule
Thompson expansion with letemperature condensate remomagenerally applied, which
presents drawback of intense depregation implying high compression power demand

All of the above aspects reveal clear demandnew compacttechnologiesminimizing
power demand in gas processing pldntthisregard the recent technology of supersonic
separation emerges as a promising methodsHitely to bedisseminated in the near future,
asit is capableto performall steps cited above WDPA+HCDPA and CQremovali fitting

the platform needs in an economand compact wayMachado et al., 2012 rinelli et al.,
2017). A visual comparison of footprints is presented in Fig. 1.9, where the alternative using
conventional technologies WDPA via absorption with triethylenglycol and HCDPAvia
JouleThompsorexpansioni is compared to glant usinga singlesupersonic separator (SS)
unit’ comprising 2 SS nozzlewlving simultaneous WDPA+HCDPAfor 1/3 of processing
capacity whereas dll processing capacity would be attained with small incredselant
footprint. The SS technology is still poorly understood in current literature, with several
misconcepted approaches to sound velocity calculation in multiphase systedns
unappropriate  modeling of SS performanceffering fruitful circumstance fo the

development of several original works of great scientific and technological contribution.



Conventional Technologies

conventional technologies against supersonic separatoderii¢lo, 207Y).

1.3.3. CQ utilization and biorefineries

Alternativey to geologicalstorage CQO, utilization (e.g. chemical conversion) is a generally
preferred destination for the GQ@aptured, since it enables to aggregate revenues to the
project (from the sale of valuable products) while avoids the need fordistance
transportatiorto reservoir Far away from otgas fields CO, utilization is usually conceived

for applicationto largescale production of fuels, solvents, chemical commodities and
polymeric materials (e.g. polycarbonate). In this sense, carbon capture and utilization (CCU)
alternatives constitute means for implementation of circular economy concept as prescribed

by Industrial Ecology.

In the context of C@utilization technologies, a plausible alternative is microalgae cultivation
for biochemical C@ capture aiming the production of chemicatsd biofuels. In this sense,

Fig. 1.10depicts several microalgae procegspathwaysshowing thata biorefinery fed with
exhaust gas and mediated by microalgae production could offer a wide range of commercial
products. However, such a concdpt postcombustion C@ captureis rarely taken into
accountmaybebecauseghe scale of such processssupposed tentail prohibitively large
photobioreactor areaequired for microalgae cultivation Nevertheless, considering the
possibility for vast land availabilityn areas of higlsolarirradiancei|t is still reasonableo

guess whether theevenues obtained from commercialization of biorefinery prodscble

to return capitainvestedon installation and replacement of photobioreactor modules.

While the majority of works in this regard reports experimental results, Process Engineering

approachesncluding economic evaluation of alternativae raréy found in the literature
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With the support of some experimental datas possible tamplementthesesystems ima
commercial process simulato€onsidering that esreral CCU processesnvolving CO,
biofixation in microalgal biomass were neanalyzed before from technical and economic
perspectivesthis thesis explores gaps amethanolproduction via bimass gasificatiomand

biomethangroductionthroughanaerobic digestion
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Fig. 1.10.Examples of microalgae processing technologies (Costa and Morais, 2011).

While CCU and CCS technologieme recommended to play an essentiale in carbon
reduction at electric and egjas sectorgvhile world energy matrix moves towards renewable
resourcesefforts should be applied in the developmant implementationf full biomass
based technologie8iomass use for power generation Hasadvantage of being practically
carbonneutral, with CQ emissions beingplerable However,biomass production for energy
purposs endangersesponsible landse possiblyentailingcompetition with foogroduction.
Moreover, biorefineries usually requitegh product prices for economic attractiveness,
hamperingcompetitionwith traditional processelased orfossil resourcesConsequently,
preferred resources for such applicasi@ne bBrgescale agricultural wastes (e.g. sugarcane
bagasse and corncobsyyhich enables tosimultaneously sok problems of waste
management and carbon reductiorelactricity generation and industrial activities this
regard, this thesis explores a literature gap on comparative tecbnomic analyses of

corncobthermochemical conversion alternativesluding combustion to power generation
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1.4. Objectives

This thesis aims to develop and analyzhnological alternatives that meet current
challenges associatedth carbon reduction in fudlred powerplantsand in rawCO,-rich

natural gas processing, verifying techni@donomi¢ environmentafeasibility for practical
implementation. Specifically, three lines of research are addressed, where there are clear
technological gaps offering opportunity for theoguction of original technical material of

great interest to scientific communifRr1l} oxy-combustion C@capture, with emphasis on
oxygen production via cryogenic air separatioom adequateair prepurification, {R2}

offshore CQ-rich NG processingand {R3} chemical or biochemical CQutilization and
biorefineries, where two biomass sources are conceived: microalghes to its high
photosynthesis efficiendyand corncob$ a largescale agricultural residue.

Within the line {R1} of oxy-combustion oxygen productiorand air prepurification, the
following cases are evaluate() novel cryogenic ASU based otop vaporrecompression
distillation, for oxygensupply to azeraemission NG combinedycle powerplantwith oxy-
combustion C@captureto EOR (Brigagéo et al., 2019aand(ii) novel PPUfor cryogenic
ASU based onlow-pressuresupersonic separator (S®)llowed by finishing adsorption

(Brigagao et al. 2019hyvhich is assessed in terms of exergy efficiency (Chapter 4)

Within the line{R2} of offshore CQ@-rich NG processing, application of SS technology is
compared to conventional processes for perforrtiegdjustment of water and hydrocarbon
dewpoints and CQ removal. By comparison of severalternatives the mostattractive
processs suggested for application in the topside of a Idiapging hub forgas processing
(Arinelli et al., 2019 de Melo et al., 2019)

Within the line{R3} of CGO; utilization and biorefineries, the following cases are evaluated:
(i) thermochemical conversion aficroalgae cultivated for biofixation of CQ generated by

a power plant prescribing extraction of microalga oil andjasification for methanol
production(Wiesberg et al., 2017)ii) anaerobic digestion of microalgae bioméssthe
production ofbiomethane or electricityBrigagdo et al., 2019c)and (iii) thermochemical
conversion of corncobs for the production of methaetdctricity or fast pyrolysis bieil
(Brigagéo et al., 2019d)
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1.5. Justification

All technological alternativesnvestigatedin this thesis arensertedin the context of
plausibleroutes for carbon reduction, either by means of C&pture,power consumption
reduction lowering C@ emissions,CO, utilization or renewableresources utilization.
Although notall considered processes sh#re same scopeé not being directly connected
(air separation,air prepurification, raw NG processing, microalgaecultivation for
gasification oranaerobic digestion, corncob thermochemical comwey$ there are several

interface pointsvorthing mentiorin addition to thenain purpos®f carbon reduction.

Although this work does not intend to compére performance of all available technologies
for CO, removal from gaseous streameseach workingscenario severaklernativedor this
purpose are addresseabs most suitable choiceaccordingly to differentapplications
chemical absorptionapplied to treaexhaust gas, biogas and kpressure synthesis gas
feed9 (Brigagao et a).2019c; Brigagaoet al., 2019d Wiesberg et al., 2037 physical
absorption for high-pressure synthesis gagyViesberg et al., 2017)adsorption for
atmospheric air)Brigagao et al., 2019bmembrane permeation and supersonic separation
(both for CQ-rich NG) (Arinelli et al., 2019de Melo et al., 2019 besides biologicaCO,
capture with microalgae cultivatiorfo¢ exhaust gasjWiesberg et al., 2017)Supersonic
separators and membranes dayeite advantageous alternatives flwulk CO, removal
applications (lean gas20%mol CQ) in offshore processing of GAich NG because of their
compactnesgArinelli et al., 2017; Arinelli et al., 2033Je Melo et al., 2019 Adsorption is

the ideal option fodeepremoal of trace compounds, which is the case of,@noval from
atmospheric aird 4 0 0 p p)nrva PEWfor cryogenic air separatiBrigagdo et al.,
2019H. For biogas purification, chemical absorption is selected accounting for its
technological maturity, since th@ant relieson microorganisnactiity, which, in contrast,
shouldinflict operational issuem large scalepplications Brigagao et al., 2019ciIn high-
pressure synthesis gas processing (obtained from microalgae gasification), physical
absorption with efrigerated methanol (Rectisolrdeess) is considered more convenient,
accounting for high-pressureoperation, high CO, patial pressurg reasonable ¥CO;
selectivity, andconsideringthat methanol is the product of tbealuatedsystem eliminating

the need to purchase solvent to oftestes in the proce$@/iesbergetal.,2017)

In raw NG processingyesidesplausible SS application for G@emoval,SS technologys
also availed for the simultaneous adjustment of water and hydrocarbepoit®®, as usually

conceivedor SS applications (Machado et al., 201&)other common aspect in this work is
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that SS performing dehydration is also proposed in this work for another context: in-air pre
purification for cryogenic separation, where SS is suggested to play a celgnaérforming

bulk water removal Since the SS alone is not capable to attain the required rigorous
specification of air contaminants for admission to the Cold Box, a finishing purification step
based on adsorption is necessary for removal of, GO traces and further minor

contaminant¢Brigagao et al., 2019b)

Microalgae cultivation executes G@moval from atmospheric air or exhaust ggsrieans

of photosynthesis simultaneously converting it into biomolecules of high molecular weight.
Here, aclosedphotobiorector system fed wittkhaust gass applied Biological valorization

of CO, generated by a power plaistattained from C@biofixation in microalgae, enabling

to have a wide range of valuable products with appropriate chemical processing of thi
biomass in a biorefineryConsidering that anajor advantage of processes mediated by
microalgae consists in elevated efficiency in the absorption and use of solar, éhergy
energysourceavoids additional consumption of fossil fuels to perform L£€apture and
utilization, which is widely known t@enerate other sorts of environmental impauisle
mitigate global warmindi.e. life-cycle impacts related Wi increased fuels consumption)

(CuéllarFranca and Azapagic, 2015)

Concerning CQ destinatim, EOR is applied immost alternatives(Arinelli et al., 2019;
Brigagao et al., 2019a; Brigagao et al., 2018e;Melo et al., 2019) while in the others
chemical conversioror geological storagds also considered(Brigagao et al., 2019c;
Wiesberg et al.2017) with exception ofcorncob thermochemical processinghich is
regarded as précally carbonneutral thus being acceptablefor application withoutCO,

capture (Brigagao et al., 2019d)

Amongthe considered chemical/biochemical £édnversionroutes, the principal products
being suggested are methar(@iesberg et al.,, 2017and biomethangBrigagao et al.,
2019c) which aresubstancesommonly derived from fossiNG. Synthesis gas used in
methanol production can be produced from biomassadsté natural gas, but with the
penalty of CQ capture being required to adjust the H/C proportiang8s mainly consists of
CH, and CQ, also requiringcontaminants removdbr dispatch at suitable conditiotike
COy-rich raw NG with CQO, capturebeing the major penalty. Compared to fossil NG, the
main difference is that biogas is practically freeH&s C2+, thusbiogas purification mainly
consists of acid gas (GCH,S) removal and biomethane dehydration.

14



An overview of main covered topics shioyy other connections between the proposed
process alternatives and their working scenarios is presented in Table A3.1 at Appgndix A
Specific discussion on originality aspects efhch processlternative being addresseth
research linefR1}, {R2} and{R3} is presented in Secs. 1.5.1, 1,58d 1.5.3respectively

1.5.1. Oxygen production via cryogenic air separation

This thesis presents an innovative technology for laogde oxygen productiomexhibiting
lesspower demandhan any process eveeported in technical literature, which is already
registered as patent application BR102016022ZB(QBrigagao et al., 2016). This process is
based on cryogenic top vapor recompression distillation, which basically comprises a single
distillation column @erating at nearly atmospheric pressure, contrasting with the usual
method based on separation in two or more columns operated at different pressure levels.
Although both methods require preliminary step of air compression, to provide a minimum
viable dela temperature in the condenseboiler of the distillation column, the vapor
recompression alternative avoids unnecessary compressiop ain@ined in air feed (Fu

and Gundersen, 203 Moreover, it further enhances separation performance by reducing
the required reflux ratio by feeding the column with liquified air, in addition to the increase in
N./O, relative volatility due to elimination of higpressure fractionation column. These
aspects are then translated into substantial savingsms ofsefration power demand. The
main innovation of this process consists in the operation of a cold (cryogenic) compressor
allowing nitrogen condensation through heat exchange with vaporization of liquid oxygen or
liquid from an intermediate portion of the framtation column, this being associated with the
fact that in addition to the nitrogen reflux, the column is fed with liquefied air in its upper
portion causing reduction of nitrogen reflux demanded at the top. The new cryogenic ASU is
compared to severatleer process configurations and applied to supply gaseous oxygen to an
oxy-combustion power plarttperating nearby amil-gas fieldfor implementation ofsasTo-

Wire concept (where NG transportation is replaced by electricity transmission redairing

situ power generation)yith the CO, capturedoeing availedor EOR (Brigagao et al2019a)

Another innovative point of this thesis is the development of a novel concept of air pre
purification for cryogenic separation, with supersonic separator (SS) perépdahydration.
Although SS use is an already known unit operation in the currento$tdte-art of high-
pressure raw N@rocessing to recovarzondensable compounds(B#+HCs or CG+HCs),

such application substantially diffefsom raw NG processing. Airpre-purification is
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characterized by strict specification of contaminants, vath air feedshowing few parts per
million in volume ppmy of HCs andd 4 0 0  p p, while b@i@y typically at <10 bar.
Therefore, unlike NG processing, there is no possibility of recovering valuable products with
this SSapplication The use of SS performing air dehydration in the context of a cryogenic
ASU has never been proposed before in the literature. The presposalwas therefore
registered as patent application BR10201702772Brigagao et al., 2017), comprisira
pre-purification unit (PPU) constituted bykattery ofsupersonic separats which removes

the great majority oH,0O, followed by a finishingadsorption step for the removal of O
residual HO, and further trace contaminants (e.g. HCs). The adsorption unit (e.g. TSA) is
needed to complement SS bulk purification, because the SS alone is not capable to perform
deeppurification to allow cryogemiair processing. The economic viability of this alternative

is demonstrated by comparison with a conventional unit, fully bas&&4g for application

to a ColdBox with reduced air feed pressuredof3  [Begagao et al., 2019b)his Cold

Box assumesthe use of a typical efficient ASU for producing GO35%mo| as
recommended for oxgombustion C@capture in power generation, to minimize the capture
penalty making it economically competitiveand even more advantageous in environmental

termsi in relaion to otherCO, captureconceptual routes.

1.5.2. CQ-rich natural gas processing with supersonic separators

While there are some recent studies in the literature dealing with NG processing with SS,
works considering rigorous thermodynamic calculations are extremely rare given the
multiphaseequilibrium conditions that characterize tB8interior. Moreover, thgossibility

of CO, freeze-out is also often not taken into account in most works regarding-$aaje SS
application for CQcapture. Contrasting with these aspects, the present work applies rigorous
thermodynamic approach with appropriate calculatiosonind speed in multiphase systems,
according to the methods of Arinelli et al. (201d¢ Medeiros et al. (201And de Medeiros

et al. (2019) The severalprocess alternatives being investigated are contextualized for
installation in a largecale gasub receiving higipressure multiphase fluid fromsers
aimingthe recovey of the oil andthe reinjecton of the CO,-rich gas for EOR, designating a
small fraction ofprocessed\NG to serve as fuel gas to the platform, meeting its power
demand. The promal of a gashub with giant capacity for NG processing, although
hypothetical, is perfectly compatible with the actual challeoigeperatng remote offshore

oil fields with high gadgo-oil ratio (GOR) and high COcontent inthe associated gas
(Arinelli et al., 2019 de Melo et al., 2019)
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1.5.3. CQ utilization and biorefineries

Biological CQ capture and valorization is challenged by economic aspects, and sustainability
analyses obiofueldriven biorefineries must regard this perspective to impattractiveness

of such alternative¢Chea et al., 2016 However, studies addressing economic analysis of
process alternatives conceiving microalgae cultivation for CCU are rarely found in the
literature. Even considering that technological advancemeatseaded to allow effective
large-scale implementation of microalgae biorefineries for abatement ge@¥sions from

a power plant, this workontributes witha process engineerirggpproach tadentify potential
barriers for such a concept, with econopecformanceleveraged by Cotaxation policy.

Performance comparisdretweenthe new proposed biorefinerfor methanol productioand
conventionalchemical absorption foCCS isfirst time presentedin the literature The
biorefineryconsists ofa CCU routeusing exhaust gasom a power plant, with C@capture
being performed byChlorella pyrenoidosa which biomassis subsequehy availed for
microalga oil extraction and methanol production through gasificadiesberg et al.,
2017) One aspect of gat relevance, still often neglected in the literature, is the inclusion of
carbon taxation in the assumptions of economic assessments. This work definesewdmeak

taxation point determining feasibility for such biorefinery alternative.

Furthermorealthoughanaerobic digestion ahicroalgaehas beernntensively studiedn the
literature (but essentially limited to experimental woykeconomic performance of such a
processi embracingall processingstages from the reception tife microalgh biomass to
biomethane commercialization is first time presented in the literatur@wo biogas
monetization alternatives are evaluatedith and without CQ@ capture: biomethane
production and bioelectricity generation,. Performances are evaluated uneesed
economic scenarios, considering revenues from biogas products arshli€@llied to taxes
and cap & trade mechanism new approach that has never been addréssethlyze such a
concept(Brigagao et al., 2019c)

Finally, in connection witlthe world demandor transition into a renewable energy future,
for replacenent of fossil resourceswith effective carbon reduction without the need to
perform CQ capture performance evaluation of three biorefinery concepts using a large
scale agricultural aste is presenteth this regardthis thesis investigasthe application of
corncobsfilling a literature gap on techreconomic comparison of corncob thermochemical
processing alternatives for the production of electricity, methanol and fast pyroigsig
(Brigagéo et al., 2019d)
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1.6. Outline of Thesis Structure

This thesis is structured as a collection pafblishedarticles (Chapters 2, 3, 7, 8), new
research (Chapter 4), and shortened versions -@uttworship works (Chapters 6). The
reseach lines{R1}-{R3} are represented by the following distribution given in Table 1.1

(Chapter2, 3, 7 and 8 fully reproduce their referesceentificarticles.

Table 1.1.Scientific articles associatedth chapters contents

Reseach Line Chapters Articles References
{R1} Oxy-combustion 02 Br!gagzjlo etal. (2019a)
03 Brigagao et al. (2019b)
CO, capture .
04 I
{R2} Offshore CQ- 05 Arinelli et al. (2019)
rich NG processing deMelo et al. (2019)
L 06 Wiesberget al. (2017)
gig}b%?é#r:gﬁggon 07 Brigagéo et al(2019c)
08 Brigagao et al. (2019d)

Chapter2 (Brigagao et al., 2019a) proposes an alternative cryogenic distillation process for
largescale gaseous oxygen supply, which is based on cryogenic top vapor recompression
distillation in a single column operated at nearly atmospheric pressure. Results from
simulation and optimization of several processes forpogssure gaseous oxygen supply are
presented. The study applies the new air separation unit to a natural gasecboyble Gas

To-Wire plant with oxycombustion C@ capture, assuming GQlestination to EOR. The

overall system is evaluated by means of economic assessment and compared to conventional

air-fed combined cycle.

Chapter3 (Brigagdo et al., 2019b) proposasnew concept of air preurification unit for
cryogenic fractionation prescribing a supersonic separator upstream to a finishing adsorption
unit. Processes adopting this concept with or without compression heat recovery are
compared to a conventional pperification unit totally based on temperature swing

adsorption. Results from economic analysis of process alternatives are presented.

Chapterd conducts exergy analyses of processrattives described in Chapto compare
thermodynamic performancesdiindicate improvements for better resources utilizafitws

is the onlychaptembearingcontents that aneot published yet.

Chapters (Arinelli et al., 2019deMelo et al., 201Pproposes adopting supersonic separators
for dewpoint adjustments an@0O, capturefor processing raw NG with ultraigh CQ
content ina high-capacityfloating-hub. Case Study 1de Melo et al., 2019)in Sec. 5.3,
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economically compare one alternative adopting conventional technologieso a SSSS
alternativefeatured byone SS unitfor WDPA+HCDPA andanother ondor CO, removal.
Case Study 2 (Arinelli et al., 2019), in Sec. 5.4, starts tihsameSSSS alternativeand
investigaes structural changes in the processaintaining SS use for WDPA+HCDPA
Alternatives are compad in terms of power demand, profitability and £gnissionsThis
chapterembraces contents tfo coauthored scientific publications (Arinelli et al., 201k

Melo et al., 2019) giving emphasis on comparison of suitable process alternatives.

Chapter6 (Wiesberg et al., 2017) evaluates a biorefinery route prescribingcpogiustion

CO, biofixation in microalgage extraction of microalgae oil andnicroalgal biomass
gasification for methanol production, which is economically compared to conventional
carba capture and storage route adopting, €&pture via chemical absorption with amine.
This chapteiis a shortened version ofa-authoredscientific publication(Wiesberg et al.,

2017 giving emphasis oaconomic performance of proposed microdigaediorefinery

Chapter7 (Brigagéo et al., 2019c) evaluates alternative biorefinegngements processing
microalgal biomass via anaerobic digestionioBiass lowcost pretreatment strategies,
application of pressurized digester and downstream biogas progeslternatives; for

power generation or biomethane producticare compareah terms of energy, economic and

carbon footprint performances.

Chapter8 (Brigagao et al., 2019d) evaluates three pathways for thermochemical conversion
of a specific agricliural wastei corncobsi as a renewable resource with plausible large
scale implementation to a biorefinergombustion for power generation, gasification for
methanol production, and fast pyrolysis for-bibrecovery. Comparison of techhszonomic

performances is presented.

Chapter9 then finally encloses all studies with an overall conclusion addressing combined

discussion of specific resultsighlighting the main specific findings of all works.

Appendix A presents a summary of all products derifredn this reseach including
publishedscientific articles, confenece papers, and pending pateintand further discusses

personal contributions on @utorship works (Chaptefsand6).
AppendiceB-S unveil front pages andompletebibliographicdataof all publications.

Appendices 1Z are supplementary materials for Chapter3,2, 5, 6 and.7
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2. A Novel Cryogenic Vapor-Recompression Air Separation Unit
Integrated to Oxyfuel Combined -Cycle GasTo-Wire Plant with Carbon
Dioxide Enhanced Oil Recovery: Energy and Economic Assessments

This chapter is published as an article in Energy Conversion and Management.

BRIGAGAO, G. V.; DE MEDEIROS, J. L.; ARAUJO, @D. F. A novel cryogenic vaper
recompression air separation unit integrated to oxyfuel comioiyed gasto-wire plant with

carbon dioxide enhanced oil recovery: energy and economic assessments. Energy Conversion
and Management, 189, p. 2824, 2019.

Abstract

Oxyfuel carbon capture is both power and capital intensive due to oxygen demand.
Consequently, oxyfuel requires the development of more efficient air separation units. This
work proposes an alternative cryogenic distillation process for-Erge gaseousxygen
supply. Instead of using different pressure columns, the new air separation unit couples top
vapor recompression to a single atmospheric cryogenic air distillation deidadeer
column, whose nitrogench top vapor is compressed to heat the rintdiate column
reboiler, while the bottom reboiler is heated with compressed saturated air. Several processes
for low-pressure oxygen gas supply were simulated and optimized. The power requirement of
the new air separation unit producing atmospheric axyg®5%molattained the best value

of 139.0 kWh/t (oxygen basis)A sensitivity analysis for oxygen purity was performed
showing that, even for higher purities, the new developed process achieves the lowest
specific power for lowpressure gaseous oxygeroguction. The economic leverage of the
new air separation unit is proven via successful supply ofpie@ssure oxygen to oxyfuel
natural gas combinecycle GasTo-Wire plant. Assuming carbon dioxide destination to
enhanced oil recovery, even with an inmesnt aboutl00% higher than the counterpart of a
conventional aifed combineetycle GasTo-Wire plant and despite net efficiency penalty of
6.88%, the oxyfuel combinedycle GasTo-Wire solution coupled to the new air separation
unit was capable of achimmg comparatively superior profitability under carbon taxation
abovel3.5 USD/t

Keywords: Air separation; vaperecompression cryogenic distillation; egpmbustion; C@

capture; Gag o-Wire; natural gas.

Supplementary Materials
Supplementary Materials for this chapter are founfipgpendicedJ1, U2 andU3 andU4.
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Nomenclature

Abbreviations

1REB : SingleReboiler

2REB : DualReboiler;

2COL : DoubleColumn;

3COL : Triple-Column;

ASU . Air Separation Unit;

BAC : Booster Air Compressor;

CONV : Conventional;

CWwW : CoolingWater;

EOR : Enhanced Oil Recovery;

GAN : Gaseous Nitrogen;

GOX : Gaseous Oxygen;

GT : GasTurbine;

HRSG : HeatRecoverySteamGeneration;
HP : High-Pressure;

LAIR . Liquefied Ar;

LCOE : Levelized Cost of Electricity;
LHV : Lower Heating Value;

LOX : Liquid Oxygen;

LIN : Liquid Nitrogen;

LP : Low-Pressure;

MAC : Main Air Compressor;

MHX : Main Heat Exchanger;

MP : MediumPressure;

NG : Natural Gas;

NGCC : Natural Gas Combine@ycle Power Plant;
Ox-NGCGEOR: Oxyfuel NGCC with EOR,;
PCC : PostCombustion C@Capture;
RVRC : Recuperative Vapor Recompression;
ST : StearaTurbine;

TEG : TriethyleneGlycol

TVR : Top Vapor Recompression Distillation;
UsD : US Dollar.

Variables

AP : Annual profit (USD/y)

COM : Cost of manufacturing (USD/y)
CUT : Cost of utilities (USDly)

Esep : Specific separation power demand (KWh)tO
F : Molar flow rate (kmol/h)

FCI : Fixed capital investmerfySD)
GAP : Gross annual profit (USD/y)

ITR : Income tax rate (%)

NPV : Net present value (USD)

P : Pressure (bar)

REV : Revenues (USDly)

RR : Reflux ratio (EIN/FGAN)

T : Temperature°C)

w : Mechanical power (kW)

z : Molar fraction



2.1. Introduction

The electricity generation sector is a major agent of global carbon dioxidg @assions,

where implementation of carbon capture, storage and utilization (CCSU) offers an alternative
to limit global warming advance while new energy sources are not widéplisbed.
Besides the driving forces of government regulation and international protQcotsv
converging into charging power companies with carbon taxatiattractiveness of CCSU
requires reasonable economic feasibility to assure thatrityation would not severely
impact the electricity generation cost and sales price. The development of efficient methods
to capture CQis then mandatory to reduce the associated mitigation penalty [1].

2.1.1. Oxy-Combustion

Although postcombustion has been tlandard solution for CQOcapture as presents the
most welldeveloped technology, that is easy to implement in comparison with pre
combustion and oxgombustion routes, it is not necessarily the most energy efficient choice,
nor even possibly the most eawnical one. Moreover, the oxgombustion route, i.e.
combustion with oxygen (£ replacing air, necessarily offers the best environmental
performance, especially when comparing these routes for a fixed power penalty if
considering a lifecycle point of viev, as it is remarkably the only option enabling zero

emission power generation [2].

The economic competitiveness of exymbustion C@capture is heavily dependent on cost
effective largescale gaseous oxygen (GOX) supply from air separation units (ARldh a
demand profile is most properly supplied with onsite production from cryogenic air
fractionation. Alternatively, ceramic ion transport membranes has recently been suggested as
a promising technology for GOX production particularly for this applegtidue to high
selectivity aboveB0C°C through oxygerion (OF) species permeation [3], thus producing
high-purity GOX and also enabling integration with power generation processes [2].
However, considering that the maximum demonstrated capacit9astd [4], the current
available scale is too far from commercial power plant requirements, while the current market
positioning is on smakcale highpurity GOX production ¥99.5%Q) [3]. Therefore,
cryogenic separation will certainly be applied for at lghstfirst generation of commercial

oxyfuel power plants [5].
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2.1.2. Cryogenic Air Separation

The major portion of power penalty for G@apture in the oxgombustion systems is
consumed by GOX production. According to Darde et al. [6], the specificrpegeairement
(Esep of a conventional ASU to produce lgpurity 95%molGOX atl atmis 200 kWh/tQ,
while the counterpart of statd-the-art ASU can be as low d60 kWh/tQ. Power demand
typically increases moderately fro@0%mol to nearly 97%mol thanks to nitrogen (N
removal from Q plus argon (Ar) mixture, the NAr+O,) fractionation. Thereafter, the
power demand increases sharply at higher purities due to, Ar@Ctionation, which are
components that have very close boiling points. Prodndaif highpurity 99.5%molGOX is
then much more power consuming, ab2d4d kWh/tQ [7]. Soundararajan et al. [8] found
that the optimum purity for oxyfuel application is usually abé@é®omol leading to the
conclusion that removing Ar from flue gas is mareferable than removing Ar from GOX.
Most works thus adof@5%molas nominal purity to oxgombustion CQ@ capture systems
when GOX is produced cryogenically [9].

Higginbotham et al. [5] compared the power demand of several ASUs fgpuaty GOX
supply and presented the lowest power demand for GOX production ever reported in the
literature. Without heat integration, the most efficient flowshé&gt£158 kWh/tQ) had

three fractionation columns operating at distinct pressure levels, two of them defigned
gaseous nitrogen (GAN) generation. They further investigated the benefit of: (i) transferring
compression heat to a;f8rayton cycle by discounting \expander power generation from

the ASU separation indeis.; or (ii) exporting pressurized GAN {BAN) for industrial
customers by discounting the compression power that is avoidedEgnteat integration

to generate hot-AN for expansion, without using external heating, saves brMWh/tG;,

(0 =157 kWh/tQ), while compression power avoidance foGAN supply at2.5 bar
would be more effective savirgp kWh/tQ (O =138 kWh/tQ). The best configuration for
co-production of pGAN, however, was rather found to be a dotdmd&imn scheme with two
reboilers in the lower pressure colummperated substantially above atmospheric pressure in
this case resulting in a discounted index @ =128 kWh/tQ with p-GAN exportation at

4 bar. In addition to the undesirable higlkemplexity contrbof highly integrated processes,
the major drawbacks of these specific solutions are the following: (i) tHgrdyton cycle
would not be coseffective ¢ also requiring additional superheating for better yield,

consequently involving gagas waste heatecovery at gaturbine discharge, and; (ii)
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unlikely existence of industrial clients with onsite permanent demand®#N nearby oxy
combustion power plants (otherwise such an advantage fecanrpustion is restricted to

specific industrial areas).

Fu d al. [10] investigated the optimal configuration for compression heat recovery from a
conventional doublkeolumn ASU for preheating boiler feed water in an exgpal power
plant. Steam extractions were minimized via mixetegger nonlinear programming fag

into account feasibility constraints for heat exchanger network designs. The maximum
improvement on power generation net efficiency was found @.@% of fuel lower heating
value (LHV), and adiabatic air compression was shown to give better rasatsntercooled
compression at the ASU.

Recently, hybrid ASUs based on polymeric membranes followed by cryogenic fractionation
of Oy-enriched air have also been suggested for best energy efficiency. Polymeric membrane
permeation is a weknown technologyor N, recovery and such a concept could be applied

to any cryogenic ASU with an upstream unit featuring additional compression stages for the
feed and the permeate streams. Skd@skowska et al. [11] compared conventional and
hybrid ASU schemes for inbgmentation to an oxgoal power plant and pointed better
efficiency #1.1%LHV) to membran&ryogenic combination, though requiring extremely
large permeation area. Burdyny and Struchtrup [12] investigated several arrangements of
such a system and comparednventional cryogenic separation in terms of power
consumption, concluding that it is possible to achieve a small advantage over cryogenic
fractionation in oxycombustion applications. Such hybrid units, however, would be best
suited to GOX production &dm small to medium scales, in the order of few hundred tons per
day [12]. Janus&zymanka and Dryjanska [13] similarly analyzed a lignite-cosnbustion

plant integrated to hybrid membrangogenic ASU with statef-the-art polymeric
membrane technologyf N, removal, showing increased overall efficiencyl062%LHV

due to electricity demand reduction fr&226 kWh/tO,to 179 kWh/tO,. Compression heat
recovery was also investigated by [13] to-peat boiler feed water, increasing power plant
net efficiency by0.5%LHV.

Remaining as the most practical and realistic choice for GOX supply ircaxjpustion
systems, full standalone cryogenic air fractionation offers a palette ofpfieleétn process
configurations for ready implementation. Most of the exgtatants follow a core concept

depending on two heat integrated fractionation columns: one operated at higher pressure for
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p-GAN production as top distillate and the other operated at nearly atmospheric pressure for
O, recovery. Several modifications on process flowsheet have been introduced to reduce
ASU power consumption but without changing the general concept of having a higher
pressure column for-@AN generation.

Instead of using the conventional integrated doybtemultiple) column design, the ASU

may alternatively comprise only a single top vapor recompression (TVR) column operated at
nearly atmospheric pressure. In this case, a portion of top vapor is compressatiove
ambient temperature [14] or cryogedliy [15] ¢ subsequently condensed by latent heat
exchange in the column reboiler and returned to the column as liquid nitrogen (LIN) for
reflux. The application of TVR distillation to ASUs has been explored since the development
of most early cryogenic A3s [14], but its performance has been considered inferior to the
doublecolumn design, which was consolidated as a standard for cryogenic plants [16].
However, apparently with low industrial interest, many inventions dealing with TVR
distillations were desloped [17], while most of them follows a particular system, named as
recuperative vapor recompression (RVRC) distillation [IBYRC distillation avoids a
cryogenic GAN compressor replacing it by a standard compressor operated at above ambient
temperaturg19]. RVRC systems extract part of the cryogenic tep/&por to the exterior of

the ColdBox, which is heated via heat exchange with @ik air feed at ambient
temperature, then compressed, cooled with water, and returned to thBadlal be cooled

and liguefied against ©vaporization, thus finally serving as top liquid reflux to the column.

Standard compression (RVRC distillation) has been regarded to be more convenient than
cryogenic compression for plant simplicity and flexibility, as it enabiesuse of ordinary
cooling towers to dissipate compression heat, while cold compression requires extra
refrigeration effort for the plant [18]. On the other hand, the compression power is drastically
reduced at such cryogenic temperatures, and in theofase separation, it also avoids the
irreversibilities associated with unnecessary heat transfer andldssadntroduced by
returning pGAN at ambient temperature to the G@dx [20]. This study was capable of
proving that, to produce GOX, vapor recaession distillation does not need to be
recuperative, as cryogenic vapor recompression can be much more efficient with appropriate

flowsheet design.

For many decades, the use of cryogenic compressors were not technically or economically

feasible. Howevermost advanced cryogenic materials and machinery currently allow to
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operate compressors at temperatures as loW2aK (-269 °C), such as those used in helium
refrigeration cycles [21]. Many recent developments suggest commercially feasible
installation & cryogenic compressors in ASUs [22], most notably in combination with
integrated regasification of cryogenic liquids [23], which compensates compression power
input to the ColeBox with the benefit of improving the efficiency of energy management in

a pe&/off-peak scenario with liquid oxygen (LOX) storage [24]. Cryogenic compressors are
also generally implemented when liquefied natural gas is injected into the ASU for efficient
regasification. In this sense, a recent study E#jlied such an integrationto an originally
RVRC-based ASU and added cryogenic compression stages to minimize overall power

consumption.

2.1.3. GasTo-Wire

Gasto-Wire consists of generating electricity nearbygak fields [26], so that a gasrbine
converts natural gas chamal energy into electricity for dispatch in higioltage cables thus
simplifying energy transportation and also relaxing specifications for raw gas processing. It
also has the advantage of avoiding the rather higher losses associated with gas transportati
in comparison with the transmission lines. Furthermore, in the case of carbon capture and
storage (CCS) implementation, g@@ansportation is avoided, as the L£€ontained in
exhaust gag derived from both combustion reactions and raw @gasn be captred and
readily injected underground for enhanced oil recovery (EOR) or storage in depleted fields,
thus abating transportation costs and eliminating plausible problems with public acceptance
the NotIin-My-Backyard reactions [26]. In this sense, Andard Sammarco [26] discussed
such an integrated Gad®-Wire CCS scheme with pesbmbustion C@capture (PCC) for a

gas producing field and performed an economic analysis to determine the levelized cost of
electricity (LCOE) and the C{raptured cost for different transmission distances, natural gas
price and flow rate. Since EOR was not consideradich limits CCS revenuesand there

was not any environmental constraint or penalty fop €@ission, the CCS alternatives were

all shownto give higher LCOE though still being competitive for some electricity markets.

2.1.4. The Present Work

The present study develops a novel technology for iacgée GOX production exhibiting the
lowest separation power requirement ever reported. Topoped technology is based on
cryogenic TVR distillation, which basically comprises a single nearly atmospheric column,

contrasting with the standard method based on thermally coupled double or multiple columns
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at distinct pressures. The TVR solution @gunnecessary compression offdm the air,

and takes advantage of the highesQN relative volatility at lowpressure, lowering the
required reflux ratio, thus leading to substantial energy savings [18]-ptessure GOX
supply to an oxycombustion naral gas combined cycle (EGCC) power plant was
exploited and its performance was reported for the bastst9®0 t/d GOX production at
95%mol The OxNGCC and the ASU are considered to operate independently. Since full
heat integration is not investigal in this work, the overall efficiency of power generation
could be still somewhat improved.

Secondly, Andrei and Sammarco [26] in their GasWire analysis with a conventional
NGCC burning NG with air followed by PCE but without an EOR destinatioragable to
monetize CQ ¢ did not implement a deep technical assessment neither contemplated CO
taxation, only considering cost aspects finding a high LCOE. The present work has various
differences from Andrei and Sammarco [26] besides a much greater stapwlysis;
namely: (i) an oxycombustion NGCC is considered entailing simple and immediatg CO
capture from exhausts deprived of troublesomewhile [26] adopted PCC with its well
known energypenalty and large column drawbacks, particularly critical largecapacity
GasTo-Wire; (ii) the high performance of a totally new,-tgpdate TVR ASU technology

was rigorously simulated and compared with othetadgate ASU technologies, proving to
have the bedEsepand saving power for exportation; (iii)pausible carbon taxation scenario

in the neaifuture is considered, which rises the competitiveness of the presddGOKL-

EOR solution compared to conventional NGCC (despite also benefiting th& cS&ge

PCC from [26]); and (iv) C® monetization is contemplated through EOR, creating a
powerful new revenue raising the competitiveness ofN®CC-EOR, making it highly
profitable and benefiting the nearby oil production. The above aspects configure a literature
gap explored for the firgsime in the present work.

Ox-NGCGC-EOR is suited to remote ajas fields and is implemented as an-txgl GasTo-

Wire solution, conveniently transporting gas energy as electricity thus avoiding gas pipelines,
natural gas liquefaction, or any other exgiga method for longlistance gas transportation.
The proposed GNGCGEOR GasTo-Wire conceptoffers potentially greater profitability
while being much more environmentally adequate than conventional NGEZe authors'

best knowledge, energy and econoassessments of NGCC-EOR including operation of
high-performance new cryogenic ASU, besides-GadNire revenues from CLEOR, never

appeared in the literature before.
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2.2. Methods

Assumptions for operation, simulation, design and economic analypio@dss alternatives

are presented: (i) in Se2.2.1, concerning the technical assessment of GOX production in
ASU alternatives and methods for development of the new proposed TVR cryogenic air
separation unit, soalled TVR2REB ASU; (ii) in Sec.2.2.2, for technical analysis of
oxyfuel natural gas combinexycle power plant with EOR; Ox-NGCCEOR ¢ and its
conventional NGCC counterpart; and finally (iii) in S€2.3, for economic assessment of
the new OXNGCCG-EOR GasTo-Wire solution using TVRRREB ASJ against conventional
NGCC.

2.2.1. Air Separation Unit

The working hypothesis is that TVR atmospheric distillation could be more efficient for ASU
than conventional doubleolumn or multicolumn distillations. Process development was
carried out by intvducing modifications in the ASU of Kapitza [15]. Several flowsheet
configurations for lowpressure GOX production were tested and optimized, considering LIN
reflux and liquefied air (LAIR) as variable rates. The optimization procedure followed a
pattern sarch method. Ar recovery was not considered here, but could optionally be adapted

to TVR distillation with some modifications [27].

The considered processes were ranked by their specific power requir&gagnAé defined

by Darde et al. [6], thése, Of an ASUis expressed as the required mechanical power to
produce 1 metric ton of {rontained in GOX stream atatmfor a given purity, considering
ISO conditions for the atmospheric air feed atm, 18C, 60% relative humidifyand for
coolingwater spply (15°C), neglecting losses in electric motors and generators, without
considering the power demand for molecular sieve regeneration and esali&igsystem

operation. Esep is calculated in Eq.21), wherew represents the power input of

compressojj, @ is the power output of turbexpandey (both in kW),Fsoxis the molar
flow rate of GOX product (kmol/h)a is the Q molar fraction in GOX and @ is G,

molar mass (kg/kmol).
O B B 70O ¢ bw (2.1)

Besides the cryogenic TVR distillation alternatives, a st&the-art ASU with lowpressure

triple-column design [5] and three RVRC distillation processes [18] were also simulated.
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Technical evaluatio of all processes was conducted through ststatg HYSYS simulation.

The flowsheet with the lowe$s., was selected as the final configuration and described in
detail. The configuration was analyzed in terms of the heat exchange profile at optimum
condtions and its sensitivity to liquid inlet flow rates to the column. Another sensitivity
analysis investigates the effect of GOX purityEag,

The main operatiosimulation assumptions used for the new proposed TVR ASU and other
ASUs being compared (i&pplicable) are presented in Taldlel, while detailed process

conditions of TVR2REBare found iMppendixU1 (Supplementary Materigls

Table 2.1. Operationrsimulation assumptions for GOX production.

ltem  Assumption

{A1} Thermodynamic Modeling?engRobinson Equatioof-State [28]

{A2} Air intake: 32131 kmol/h (a720, 000 Nmj/ h)
Dry-Basis (%omol): 78.08%} 20.95%0Q, 0.934%Ar, 360 pprmol CO,

{A3} Main Air Compressor Adiabatic Efficiencg=88% [5]

{A4} Adiabatic Efficiency of other ASU Compressogs:84% [29]

{A5} Adiabatic Efficiency of Expanders=90% [7]

{A6} Direct-Contact AfterCooling: T=12°C

{A7}  CoolingWater (CW) Heat Exchangermgu T*PROACL15°C, qp P £3%

{A8} Air Pre-Purification:qp B10 kPa [30]

{A9}  Main Heat Exchanger (MHX)p P'"=10 kPagp F*"=10 kPagp F°*=10 kPa [13]

{A10} Distillation Columns: StructureBacking,qpP™°=0.07 kPa [7]P"°"=1.2 bar [5]

{Al1} SubCooler:qpR1 kPa

{A12}  Cryogenic Latent Heat Exchangp:f""ROAE1°C [31]

{A13} Cryogenic Liquid/Gas and Liquid/Liquid Heat Exchanggst™"R°AC"2°C

{A14} MHX Gas/Gas Heat Exchangep:f*"R°A“L2.78°C [32]

{A15} Cryogenic Liquids Withdrawal: No

{Al6} Heat Exchange with External Environment: No

{Al7}  Esepfor 1 atm GOX production (pressure excess discounts equivalent GOX compression powe

{A18} GOX Purity:95%mol
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2.2.2. Oxyfuel Combustion Power Plant

Considering that a zeremission oxyfuehatural gas combineclcle power plant with total

CO; injection to EORg Ox-NGCCG-EOR ¢ can be more profitable than the conventional
NGCC without capture in a scenario of carbon taxation, it is desired to estimate the necessary
minimum CQ tax level to makehe net present valu@&PV)of the OxNGCC-EOR superior

to the correspondinyPV of conventional NGCC by the end of a project lifetime of/8ars.

Technical evaluation of alternatives was conducted through sgtayHYSYS simulation.
The main operatimalsimulation assumptions used for the newly proposeeNGCGEOR
and conventionalNGCC being compared (if applicke) are presented in TabB2, while
detailed process conditions of MGCC-EOR are found inAppendix U2 (Supplementary
Materialg.

Table 2.2. Operationsimulation assumptions for power generation.

ltem  Assumption

{B1}  Thermodynamic Modeling: Perigobinson Equatiowf-State (in general) [28]; Glycdtackage (C®
Dehydration); ASMETable (StearCycle)

{B2} NG (%mol): 2650 kmol/h (1.53 MMSm3¥/d)[=25°C, P=40 bar, 89% methane, 7% ethane, :
propane, 0.1%-butane, 0.01%-pentane, 2.5% C£0.38% N, 0.01% water (kD)

{B3}  Stoichiometric GOX (%mol): 5809 kmol/h (4474 t/@15°C,P=1 atm, 95%Q, 2.39%Ar,2.61%N
{B4}  NGCC Configuration: 1:1 (Gas:Steam turbines)

{B5} Expanders Adiabatic Efficiencg=90%

{B6}  Compressors Adiabatic Efficiencg=84%

{B7} Pumps Adiabatic Efficiencyd=75%

{B8}  GasTurbine (GT) Expander Inlet: 1300°C@39.5 bar

{B9}  SteamTurbine (ST) Inlet (outlet quality 90%): 560°C@56 bafOx-NGCGEOR); 430°C@22 ba
(conventional NGCCTeT#HAYSL476°C)

{B10} VacuumCondenserT°V™'=35°C,qpR1 kPa
{B11} HeatRecovery Steam Generator (HRSG)TF R 15°C, op B*%=2 kPa,gp P?°=50 kPa

{B12} Flue-Gas DirectContact Column: Structurgolacking, Stages=3 (theoretical), °25recycledwater,
P™°"=1 atm,qpR2 kPa

{B13} IntercoolersT¢*%=30°C, T*WINET= 15°C, TOWOUTLEI=25°C pR3%P O 50 k Pa

{B14} Compressor Stage Discharg&§®=120°C,T¢°*=133°C,TCOXtastSt0% 1 40°C

{B15} CO, Dehydration (TEGAbsorption): Triethylenglycol (TEG)98.5%w/w,30°C@50 bar

{Bl6} TEG Absorber: Pall Rin@¥™6805b88t ages=10 (th
{B17Y TEG Regenerator: Pall RPYdamil1o6, Stages=4 (
{B18} CO, Liquefaction: 30°C@130 bar

(B19} EOR Fluid:P=350 bar
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2.2.3. Economic Analysis of Gag o-Wire Alternatives

GasTo-Wire alternatives were economically assessed using#ibods of Turton et al. [33]
with fixed capital investment HCI) estimated from equipment sizes, dimensioned in
accordance with Campbell [34]. Different carbon taxation scenarifs 20, 40and 60
USD/tCG, ¢ were considered to investigate the economasitality of the proposed Ox

NGCC-EOR GasTo-Wire solution versus conventional Gas-Wire NGCC.

The revenuesREV) components: (i) electricity exportation; and (ii) £0 EOR rated at 74
USD/t The oil yield has been estimated in the rang8.6£.6 bl/tCO, for mature fields in
Texas, US [35], thus a conservative yield Iobbl/tCG is assumed giving 74SD/t as

underrated EOR fluid value. The major assumptions for economic analygiseaented in

Table2.3 (formulas are found iAppendixU3 of Supplementary Materials).

Table 2.3. Assumptions for economic analysis.

ltem  Assumption

{C1}  Prices (USA June/2018): Electricity=0.1087 USD/kWh, NG=3.43 USD/MMBTU, Oil=74 USDi
{C2} CO,to EOR: 74USD/t

{C3}  Cost of Utilities CUT): CW=0.016USD/t

{C4}  Equipment~ClI: extrapolated with 0.6 exponent if exceeds Turton et al. [33] correlations range
{C5}  ASU FCI: extrapolated with 0.5 exponent frdf€l1=141 MMUSD for 52 kg/s GOX [36]

{C6} FCI Inflation Factor.CEPCE567.5

{C7}  Constructionthree years with 20%, 30% and 50% investment allocations

{C8}  Operation: 8000 h/y

{C9} Income Tax RatdiTR=34%

{C10} Annual Depreciation: 10%ClI

{C11} Horizon: 30 years

{C12} Annual Interest Rate=10%
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2.3. Results and Discussion

The new breakthrough TVR ASU is developed in 261 jointly with its direct antecessors
and several upo-date competing configurations. S@.2 presents the benchmarking of the
new ASU and AppendixJ1 describes its operation. S&t3.3 conducts sgzific analyses of
its performance. Finally, a techie@onomic analysis of conventional and @ombustion
NGCC systems including consolidated best ASU flowsheet is addressed ih3S&c.

2.3.1. The Development of Breakthrough Cryogenic Air Separation U

Many decades after the first ASU patent with RVRC distillation process [14], the most
simple ASU configuration with cryogenic TVR distillation was reported in a patent of
Kapitza [15] still in the first half of the #Dcentury. It had a single presszed air stream
feedingthe main heat exchanger (MHX) ofGold-Box that is thereafter sent to a turbo
expander before feeding the single fractionation column. Part of the GAN flowing from the
top of the column is directly sent to a cryogenic compressor, which dischaf@asl! gor
condensation in the bottom relssi in order to provide top reflux for the column. The
column can optionally have intermediate reboilers, which would involve a side extraction of
Ny -rich vapor from somewhere along the column to send to another cold compression stage
allowing condensatioin the intermediate reboiler. The process idea of Kapitza [15] was here
updated and simulated in accordance with the current knowledge and available technology
for cryogenic air fractionation. Fig2.1 presents the updated versigmereafter named as
TVR-1REB ¢ with corresponding process conditions at optimum LIN reflux rate for
minimum separation power requirement, equivalentEg=189.7 kWh/tQ for GOX

production aB5%mol

414 bar GAN GOX 99%mol N,
1.00 bar 1.13 bar 472 bar 1.20 bar[52°
05%mol 0, ‘!' - _lflrcd 18% | _ |
R i
AIR — i b
L_L

Fig. 2.1. Base configuration of cryogenic TVR distillation of &lVR-1REB).

Looking to enhance ASU performance, the same principle that features a LOXBOIL process
can then be applied to TVEREB distillation. The LOXBOIL concept is a remarkable
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improvement made in standard kpressure doubleolumn design (CONM2COL) that
consists of using a separate vaporizer for th@rOduct stream which liquefies a portion of

the air feed. Better efficiency is achieved as a consequence of feeding the first fractionation
column with LAIR, enhancing separation performance and reducing top reflux requirements.
The Q is extracted as aaturated liquid instead of as vapor, which is beneficial to process
safety, also requiring much less LOX drain from the main reboiler thus saving significant
amount of energy [16], though this effect is not generally accounted. Furthermore, static head
slightly increases the pressure of froduct. Higginbotham et al. [5], reported a power
coefficient ofEse=187 kWh/tQ for the doublecolumn design using LOraporizer to produce

GOX 95%mol The process flowsheet of such adaptation into TVR distillation (TVR
LOXBOIL) is presented in Fig2.2 with operational conditions at optimum LIN reflux rate,

for minimum power demand for GO36%molproduction, wher&se=174.7 KWh/tQ.

3.79 bar GAN GOX
1.09 bar 1.12 bar

1 93%mol O; 95%mol N,

0%

410bar 1.20bar

T
L e

21%

Fig.2.2. Air TVR distillation with separate ©vaporizer/ air condenser (TVROXBOIL).

Another improvement that can be made to enhance TVR distillation performance is to add an
intermediate column reboiler. The strategy of using an additional reboiler in the main
fractionating column (lowpressure damn) is weltknown in the current stataf-the-art. As

this exchanger boils a fluid with lower boiling temperature than bottom liquid, it is possible
to condense 6AN at a respective lower temperature, so that the operating pressure at the
high-pressurecolumn can be lowered, enabling to reduce the discharge pressure of the main
air compressor (MAC). Moreover, the intermediate reboiler improves the exergy efficiency
of a distillation column, thus it casperate closer to equilibrium (mass transfer pirgypite

of increasing the column height [30]. In this sense, Fu and Gundersen [30] have already
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performed an exergy analysis that evaluates the effect of including an additional reboiler to a
doublecolumn ASU. According to Higginbotham et al. [5], the aegpion power requirement

of typical duaireboiler doublecolumn ASU (LR2COL-2REB) is 167 kWh/tQ In terms of

RVRC distillation, intermediate reboiler has already been applied by Fu and Gundersen [18]
operating GAN condensation within the bottom or etlem both intermediate and bottom
reboilersat different pressures. There is no mention, however, about a plausible advantage of
condensing air in the bottom reboiler instead of GAN. What is here suggested is to implement
the dualreboiler concept into an®U with cryogenic TVR using air liquefaction at bottoms.

The resulting process flowsheet is remarkably not an obvious modification of the idea of
Kapitza [15] for a duateboiler column. Instead of using a side extraction gfith vapor to
compress it grogenically to generate secondary refluxes (which would require extra cold
compression stages), it provides liquefaction of an air stream (previously compressed outside
the ColdBox) to partially feed the column with liquid. Fig.3 presents the flowsheet such

a process¢ hereafter named TVRREB ¢ at optimal operational conditions, with
corresponding minimum separation power requiremenEg§139.0 kWh/tQ for GOX
production at95%mol In cryogenic TVR distillation of air, condensing GAN in the
intermediate reboiler proved to be crucial for significant power savings, which made it
possible to achieve better energy performance for-dmgsure GOX production in
comparison with the processes of Higginbotham et al. [5] and Fu and Gundersen [18]. The
proeess was therefore registered as a preferred embodiment of the patent application
BR102016022807 [27]. Further TVR2REB description is left to Appendixl.

3.87 bar GAN GOX

1.09 bar 1.15 bar -
] 95%mol O, Blop= /D= UL
2 .04 bar N ) 03%mol N;
2.78 bar | 1.20 bar [83° .
_T_— l AP=1%Pa Ml?n — T
b-- "zt o
ATR PAR = | | L— . ] e .
MP-AR 36%| ] st
T T A B2%
AP=10%Pa 5.47 bar

HP-AR 5°C

Fig. 2.3. Air TVR distillation in dualreboiler singlecolumn novel design, with GAN
condensation at the intermediate rebotteselected configuration for loywressure GOX
supply (TVR2REB).
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In order to evaluate the potential benefit of usingcalbed powersavingcold compressors
instead of standard machines for GAN compression, recuperative vapor recompression
processes were also simulated following the same assumptions. For this purpose, two
processes were selected from the literature and another one was grap@sBVRC variant

for the present TVRREB flowsheet. The selected processes were based on the most
efficient RVRC designs (Cycles 5 and 6) of Fu and Gundersen [18] with limited changes for
adequate comparison {Mirbo-expander must be placed within fBeld-Box of Cycle 5 [18]

to suit the assumed temperature approaches. In Cycle 6 [18] reversing heat exchanger is
abolished thus requiring another fmerification unit). Figs.24 and 25 present such
adaptations; hereafter named RVREREB-2LIN and RVRG2REB-1LIN, respectivelyg

with optimized results for corresponding minimugge, for GOX 95%mol production of

185.3 kWh/tQ and 167.2 kWh/t@

GAN 436bar 273 bar {gox
1.09 bar 1.15 bar RRisp=Lip=
33%mol O i
l43bar | o | (1% L
ATE. LT

Fig. 2.4. Recuperative vapor recompression distillation process usingreloailer singie
column, two pressurevels of condensing GAN, and®AN turboexpander (RVREZREB-
2LIN).

Besides enabling the comparison of the effect of using a cryogenic compressor, the RVRC
variant of TVR2REB(¢ shown in Fig2.6 and named as RVREREB-LAIR ¢ also evaluates

the advantageof condensing air instead of GAN in the column bottom reboiler by
comparison with RVRREB-1LIN results. The minimum power demand Bfs;~148.1
kWh/tO, for production of GOX95%molcan be achieved with optimized process conditions
(Fig. 2.6), which is abve TVR2REB consumption but still lower than tript@lumn ASU

requirement.
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2.51 bar GAN  GOX 1.15 bar 95%mol

1.09 bar 390,
) (] _*?___=-——~=:_;'j“
. o 4.38 bar e
143 bar 9%mol I
Bl |
I
________ d
ATR — =L | | | Ll ____]
MARL 17%] [ ]
[F-AIR 60% 44y 65
MPARD2 23%] . L | Stages
-166°C
_182°C '

Fig. 2.5. Recuperative vapor recompression distillation process usingreloailer single
column, GAN condensation at bottom reboiler, and air tesquander (RVREZREB-1LIN).

3.85 bar GAN GOX 1.13 bar 95%mol EFyoe=Lip=0.17

1.09 bar : =::%:‘ D
2504 L. 3[3gEs
o 15% 04%mol N,
1.43 bar
AR LP-AIR [ [
Y §
MP-AIR i
HP-ATE.

Fig. 2.6. Recuperative vapor recompression distillation process usingreloailer single
column, GAN condensation at intermediate reboiler, and air compander
(RVRC-2REB-LAIR).

A low-pressure tripleolumn ASU designg as a statef-theart reference process,
henceforth denominated LFCOL-2REB ¢ was then simulated to validate assumptions and
produce comparable results to evaluate the supposed benefit of TVR distillation.

The LR3COL-2REB flowsheet presented in Fig.7 is similar to Dillon et al. [9], whose
configuration was utilized by Higginbotham et al. [5] to update the corresponding power
demand coefficient for current available technology (158 kWAV/tElg. 2.7 also presents the
operating conditions for minimumower demand for GOX production @%mol estimated
asEse=157.8 KWh/tQ.
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36 stages

90 8%%mol N7
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Fig. 2.7. Low-pressure tripleolumn for impure GOX production (LBCOL-2REB).

2.3.2. Benchmarking of the Novel Air Separation Unit

Separation power coefficients of flowsheets presented in Eiy2.7 for low-pressure GOX
production a®5%molare summarized in Tab24 with process operational data. The VR
2REB configuration outperformed all cases in terms of power requiremedotyéol by the
recuperative variant RVREREB-LAIR. Although process performance has been
significantly improved, it is noteworthy to demonstrate that it is still far away from the
theoretical minimum separation requirement56f kWh/tQ for a reversible preess [30],
which still indicates a large opportunity for further enhancements in ASU performance from
the thermodynamic point of view. FiB.8 thus illustrates the power demand of some of these
processes with a conventional doub@umn ASU [6] and thehieoretical minimum power.

Table2.4 unveils most TVR ASUs requiring lower air feed pressures thaBQ®L-2REB,
with the only exception of TVRREB, indicating less power consumption in air supply to
the ColdBox. However, as their performances are criycanfluenced by N compression,
only TVR-2REB and RVR&REB-LAIR outperformed LP3COL-2REB (Fig.2.8). TVR-
2REB presents slightly higher air feed pressures than RYREB-LAIR, consuming® 15%
more electricity in air supply (while®25% less than LBCOL-2REB) but showing
considerably lowerEse, (Fig. 2.8). This is largely explained by drastically lowér7{%)
power demand to compress, espite similar pressures (Tal2ld), besides having an extra
turbo-expander producing power (Fig.3). Therefore, this precreening of ASU flowsheets,
portrayed by comparison of optimulepin Fig. 2.8, elects the novel TVRREB alternative
to beanalyzedin-depthandto be employed in the proposed EXGCC-EOR GasTlo-Wire
plant.
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Table2.4. Technical performance of simulated processes for @&%%molproduction.

RVRC- RVRC- RVRC- LP-
L\?/g'a LOTQ/BFSIL ;\q/gé 2REB 2REB- 2REB- 3COoL-
2LIN 1LIN LAIR 2REB
Flowsheet Fig.2.1 Fig.2.2 Fig.2.3 Fig.2.4 Fig.2.5 Fig. 2.6 Fig.2.7
TopVapor . Cold Cold Cold Hot Hot Hot
Recompressior
Air Condenser Product Bottom Secondary Bottom
Location N/A Vaporizer Reboiler N/A Reboiler Reboiler MHX
Air Supply o 62% LP/ o 54% LP/ o
Feed Ratio  100% LP Z?;" kﬂFg 36% MP/  100% LP 280//" kAPFf 39% MP/ 4530//" |L4F|’:{
(LP, MP, HP) ° 2% HP ° 8% HP °
Air Supply 302/ 204/ 143/ 881 55y
Pressure (bar) 4.14 3.79 3.87/ 1.43 2.51 385/ 4.56
' 5.47 ' 5.15 '
N, Compressor 273/
Discharge 4.22 4.10 2.78 ' 4.38 2.69 N/A
4.36
(bar)
O, Recovery 97.5% 84.2% 82.9% 98.2% 98.4% 80.1% 99.8%
Esep, GOX
95%molQ 189.7 174.7 139.0 185.3 167.2 148.1 157.8
(kWh/tO,)
240
200 4
9" 160 -
ﬁ 120 A
= 12
é/
E—" 50 A
. 40 - 7
O = T T T %
CONV- TVR- TVR- RVRC- LP-3COL-  Theoretical
2COL LOXBOIL 2REB 2REB-LAIR 2REB Minimum

Fig. 2.8. Power demand coefficients for legaressure GOX production 86%mol

2.3.3. Technical Analysis of Novel Air Separation Unit

The subambient MHX+Subcooler heat transfer profile is unveiled in Eig.to demonstrate
conformity with assumptions {A12]A14} (Table 2.1). The selected criteria of minimum
temperature difference for heat transfer can be examined in the curve shé&wn 219a,
where the first local maximum from the hot end of the MHX corresponds to the output of
HP-AIR that feed the secondary turbine (compander), while the first local minimum
corresponds to the return of the stream from the turbine back to the MBX2.%b is the
respective temperatuteeat duty diagram that generates RR@a. Fig.2.9c illustrates the
magnification of the coldest portion of the diagram, where the left of the plateau (LOX

vaporization) represents the heat exchange in thesuoler, while the other part represents
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the MHX at its cold end, where minimug occurs due to latent heat exchange between
LOX and mediurpressure air (MRAIR) (Fig. 2.3). Condensation of MRIR is completed

at bottom reboiler. Fig2.9c also demonstrates that this process, a small portion of LOX
needs to be vaporized by cooling air in gaseous phase, which is more clearly revealed by the
global maximunmod of Fig. 2.9a.
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Heat Flow (MW)
Fig. 2.9. Subambient heat transfer profile in TYEREB (MHX+Subcooler): a) hot
composite temperature versys; b) temperaturdeat duty diagram; c) temperattreat
duty diagram below160°C.
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Process optimization here mainly involves defining the flow rate of B&Ng recompressed
and the proportion of air intake to each line of CBlk feed, with pressure degrees of
freedom being determined by feasibility for heat transfer matching the referred thermal
approaches. The TVRREB process has two key variable floates to be optimized for best
energy performance: the flow rates of MR and GAN for recompression (Fig.3), which
means optimizing the liquid feeds to the column (LIN and LAIR). The proportion between
LP-AIR and HRAIR is then determined by refrigégran needs. The region of minimum
separation power demaiide=139 KWh/tQ is presented in Fig2.10 as a function of ratios

of recompressed GAN and MRIR by total molar flow rate of purified air sent to the Gold
Box, indicating0.17for p-GAN and0.36for MP-AIR. This means respective§400 kmol/h
and11438 kmol/Hfor producingd475 t/dGOX 95%mol(31796 kmol/hpureair feed).

0.44 156

—
Ln
(3]

=
[=2s]
Esep (kWht)

0.32

Air feed ratio of LAIR

0.3

0.28
0.1

012 014 016 018 02 022 0.24
Ajr feed ratio of nitrogen recycle

Fig. 2.10. Specific separation power demarkl) as a function of GAN for recompression
(column recycle) and LAIR flow rates.

Fig. 2.10 expresses the tradéf between @recovery and ASU power consumption, as both
streams affect compression duties. On the one hand, highelRIFlow rate loads more
power to the booster air compressor (BAC), and on the other, the flow rate of GAN
recompression increases cryogenic commresower, which needs to be dissipated by
correspondingly higher turbexpansion output, loading refrigeration effort by requiring extra
air compression, influencing the proportion betweerAlR and HRAIR besides the inlet

pressures for turbexpanders.

The minimization ofEsep Wwas obtained for a relatively low.®@ecovery of83% contrasting
with most ASUs, where it is abo@8% though being less efficient in energy terms (Table
24). The low Q recoveryoccurs due to @loss in the top product waste AN with

impurities,95%molN, ¢ due to limited LIN reflux. In face of usual highurity specifications
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for GAN, TVR-2REB is not capable of simultaneously delivering pugenNile producing
GOX with high energy efficiency. For this purpose, it is preferatdeuse a cycle
characterized by higher LIN reflux, which is the case of the classic -TRRB
configuration. On the contrary, as disclosed in Brégagt al. [27], Ar recovery would be
easily performed by introducing few optional process modifications\R-ZREB. With the
same flowsheet but adapting the column specifications, a sensitivity analysis of ASU
minimum power demand was performed varying the GOX purity, with results ir Hity.
While GOX 95%mol production atl atmrequires139.0 kWh/tQ, for anear complete N
removal, with0.01%molIN; in GOX (97.32%molO,), the minimumEse, would be143.5
kWh/tO,. Ar removal causes drastiep increase at higher purities (Fig.11), so that at
99.5%mol O,, the Esepis 185 kWh/tQ, a remarkable value relatii® conventional pure
GOX plants, with usudkse 245 kWh/tQ [7].

200 .
f-Argon
190 - 1 Removal
180 ~
g N Removal 4
e 7
2 160 L.
= 1
% 150 4 L
140 —
130 T T

90%  92%  94%  96%  98%  100%
Oxygen purity (%emol)
Fig. 2.11. Sensitivity analysis of TVRRREB power requirement varying GOX purity.

2.3.4. TechneEconomic Analysis of OxyCombustion Power Generation Systems

The process flow diagram of the DGCCEOR plant is presented in Fig.12 with its main
process conditions. The numerical results ofNBXCC-EOR streams are shown in TaBl®.
The process begins with lepressure GOX from TVRREB ASU being compressed 40
bar before entering the gagbine (GT) combustion chamber @8.5 ba)y in stoichiometric
proportion to higkpressure NG. The expander inlet temperature is set t¢Q@368sulting in
a hightemperature discharge of 68X despite of high expansiaatio of 37.5, due to the
high specific heat capacity of G@ich oxy-combustion exhaust gas compared terich gas
of conventional NGCC, where GT discharge is only at@76
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Table 2.5. Main streams of power plant alternatives.

Conventional NGCC Ox-NGCGEOR

Air GT Stack ST | GOX GT FlueGas ST Water CO,to CO,from CO,to

Intake Outlet Inlet | Feed Outlet from DCC Inlet Purge ABS ABS EOR

T (°C) 15 476 150 430 15 680 30 560 25 30 325 72.8

P (bar) | 1.013 1.033 1.013 22 | 1.013 1.053 1.013 56 1.10 50.5 50 350
F (kmol/h)| 81373 84147 84147 15250| 5809 47020 41762 19964 5259 3192 3150 3150
CGo, 0.0004 0.0347 0.0347 0.7708 0.8678 0.0002 0.9038 0.9045 0.9045
H,O 0.0101 0.0739 0.0739 1.0000 0.1489 0.0418 1.0000 0.9998 0.0020 138ppm 138ppm
0, 0.2074 0.1350 0.1350 0.9500 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
Ar 0.0092 0.0089 0.0089 0.0239 0.0371 0.0417 0.0000 0.0435 0.0440 0.0440
N, 0.7729 0.7476 0.7476 0.0261 0.0432 0.0487 0.0000 0.0507 0.0513 0.0513

Hot GT exhaust gas enters theat recovery steam generation (HRSG) section to produce
high-pressure superheated steam at°66b bar for the Rankine cycle and kpnressure
steam for the triethylenglycol (TEG) reboiler. The exhaust gas leaves the HRSG°at &9

be cooled down to 3C in the direcicontact column (DCC) with water at Za This exhaust
has©87%mol CO, and °92% of it is recycled to the oxgombustion to attenuate flame
temperature. The CQich recycle is compressed in the GT adiabatic axial compressor, while
the remaning °8% of the exhaust°@0%mol CO,) is sent to multistage intercooled
compression to 50.5 bar. At this point, the exhaust is dehydrated via coumnt contact
with lean TEG 98.5%w/w at 3CQ, to lower the water (#®0) content to 138 ppm mol.
Dehydratel CO,-rich gas then goes to the last compression stage before being totally
liquefied at 130 bar/3C, so that it finally can be pumped to dispatch pressure of 350 bar for
EOR purpose.

The conventional NGCC was simulated for the same NG feed, stoichiometric air and
expander inlet at300°C/39.5 barto be compared with GXGCC-EOR. Stream results for

both plants are shown in Takb with molar fraction compositions, except when indidate
otherwise. Conditions of higpressure superheated steam are different for NGCC and Ox
NGCGEOR: 430C/22 bar for conventional NGCC and 36066 bar for OXNGCGEOR.

This is a consequence of the different GT expander outlet temperatures, which affect hea
transfer limits differently and the steam pressure taking into account assumption {B9} (Table
2.2) which stipulates minimurf0% of expanded steam quality at steturbine (ST) outlet.

Stack emissions at conventional NGCC attains 128.5 t/f) ®hlle OxNGCC-EOR has no

CO, emissions, producing 3150 kmol/h of E@IRid with 90.45%mol CQ, 5.13%mol N
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and 4.40%mol Ar. Certain amount of, Ns carried to the EORuid from GOX at the
nominal purity of95%mol ¢ 2.61%mol N in the case of TVRREB ¢ but an optinzed
GOX purity within 95%mot98%mol could optionally be applied for the best overall
efficiency. In this case, in exchange for slightly higkey, (Fig. 2.11), less M can reduce the

compression power of EQGfuid.

1 atm
30°C

He
2.89 bar _ 680°C

Fig. 2.12. Flowsheet of OXNGCC-EOR GasTo-Wire plant.

Positive and negative power contributions for overall power plant efficiency are presented in
Table 2.6, showing that the conventional NGCC evidently has greater power output.
Electricity generation is reduced by 6.88%LHV from convardaloNGCC to OXNGCC

EOR. Total power output of combined GT+ST°8%LHV higher in OxNGCCEOR, but

GOX production and compression consume 3.98%LHV and 3.33%LHV, respectively, with
CO, compression and pumping demanding further 2.52%LHV.

Table 2.6. Contribuing power production/consumption items of alternatives.

Conventional Ox-NGCC-EOR
Power/ltem NGCC + TVR-2REB ASU

MW %LHY MW %LHV
ASU TVR-2REB - - -2455 -3.98%
GOX Compressor - - -20.56 -3.33%
GasTurbine 278.72 45.19% 249.10 40.38%
SteamTurbine 74.79 12.12% 123.25 19.98%
CO, Compressors & Pum - - -15.55  -2.52%
Auxiliary Equipment -0.23 -0.04% -0.85 -0.14%
Net Output 353.28 57.27% 310.84 50.39%
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Fixed capital investmentClI) of conventional NGCC and GGCCEOR coupled to TVR

2REB ASU are presented in Fig13, which shows tha&Cl of ASU and GOX compression
would be comparable to theCl of conventional GT with bottoming ST of equivalent
capacity, so that totd&fCl practically duplicate in ONGCGC-EOR with TVR2REB ASU¢

from 187.62 to 358.20 MMUSLy since further items have little effect over tofaCl.
Despite of much higher capital investment, it is evident that in a scenario with monetization
of CO, recovery forEOR and incidence of carbon taxation, economic performance of zero
emission OXNGCCGEOR with TVR2REB ASU could overcome the largeale CQ

emitting conventional NGCC.
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O 150
5 .
= Gas Turbine
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B Air Separation Unit

[==]

CONV OXYFUEL
Fig. 2.13.FCI of alternatives.

Without carbon taxes, Tabke7 demonstratesconomic performance of process alternatives,
considering the same electricity price, showing profitability ofNIZCCG-EOR + TVR
2REB ASU with positive net present valugRV) for 30 years of operatioNPV(30y¥765
MMUSD. Greater annual profitAP) is obtained for OXNGCCG-EOR + TVR2REB ASUC(
150.63 MMUSD/y against 137.82 MMUSD/yas a consequence of 14.1% higher revenue
due to CQ-EOR in spite of 6.88%LHV of net efficiency penalty (TaBlé). More exactly,
135.5 t/h of EORluid is assumed to be capal@é producing 135.5 bbl/h of crude oil, thus
giving a revenue dt80 MMUSD/y for the considered price of 74 USD/bbl (operatiogrs
8000 hly). The revenue from electricity%270 MMUSD/y, for®311 MW priced at 0.1087
USD/kWh from assumption {C1} (Tabl2.3). Therefore, OONGCCEOR + TVR2REB
ASU totalizesREW 350 MMUSD/y, contrasting witliREW? 307 MMUSD/y from° 353 MW
electricity sale of conventional NGCC (Tald®).
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However, OXNGCCGEOR with TVR2REB ASU is still not capable of overcoming
conventionaINGCC NPV(30y¥818.33 MMUSD (Table2.7) because of the much higher
(+90.9%) FCI of the former, so that the advantage of the annual profit eBNGLGEOR

with TVR-2REB ASU should be even higher, which is only attained with carbon taxation.
ASU and GOX compmssor are major contributors for the increase of the total cost of
manufacturing COM), as totalFCI not only negatively impacts cash flows in construction
years, but also indirectly increase tG8®M. The cost of raw material €RM) is almost the
same but lgghtly higher in OxNGCCEOR with TVR2REB ASU due to TEG reposition,
while the cost of utilitiesQUT) increases significantly (+60.6%)but with little influenceg

due to higher coolingvater duty to dissipate compression heat, and to condense wdter an
CQO,. At this point, although not considered here, implementation of heat integration would
rise overall efficiency, as electricity exportation would increase with simultaneous reduction

on CW utilization, thus improving total annual pro#R).

Table 2.7. Economic performance of alternatives.

Power Conventional Oxy-NGCC-EOR
Plant NGCC + TVR-2REB ASU
FCI (MMUSD) 187.62 358.20
COM (MMUSDy) 108.06 140.72
REV(MMUSDVy) 307.21 350.49
CRM(MMUSDy) 57.75 57.76
CUT (MMUSDy) 2.41 3.87
GAP(MMUSDVy) 199.15 209.77
AP (MMUSD/y) 137.82 150.63
NP\V-30yearsf(MMUSD) 818.33 765.67

Fig. 2.14 depicts the influence of different scenarios of, @3ationg 0, 20, 40, 60 USDK,

in the NPV of conventional NGCC against the zemmission OXNGCCGEOR with TVR

2REB ASU along the 33 years of the project (30 operational years). The initial sequences of
bars express the construction years, whereNGCCG-EOR + TVR2REB ASU stands out

with the lowesiNPV levels due to highdfCl. Supported by greater revenue due ta-EOR

and profit reduction of competitor G@mitting NGCC from carbon taxation, superiority of
zeroemission OXNGCCGEOR+TVR-2REB ASU along the operational years appears with
NPV advancig over progressively lower G@axes. By the @ year (8" of operation), it first
overcomes th&\PV of NGCC at 60 USD/t, while for the scenario of 40 USD/t it takes just
further two years. For the level of 20 USD/t, the advantage appears after 20 rgears f
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construction, and break&ven taxation for the end of the project horizon is quoted as 13.5
USD/t CQ. In other words, it means that even presenting zerg éssion, OXNGCC-
EOR with TVR2REB ASU is more profitable than conventional NGCC if currembaa
taxation policy is above 13.30.0 USD/t CQ depending on the project lifetimgwhich is

already a reality for some European countgesspecially considering that progressive taxes

are expected over the future.
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Fig. 2.14. Profile of net presentalue of OxNGCCGEOR with TVR2REB ASU and
conventional NGCC at distinct carbon taxation scenald@&D(tCQ).

2.4. Conclusions for Chapter 2

In this work, a new cryogenic TVR distillation column was developed as a newcé&tept,
the so-calledTVR-2REB. The technical evaluation of GOX production of FYREB ASU

was performed by process simulation and compared with several ASU concepts including
stateof-the-art ASU, with the conclusion that TVBREB ASU achieves best specific
separation power esumptionEse=139 KWh/tQ for GOX production witl85%mol Q.

The process configuration of TVEREB ASU involves a single atmospheric cryogenic top

vapor recompression distillation column with two reboilers: an intermediate reboiler and the

habitual bottonreboiler. The intermediate reboiler is heated with compressed GAN from the

column top, while saturated compressed air feed heats the bottom reboiler. The mentioned p

GAN is a fraction of the atmospheric column top vapor, which is pressurized via cryogenic

compression. The cryogenic distillation column is fed with LAIR, produced by latent heat

exchange with boiling @n the column bottom reboiler.
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The power requirement for the production of both -jmwity (95%mo) and highpurity
(99.5%mo) GOX by TVR2REB ASU is significantly lower than current staiéthe-art

ASU. Differently from the standard ASU, there is no need for additional higher pressure
columns to generate LIN to reflux the main lpwessure column. It was also demonstrated
that compressing GANryogenically entails less power consumption than compressing it at

ambient temperature, despite increasing refrigeration effort.

In the second part of this work, the new proposed REB ASU is coupled to a zero
emission oxyfuel NGCC with CCEORT Ox-NGCC-EORT in the context of Gago-Wire

plants, which was investigated considering different economic scenarios of carbon taxation.
Ox-NGCCGEOR with TVR2REB ASU achieves superior profitability compared to
conventional C@emitting airfed NGCC,in spite of the® 100% higher investment of the
former relative to the investment of the latter. It was demonstrated that for a project lifetime
of 30 years of operation, any carbon tax abb8& USD/tCQ would guarantee economic
superiority of the propesl OXxNGCCG-EOR with TVR2REB ASU due to increased oil

revenues from EOR and zero emission taxation costs.
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3. ANew Concept of Air Pre-Purification Unit for Cryogenic Separation:
Low-Pressure Supersonic Separator Coupled to Finishing Adsorption

Thischapter is published as an article in Separation and Purification Technology.

BRIGAGAO, G. V., ARINELLI, L. O., DE MEDEIROS, J. L., ARAUJO, O. Q. F. A new
concept of air prurification unit for cryogenic separation: lgpvessure supersonic
separator coupd to finishing adsorption. Separation and Purification Technology, 215, 173
189, 20109.

Abstract

In commercial cryogenic manufacturing of oxygen, air to the Balxl must pass through a
PrePurification Unit (PPU) to remove water, @@nd other impuritis. The conventional
PPU¢ FULL-TSA ¢ comprises compression, cooling fatehydration and temperatuseing
adsorption (TSA) for dehydration and €@moval, supplying treated air 8tl bar This
work discloses a new PPU concepiSSTSA ¢ prescribing a swugrsonic separator (SS)
upstream to TSA handling8.5% of dehydration, greatly lowering TSA costs. -$SA
comprises compression, cooling flehydration, SS dehydration and a smaller TSA for
finishing dehydration and Gemoval. A SSTSA variant¢ TSA-HI ¢ additionally recovers
compression heat lowering heating costs:TS#, FULL-TSA and SSSSTSA-HI were
analyzed. Flowsheets were simulated in HYSYS with full thermodynamic SS modeling via a
new HYSYS Unit Operation Extensian SSUOE ¢ rigorously calculatig the multiphase
sound speed. SS was designed for @B of headloss, recoverind8.5% of water as
supercooled liquid, lowering makep and chilleewater costs, while shrinking the TSA
service to 10% of the FUL-ISA counterpart. For commercistale PPU considering 20
years of operation at 10% interest rate, the purididdoarair breakeven prices reache@28
5.19 and5.18 US$/kNf respectively for FULETSA, SSTSA and SSTSA-HI, establishing

superiority of SS alternatives over the conventidAdlLL-TSA.

Keywords: air prepurification; air dehydration; supersonic separator; multiphase supersonic
flow; multiphase sound speed.

Supplementary Materials
Supplementary Materials for this chapter are founflgpendices/1, V2 andV3 andV4.

Abbreviations

1D OneDimensional; AA Activated Alumina; ASU Air Separation Unit; BAC Booster Air
Compressor; C3+ Propane and Heavier HGs8V ChilledWater;CW Cooling Water; DCA
Direct Contact Aftercooler; EOS Equation of State; EWC Evaporative WateeC&blLL-
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TSA Conventional TSA PPU;HC Hydrocarbon; HCDPA Hydrocarbon DeRoint
Adjustment; LP LowPressure; MAC Main Air Compressor; MM&fah Millions Standard rh

per Day; MS Molecular Sieve; MBSA Smaller TSA of SS PPU; MMUSD/y Millions
USD/y; NG NaturalGas; PPU Prurification Unit; PREOS Pengrobinson EOS; PSA
Pressureéswing Adsorption; REVEX Reversing Heat Exchanger; RH Relative Humidity; SS
Supersonic Separator; SSA New SS+TSA PPU; SBSA-HI New SS+TSA Heat
Integrated PPU; TSA Temperatwseing Adsorption; VLE Vapoiliquid Equilibrium;
VLWE Vapor-Liquid-Water Equilibrium; UOE UniOperationExtension;USD US Dollar;
WDP Water DewPoint; WDPA Water DewPoint Adjustment. WW Warm Water.

Nomenclature

A(X) : Flow section area at axial position x n

c(T,P,Z) :Sound speed property of multiphase equilibrium fluid at () Rmn/s)

COM, CUT : Costs of manufacturing and of utilities (USD/y)

C,t apH 8 :
T &

D, D, D1, Do : Diameter and SS internal diameters at inlet, throat and outlet (m)

= : Feed flow rate (kmol/h)

Molar isobaric heat capacity of multiphase fluid (J/kg.K)

O

FCI : Fixed capital investment (USD)
H : Molar enthalpy of multiphase fluid (J/K.mol)
L, L, Lp : SS lengths: total, convergirsgction and diverging section (m)

Llaval | Sheek - aval nozzle length and SS axial position where MaZRf&=L"""""" (m)
Ma=v/c : Mach Number

Ma>"ock : Maximum supersonic Ma

M : Molar mass (kg/mol)

nc : Number of components

NPV : Netpresent value (USD)

P : Absolute pressure (bar) or (Pa)

REC%HO : Percent recovery of #0 as SS condensate

REV : Revenues (USDly)

S : Molar entropy of multiphase fluid (J/K.mol)

T : Absolute temperature (K)

% : Axial velocity ofmultiphase fluid (m/s)

X : SS axial position (m)

Z : Vector (nc x 1) of mol fractions of multiphase fluid

Greek Symbols

hi : Converging and diverging angles (deg) of SS with linear diameter profiles
K%, H°MPoy, - SS adiabatic expansion and compression efficiencies (%)
y : Molar vapor fraction of multiphase fluid

: Multiphase fluid density (kgAn

é ~
Xp ! %8 : Derivative ofr with P at const. TZ for multiphase fluid (kg/Pa.th
Q _—

‘TZ
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o

X;t %8 : Derivative ofr with T at const. PZ for multiphase fluid (kg/K.f
‘PZ

Superscripts

Inlet, Outiet : SS inlet and SS outlet

Shock : Just before normal shock and before condensate withdrawal

Subscripts

AS : Just after shock

BS : Justbefore shock and after condensate withdrawal

3.1. Introduction

Cryogenic air separation units (ASU) configure the most suitable technology foistzaige

air fractionation, currently widespread applied for oxygen supply to steelworks and coal
gasificaton [1]. The uprising of oxgombustion CQ capture in thermoelectric plants
signalizes a probable increase of the global demand for oxygen gas in next decades requiring
largescale efficient ASUs. Largscale ASU comprises two processes with very distinct
characteristics, namely: (i) air compression,-goeling and purification hereinafter referred

to as PrePurification Unit (PPU); and (ii) cryogenic fractionation or G&8dx. PPU supplies
purified pressurized air to CeBlox, both owned by the same comgaccording to current
practices. However, it is conceivable, particularly in lasgale ASUs, to have outsourced

PPU for best overall profitability. As the CeRbx is highly capital intensive, the

development of more efficient largeale PPU is intest of oxy:combustion.

PPU compresses and treats air preventing entrance -tdrioeng contaminants (3@ and

C0O,) and traces of flammable hydrocarbons (HCs) in the -Bokl Freezingput
components plug the main CeBbx heat exchanger, representing operatl and safety
hazards, besides economic loss associated to defrostingastms, while HCs concentrate

in the oxygen sump of the main column thanks to higher boiling points than oxygen, leading
to dangerous autignition mixtures [2].

Currently, the st common PPU concept so-called FULL-TSA PPU ¢ is based on
temperatureswing adsorption (TSA) over an activated alumina (AA) bed followed by a
molecular sieve (MS) bed, the former for removing water and the latter fera@®DHCs
removal [3,4]. TSA adds periodic bed regeneration combining heating with
depressurization via heated decontaminatetimnitrogen from ColeBox. As purging water
from AA bed is harder than purging GEHCs from MS bed, TSA requires hot purging
nitrogen above 20°C for completedesorption. FULETSA PPU also involves preooled air
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feed for reducing moisture, thus lowering TSA costs and adsorbent load and/or extending
TSA cycles, typically o#4-8h [3,4]. Largescale FULL-TSA PPU features large TSA vessels,

high heat demand for bed regeneration, besides adsorbent replacement owing to breakage by
thermatmechanical stress from cyclifg].

PressureSwing Adsorption (PSA) is an alternative to TSA with somwvantages by
eliminating regeneration nitrogen and qoaled air. However, due to lower loadings, PSA
demands short cycld€20 mir) with several drawbacks, such as high maintenance costs of
switching valves, larger adsorbent inventories, higher mecalsiress on beds and air
losses by frequent depressurization [6,7]. Furthermore, PSA loses competitiveness as the air
feed design pressure decreases, a trend for reducing power consumption, a major ASU cost.
Current impure oxygen gas production requis bar air feed [8], contrasting with
conventional 5.5 bar Cold-Boxes [9]. Thus, in lowressure ASUs, FULITSA PPU is
dominant [10]. Lowpressure ASU is approached with vapor recompression cryogenic
distillation requiring main air feed dt5 barand adpting former reversing heat exchangers
(REVEX) prepurification claimings%less power consumption than conventional ASU [11].

On the other hand, REVEX is an obsolete technology, characterized by sending raw
pressurized air to ColBox without purification so that as it gradually cools down in the

main heat exchanger, contaminants freeze out and are retained [2,7]. The superiority of
FULL-TSA PPU over REVEX is consequence [2] of REVEX cycles of drly) min where

raw air alternates with nitrogen from @dBox allowing resilient traces of frozen HCs to
partially evaporate into the feed air, accumulating in the distillation system. Comparatively to
REVEX, FULL-TSA PPU offers safer ASU operation, consequently REVEX is no longer
used [2,7].

Works on FULLTSA PPU mostly focus on experimentation and modeling aiming at to
address adsorbent performance as in [12] {8,HCO, and HCs with several adsorbents; in
[13,14] for TSA of HO on F200 AA including HO-CO, competition and capillary O
condensation; and if10] for H,O/CO, TSA on F200 AA. Other experiments demonstrated
superior CQ/CH,loadings on LiLSX zeolite MS comparatively to conventional 13X zeolite
MS [15]; and TSA on AA composites with 13X zeolite MS, giving higher HC loadings than
conventional 1X zeolite MS [16].Kawai and Nakamura [17] disclosed a FUTISA PPU

with larger MS bed and higher air velocity to limit €@ompetition against §0 and HCs,
while Nakamura et al. [18] discussed FUIISA PPU with AA and MS beds using two
simultaneous desorption gases: CBluk nitrogen al00-250°Cand60-250°Craw air.
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This survey proves the preponderance of FUISA PPU in largescale ASUs, but its
evident that ponderable capital and operational costs are inherent to TSA. Reseastlh on
mostly questsfor low-pressure ColkdBoxes [8,11], particularly for oxgombustion oxygen,
while typical PPU papers in the literature expl&&7.0 bar FULL-TSA PPUs, ignoring

cases below bar.

Counterpointinghistrend thepresentvork addresseanewPPUconceptatlowerair pressure,
radically lowering the size of costly TSA by adopting a upstreampm@ssure supersonic
separator (SS) handling8.5%of the dehydration load of pi@oled10°C raw air (°3886
ppmHO). With SS, TSA must now finish onl§1.5%of dehydration load and remow870
ppmCQ and minor HC contaminants totalirf§0%of the entire dehydration load. Hence the
AA bed is unnecessarynd only a MS bed is required approximaté€i5% larger than its
previous size in FULLTSA for same cycktime. This new PPU concept is called-BSA so

as to emphasize SS and TSA collaboration for akppirdication. A heaintegrated SSSA
variant¢ SSTSA-HI ¢ is also demonstrated for improved profitability by avoiding heating
costs of MS regeneration. Both §SA and SSTSA-HI regenerate the MS bed with hbt
atmdry nitrogen from ColeBox, the difference being the heating source:-foessure (LP)

steam in SSTSA and warm water from compression heat recovery i1 S&-HI.

The advantages of SESA and SSTSA-HI over FULL-TSA were unveiled via technical and
economic analyses after simulating the respective flowsha#isHYSYS 8.8. In SSTSA

and SSTSA-HI the SS unit was rigorously thermodynamically modeled via a HYSYS Unit
Operation Extension (UOE) S3OE previously developed [19], whose algorithm is
disclosed in Appendix/1l. SSUOE handles multiphase equilibrium supersonic flow and
phasesplit, calcuating the correct multiphase equilibrium sound spegdvith PEGUOE,
another UOE from previous work [20]. &80E is validated in Appendi¥2 with SS data

from the literature.

Scientific and patent literatures never considered before such PPU concept using SS
combined with smaller finishing M$SA for largescale ASU. Therefore SBSA and SS

TSA-HI are original and novel frameworkssing breakthrough SS separation technology,
bath more profitable than the conventional FULSA PPU.SSTSA and SSTSA-HI
configure embodiments of pending paté&in. BR10201702772F registered in Brazilian
Patent and Trademark Office [21].
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3.2. Supersonic Separator

Offshore natural gas (NG) conditioning at high pressures has been a common application of
supersonic separators (SS) for removal of condensable with optimum preservation of
mechanical energy, i.e. minimum helads for a given removal [22]. In highressue NG
conditioning SS applications comprises water g@wnt adjustment (WDPA) and
hydrocarbon devpoint adjustment (HCDPA) [19,22Fig. 3.1 depicts SS geometry with
linear diameter profiles showing swirling and collecting vanes, the former impelling fluid to
rotational motion, while the latter, located at walls, receive centrifuged formed liquid
particles subsequently ejected through theitigputlet. Fig.3.1 is limited to essential aspects

of SS model assuming omEmensional (1D) axial adiabatic compressible flow. SS design,

phenomenology and simulation refer to Bd..
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Fig. 3.1. SS sketch with linear diameter profiles.

Gas is admittd in SS inlet D=D,) at high pressuré®™®" accelerating in the converging

section, expanding and cooling down until it reaches sonic Mach NuriMaerl] at SS

throat O=D+), where the flow velocityW) equals the sound speeg). (Somewhere upstream

the throat the swirl impeller put the fluid to rotate with subsonic tangential speed sufficient to
establish a centrifugal field of a few thou:
the liquid collecting ports at the walis the diverging section. It is easy to show that such
subsonic rotational kinetic energy is only a few percent of the axial supersonic kinetic energy

at the collecting ports, so that the swirling effects can be neglected in SS calculations with
small errgs. In the SS diverging sectioh and P continue to fall as the flow becomes

supersonic Nla>1). As the SS outlet pressur®%") should be higher than the lo®
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attained in the supersonic section, supersonic flow becomes metastable as it expands against
higher downstrean?®""®. This metastability increases witlP°""t P, such that somewhere

in the diverging section a normal shock front occurs (Bd). Normal shock is an
irreversible transition that suddenly turns the flow back to substbtasl), accompanied by

sharp, practically discontinuous, increasePpfT and molar entropy §). The aftershock
diverging section is a diffuser where the subsonic flow gradually recompresses, haats up
decelerates towards the SS outletPa®P®“" Compressible flow is practically isentropic
upstream and downstream the shock, so that the shock is the unique great source of
irreversibility along the SS flow path, which explains /"< P |n other words, there

must be some heddss from inlet to outlet, increasing with shock intensity, which rises with

Ma just before shock oMags The isentropic character of expansion and compression SS
paths can be relaxed by specifying respective ati@abficienciesd™ %, d“""% [19]. The

location of collecting vanes is specified witha>"°* the maximum supersonia before

shock. AtMa=Ma>"*condensate is withdrawn, leaving dry gaMats ready for shockl(¢

Mags ¢ Ma®"°%. Ma>""**determines the Laval Nozzle, i.e. the convergihgerging nozzle
extending from inlet to prehock (Fig.3.1). In SS operation with raw NG, water and C3+
(propane and heavier HCs) condensate shoul d
shock, cenifugally pushed towards the collecting vanes. Any snohliected liquid is re

vaporized through the shock destroying separation [19].

SS research has evolved in last decade via thermodynamic approaches [19,23,24,25] and
computational fluid dynamic (CFD)paroaches [26,27]. As proven elsewhere [19], despite
easily implemented and dominating SS literature, CFD SS approaches lack completeness as
CFD cannot handle complex multicomponent phase behavior and-geasgei VLE
(vaporliquid equilibrium) or VLWE {aporliquid-water equilibrium) transition$ neither

the multiphase sound speed), (both essential SS features with condensing feeds (e.g. raw
NG or raw air).For example, Yang et al. [26] and Wen et al. [27] are two recent CFD
representative SS workstiwiraw NG. The former studied the impact of expansion ratios and
preshockMa on pressure recovery, while the latter compared diffuser geometries regarding
pressure recovery. Despite apparently different, these works share two fundamental aspects:
both moel SS flow path with CFD software and use raw NG with condensable C3+ and
water. Such choices lead evidently to SS profiles with some error as CFD cannot generate
phasechange effects on SS flow path, a feature inherent to raw NG feeds. Several other

limitations found in these and similar CFD works are: (i) the multiphase sound spéed (
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not correctly calculated as phadeange is ignored, a critical factor in SS with raw NG; (ii)

too cold and wrong prehockT profiles result from ignoring phasgangein SS path; and

(i) inclined linear trends orP, T, Ma profiles across normal shock, besides improper
oscillating anomalies just upstream and downstream the front. Therefore, there is a need for
rigorous thermodynamic formalisms to handle SS with condgrfeeds. The truth is that

CFD is insufficient for SS engineering and design with such feeds. Recently, Shooshtari and
Shahsavand [28] considered SS with raw NG for better pressure recovery given the degree of
dehydration via condensatignucleation thexy and droplet growth. Despite not using CFD,

this work also explored a limited SS model considering sipgkese compressible flow with
PREOS, which was used only for calculating singlease density and isothermal
compressibility, and not for full phasguilibrium and multiphase; i.e., the phase
equilibrium on SS flow path and multiphasproperty were not taken rigorously. There were
other limitations: (i) normal shock via ideal gas with constant heat capacities ratio; (ii)
Raoul@ Law for highpressure water VLE; (iii) sound speed for ideal gas with constant heat

capacities ratio.

On the other hand, thermodynamic SS approaches handle phase transitions and mgltiphase
but demand full thermodynamic equilibrium, perhaps not fully attainable Is&&pse of
milliseconds. Nevertheless, thermodynamic SS approaches are more valuable for condensing
feeds as they can represent limiting SS behaviors under strict observance of the Second Law
of Thermodynamics, while ordinary CFD SS approaches with ceimeeds violate the

2" Law as CFD predicts unrealistic too cold {steock temperatures implying adiabatic
destruction of entropy, a forbidden outcome [19]. In other words, it may be possible that a
real SS departs somewhat from the predictions of théymamic equilibrium SS modeling,

but such equilibrium modeling cannot be viewed as wrong because all thermodynamic laws

are respected, especially tH€ Paw.

A rigorous thermodynamic SS modeling was presented by Arinelli et al. [19] who developed
SSUOE, a HYSYS 8.8 UOE appropriate for SS design and simulatiodJ@E models
multiphase 1D compressible flow in SS path matching SS design with throat sonic flow,
besides executing condensate separation, normal shock and diffuser recompredsioi. SS
requires the phasequilibrium sound speec)(property, which is calculated by PRIOE,
another HYSYS UOE for rigorous determinationmtinder singlephase (gas), twphase

(gas and liquid C3+ or gas and water) or tkphase (gas, liquid C3+ and water)

compresible flows as disclosed in de Medeiros et al. [20]-U&% and PEGJOE can
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efficiently handle SS with raw NG feeds producing two immiscible condensa@&s- and
wateri as occurs in WDPA+HCDPA applications [19,25], while other thermodynamic SS
models canot handle water and are restricted to HC condensate only [23,24]. Arinelli et al.
[19] also demonstrated SS for €Qemoval from CQ@rich NG feeds previously
WDPA+HCDPA treated to allow exclusive GGondensation in SS. However, SS path must

be designed lwosing Ma>"** lesser than a certaiMa 2!

to prevent excessive
temperature drop possibly crossing the ,Gf@ezeout border, this way avoiding dige

precipitation potentially plugging the SS.

SS is specified in SHOE via following parametergi) inlet flow rate, temperature, pressure
and component mole fractiong e, T pMlet ZneY- (jj) SS expansion/compression
adiabatic efficienciesdf*™%, d“™"%); (iii) converging/diverging wall anglesU( b) and
inlet/outlet diameters;, Do) (Fig. 3.1); and (iv) maximum attained supersohla (Ma>"¥.
SSUOEautomaticallyetrievedeedinletparameterfom HY SY Sflowsheetand reciprocally

exports the calculated SS product streams to it. In each simulation the SS design is obtained
by SSUOE via determination of lengths., Lp, L3"°% LP™Se" and throat diameted+ (Fig.

3.1), simultaneously with outlet conditions of gas and condensasejes the SS hedaks.

SS utilization for condensable separation from pressurized gas is evolving rapidly beyond NG
applications WDPA, HCDPA and G@emoval. Recently, Teixeira et al. [25] presented an
Aout of the boxo SS r edgnamicchydyate mhibitdidyntethanal,y | at e c
ethanol and ethylenglycol i from a pressurized raw NG stream previously contacted with
inhibitors in pipelines, obtaining remarkable results. By treating such raw NG in a SS with
small water injection it is posdi to recover the inhibitor trapped in agueous condensate,
besides producing saleable LPG and conditioned NG in terms of WDPA+HCDPA. In [25],
SS operated with supersonic thgease flow comprising gas, liquid C3+ and watdribitor
condensate, requirindgetermination of the threghase equilibrium sound speed propedy (

SS results of [25] were generated by simulating HYSYS 8.8 flowsheets for treating raw NG
with antihydrate inhibitors using HYSYS UOEs &$OE [19] and PEGJOE [20], where all
multiphaseequilibrium separations and properties where calculated with thec-@lus
Association Equatiof-State (CPAEOS) which can handle associating thpbase VLWE
(vaporliquid-water equilibrium) systems including hydroxylated dntdrate inhibitors [29].

The present work extends once more the applicability of SS lyimtgffor the first time in

the literature, new PPUs SIBA and SSTSA-HI where 298.5%0f the water content of raw

hock

air was abated by loywressure SS witha®"*carefully chosen to give SS pressure recovery
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of 2996.5% saving compressor power and complyinigh stateof-the-art ColdBoxes using

purified air at 3.1 bar SS was also simulated with $8E and PEG@JOE, whose
mathematical models and theory are not discussed in the text and should be found elsewhere
[19,20]. Nevertheless, in order to give a cleanvincing presentation of the thermodynamic

SS modeling used in the calculations and also to validate it, the algorithm-l@OESs

disclosed in AppendixV1 for SS nozzles with linear diameter profiles (Fig.l).
Additionally, the validation of S®OE was conducted in AppendiX2 by comparing its
results with Arinabés data presented by Yang
nonlinear diameter profiles for loygressure dry air. The concordance ofSSE results

with Ari naéoéstonabla.t a i s unque

At last, it is advisable to address the adaptability of SS to variable load of ASUs. Despite the
fact that the conceptual scenario of this work should correspond to verystaigeASUs for
largescale oxyfuel power plants whose operatiorshould be stable beforehaindndeed
smaller conventional ASUs are subject to sudden load chaAgakgously to centrifugal
compressors, there are some SS particularities that should be observed for adequate
performance. Let a SS design in Fi§)l. For successful operation, it is necessary and
sufficient that sonic flowNla=1) exists at the throat. Consequently, other things constant, the
sonic throat is lost if the inlet flow rate decreases or if the inlet pressure increases, since both
occurrences loer the inlet speed displacing the new sonic point downstream the throat,
which results in unattainable sonic flow because the diverging section recompresses the
subsonic flow slowing it down. At first, one would blame such effects as SS issues. But this
is an unfair interpretation. Similar phenomenon also happens with centrifugal compressors,
whose operation can be disrupted by surge effects from sudden falls of flow rate or suction
pressure. Thus, in both centrifugal compressors and SS, control schemegsrotecst the

operation against disruptions.

The truth is that a given SS is designed for a given inlet MMEH‘)( not for a given inlet

pressure or inlet flow rate. Thus, if the inlet flow rate falls occasionally, a control scheme
should throttle theefed to lower its pressure increasing inlet speed and restoring the design
Ma". Analogously, if inlet pressure falls, control should reduce inlet flow rate decreasing

inlet speed to restofda”. An i nverse reasoning al seswpr ks

Al ower 0 by Ariseso and Athrottlingo by Acomp
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This behavior is easily demonstrated for a SS expanding ideal gas with constant heat capacity
ratio (kt G,/ G, @onsi) for which it is easily shown the applicability of Eq3.1@), 8.1b)

and @.1c) correctly describing 1D isentropic compressible flow in a convejveyrging
nozzle, where inlet is referred 6&/ flow area section is represented Awand Eq. 8.1d) is
obtained from Eq.3.1a) by insertingMa=1 and A=A Thuys, gien a SS with geometry

AN AU ATTA ) ete and inlet temperatuf®’, Eq. B.1d) stipulates a uniquia™ for the
designA™°2A™ in order to achieve sonic throat flow. Therefore E&j$4) and 8.1b) show

that Ma and T profiles will match the dggn objectives (i.e. supersonMa>1 in the
diverging section causing low temperatiire< Ti”) if the inletMa is kept at the corredyla”
stipulated by Eqg.3.1d), not importing ifP" is manipulated away from its design value to
secureMa™ constant uner fluctuations of inlet flow rate. That i$" is adjusted to
accommodate different inlet flow rates (and wwa¥sa) for a given nozzle design properly
working with sonic throat. Another strategy to protect SS operation for air procdssing
which can becomplemented by the previotda” compensation schemésis to install an
arrangement of smaller parallel SS nozzles that are individually deactivated (or activated) by
the control scheme according to the total inlet flow rate, guaranteeing each nozzle always fed
with its desigria™.
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3.3. Methods

New PPUs ST SA and SSTSA-HI prescribe SS to abat®8.5%of the dehydration load of

raw air, reducing TSA service to less tHs00 ppmof contaminants, wheré€370 ppmCQis

the main load. Thus, SS becomes the main PPU step complemented by a finishing TSA step
executed by a MS bed 13X zeolite MS¢ hereinafter called M SA, whose service is
915% greater than the MS service in conventional FULRA PPU. MSTSA differs
corsiderably from the big TSA unit of FULLSA PPU of same capacity, because: (i) heat
consumption for bed regeneration is significantly reduced owing to smaller adsorbate purge;
(i) adsorbent inventory is reduced and/or TSA cyolee is extended for the e reason,
allowing less MS vessels and lower adsorbent thermaohanical stress, lowering
fragmentation and replacement costs; (iii) temperatudeaimnitrogen for bed regeneration

is lowered taB0°C due to weak C®MS interaction, lower kD content ad weaker HO-MS

interaction relatively to FD-AA interaction.

FULL-TSA, SSTSA and SSTSA-HI were simulated in HYSYS 8.8 for mass and energy
balances. Simulation results were used in equipment sizing and costing via Turton et al. [30]
method for economianalysis. Fig3.2a presents a methodology overview, while Bgb

details the determination of equipment design and utilities consumption.

New estimative for

. il
Process £ o aie o : Process simulation Intercooler and
: lati H punlied ar prnce L—.’ o
simulation in J' : results and _general [ DCA/EWC sizing
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i1l Revenue I
B.qg.ipm ent Adsorbent load
sizing and A calculation
consut_nlp_tion Gross and
of utilities Net Profit L 4
v Vessels sizing
Capital cost
estimation N Y X
Regeneration o Water
! calculation consumption
Y
Operational L 4
cost (utilities) Purified Air Heater and
| Price blower sizing
(a) (b)

Fig. 3.2. Methodk: (a) overview; (b) equipment sizing and utility consumption.
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3.3.1. PPU Simulation

Block diagrams of conventional PPU FU{ISA and alternative S$SA and SSTSA-HI

are respectively depicted in Fig3.3, 3.4 and3.5. All flowsheets initiate at the twstage
main air compressor (MAC), whose hot effluent air (stream #3)1& bar(FULL-TSA) or
3.292 bar(SSTSA and SSTSA-HI) feeds the direct contact aftercooler (DCA), where
bottom hot air firstly contacts cooling water (CW)38EC, then enters the upper DCA section
to contact chilledvater (ChW) at?9°C produced in the evaporative water cooler (EWC) via
evaporative direct contact of CW with dry nitrogen?a#’C (FULL-TSA) or 12°C (SSTSA
and SSTSA-HI) from ColdBox. The watessaturated nitrogen from EWC (stream #6) is
liberated in the atmosphere &27°C. In all diagrams watesaturated 100% RH cold air
(stream #3) leaves the DCA &€°C. From this point onwards, differences among FULL
TSA, SSTSA and SSSTA-HI become significant. In FULTSA (Fig. 3.3) stream #3
(T=10°C, P=3.12 baj feeds a bulky TSAInit with an AA bed for water removal and a MS
bed (13X zeolite) for C@HCs removal. Beds are regenerated vithtmdry N, from Cold
Box heated up td33C (stream #9) with LP steam. Purified air stream #7 from TSA
(Te17°C, P=3.1 baj feeds the CokBox exchanger to heat dry,Nrom Cold-Box to ?14°C.

e —————— - Nplatm
| I
| |
| l/ LP Ste Cond !
|
| 2 |
I 1 2 g 17
| Conventional : Air
| Main Air Aftercooler AA-Bed | Separation
Compressor MS-Bed
o, |
: MAC DCA/EWC (100 %RH) TSA : Cold-Box
|
! |
| vy 1
: . e ' g
: 6 v : Booster 02
| FULL-TSA 4 10 -

Fig. 3.3. Conventional FULETSA PPU for purified air supply to Colox.

In SSTSA and SSTSA-HI stream #3 T=10°C, P=3.25 ba) feeds a SS designed to capture
998.5% of the water of stream #3 with96.5% of pressure recovery. The slight higher
pressure of stream #3 (relatively to FUIISA) accounts for the SS hebubs of 23.5%.The
SS effluent air stream #1T{15°C, P=3.12 ba) with only °1.5% of its initial humidity
feeds MSTSA with a MS bed (13Xzeolite) for finishing water removal besides £&nhd
HCs removal. The other SS effluent is stream #12 sopeled liquid water T2-48°C,
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P=3.12 bal) which is recycled to ChW pool lowering CW malie and EWC demand of
cold N, from ColdBox. MS beds of S§SA and SSTSA-HI are regenerated with atmdry

N, from Cold-Box heated up t80°C with LP steam in S§'SA and with warm water (WW)

at 90°C in SSTSA-HI (stream #13), where WW is generated via heat recovery from hot
MAC air. Purified air (stream #7) leaves MSSA at ?15°C and 3.1 barthanks to lower
adsorption load with SS. Stream #7 feeds the Bolxl leading its dry Noutlet to12°C (2°C

less than in FULLTSA).

Simulation flowsheets of FULITSA, SSTSA and SSTSA-HI PPUs are respectively shown
in Figs. 3.6a, 3.6b and3.6c where TSA vessels adsorption and oregeneration are
represented as ATSA/ OP0 and ATSA/ REGO respec
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Fig. 3.4. SSTSA PPU for purified air supply to ColBox.
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Fig. 3.5. SSTSA-HI PPU for purified air supply to ColBox adopting compression heat recovery.
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3.3.1.1. Simulation Assumptions

HYSYS 8.8 simulation of FULITSA, SSTSA and SSTSA-HI adopted the following
assumptions. {S1} Simulation of SS unit in - $SA and SSTSA-HI: Using SSUOE [19]
with phaseequilibrium sound speed from PEIOE [20]. {S2} Thermodynamic modeling:
PengRobinson Equationf-State (PREOS). {S3} Raw air:13580 kmol/h25°C, 1.013 bar
60% RH composition (molar basi$y,=76.61%, Q=20.55%, Ar=0.91%, HO=1.89%, 363
ppmCQ (neglecting specieg 10 ppn). {S4} Air filters: MAC suction and TSA outlet, each
with OP=1 kPa {S5} Cold-Box air feed:3.10 barcomplying with triplecolumn ASU [31]
{S6} Intercoolers:40°C outlet air, OP=10 kPa {S7} DCA: bottom structuregbacking with

03 theoretical stagesP=2 kPga CW fed at the top; top structurpacking with 10
theoretical stagedP=4 kPa ChW fed at the top, exiting air &0°C. {S8} CW: 30°C at
coolingtower outlet. {S9} LP steam: saturatetibar. {S10} Machine adiabatic efficiencies:
MAC 85%; nitrogen blower75%. {S11} Heat transfer coefficientsi70 W/m2Kfor air
intercoolers and nitrogen heater. {S12} SS Iin-TSS\ and SSTSA-HI: single SS,
Tet=10°C, P'"*'=3.25 bar, D,=0.87 m, ,=0.69 m,U=12.67°,b=2.66°, d&*"=d“M"=100%,

Ma "%1.2. {S13} MS-TSA in SSTSA and SSTSA-HI: 03 vertical vessels (two adsorbing,
one desorbing) with 13X zeolite M§, 6 farticles, axial reversible flowi,2h cycletime, 4h
regeneratiosiime, OP=1 kPa {S14} TSA unit in FULL-TSA: 08 vertical vessels (four
adsorbing, four desorbing) with AA and 13X zeolite MS bed$§,farticles, axial reversible
flow, 8h cycletime, 4h regeneratioime, OP=1 kPa {S15} Bed saturation:95% of
capacity. {S16} Bed capatyi: via loading versus partial pressure experimental isotherms [12]
corrected tol5°C, the design adsorption temperature. {S17} AA and MS inventories in
FULL-TSA: sized respectively from water and £@adings and Tabl&.1. {S18} MS
inventory in SSTSA and SSTSA-HI: sized from CQ and residual water loadings and Table
3.1. {S19} Adsorbent lifespan20 yearsfor 13X zeolite MS in SSSA and SSTSA-HI,
against5 yearsof AA and 15 yearsof MS in FULL-TSA [6] due to larger SFSA cycle
time with less adstent thermemechanical stress and fragmentation. {S20} Equipment
design equations: from [32]. {S21} Regeneration heat load: from [6]. {S22} WW
temperature in SFSA-HI: 90°C.
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Table 3.1. Adsorbent data for TSA design.

‘g . . . o f
PPU Adsorbent  Adsorbate Bqu_ Cost Specific  Lifetime Adsorptelon Capacity
Density Heat Heat
(kg/m3) (USD/kg) (kJ/kg.K) (years) (kcal/mol) (a/kg)
AA H,O 769 1.32 1.0¢ 5° 11.6 (HO) 64
FULL-TSA -
13X zeolite MS  CO, 640 1.5 0.9 15" 8.2 (CQ) 51
SSTSA . H,O 12.3 (HO) 83
ssToapl 13XzeoliteMs 640 1.5 0.97 20 8.2 (CQ) £1

3 BASF, BASF R00 Activated alumina for liquid and gas drying, 206%libaba, Jiuzhou 13X molecular sieve:
purification of air and nitrogen, 2017 Ha hn e, E.
Chemistry, 2008:Kerry [6]; ®Rege et al. [12]! Taps=15°C (Design T

3.3.1.2. Economic Analysis Assumptions

ifHe at

It lomaamgred smekn caydoc. | olpne:d i

The following parameters were assumed. {E1} Operational B0 h {E2} Horizon: 30
years {E3} Fixed Capital InvestmentRCI, USD) of installed equipment: from [30]. {E4}
Scaleup exponent0.6 [30]. {E5} Chemical Engineering Plant Cost Indeéd50.3 (Sept
2015) from Chemical Engineering MagaziNev-2016 {E6} PPU construction: one year.
{E7} Annual interest rate:10%.{E8} Income tax rate34%. {E9} Depreciation rate10%.
{E10} SS FCI (USD): extrapolated from SS processié@gViMSm3/dof NG [22] including
pressure deflation to lowressure air operation 8t25 bar {E11} Adsorbent costs: Table
3.1. {E12} Electricity, LP steam and CW makgp costs:71 USD/MWh 26.85 USD/MWh
and0.793 USD/m3{E13} Cost of Utilities (CUT, MMUSD/y): sum of electricity, LP steam
and CW makeaip annual costs; {E14} RevenueREYV, MMUSDYVy): purified pressurized air

to ColdBox with unitary breakeven price foRO years operation. {E15} Cost of
Manufacturing COM, MMUSD/y): CUT added to annual bed replacement costs.

3.4. Results and Discussion

There are three categories of resuliistechnical comparisons of processes; (ii) operational

aspects of SS for air dehydration; and (iii) economic comparison of processes. The following

subsections approach them.

3.4.1. Technical Comparison of FULLTSA, SSTSA and SSTSA-HI

Utility consumptionef PPUs are shown in TabB2. Table3.3 shows design and operational
conditions of SS for SFSA and SSTSA-HI. Table3.4 details process streams of all PPUs
according to Figs3.3 t03.6. In SSTSA and SSTSA-HI SS is fed withiLO°Cwater saurated
(3886 ppmHO) pressurized air (stream #3) for dehydration. Air leaves SS56ith ppmHO

in stream #11, which feeds MESA for finishing water removal and G@moval. MSTSA
of SSTSA and SSTSA-HI remove the same G@oad as conventional FUL-LSA, since SS

recovery of CQ is negligible at these conditions; but, thanks to SS, instead of watgr, CO
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becomes the biggest MBSA service (Fig3.7), also highlighting MSTSA with much less
loading than FULETSA. Therefore, with molar loading reduced byaator of 8-10, MS-
TSA is substantially less energy and capital intensive than TSA of AHUHA.
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Fig. 3.7. Adsorption services of FULII SA and SSTSA.

In Table3.2 utility consumptions of S$SA comprisel5,315 kWbof electricity (5,248 kW
in MAC and 68 kWin N, blower), 161 kWof LP steam and5.37 kg/sof CW makeup.
Compared to FULETSA, SSTSA consumes88.3%less LP steamd3.1%less CW make
up, despitéd2.2%higher electricity consumption, a consequenc€5%SS headoss. SS
TSA-HI, besides no consumption of steam, exhibits the lowest CW -ojake 35.29 kg/s
and the lowest heat duty in CW tower, thanks to lowest CW tower circulation due to moving
compression heat via WW for MBSA regeneration. The lower CWakeups of SSTSA
and SSTSA-HI are consequence of recycling SS supaoled water to ChW pool; i.e., the
combined actions of DCA and SS retain more tB8r5% of air humidity as liquid water,
while in FULL-TSA the entire water in DCA effluent air was as the atmosphere during
TSA regeneration. The proof is in Talde: 4019 ppmHO were lost in FULLTSA (stream
#3), whereas SFSA and SSTSA-HI discarded onlyp6.4 ppmHO (stream #11). Tabld.3
reports96.54%o0f SS pressure recovergpP = 0 . 1), -anekcallent value that was decisive
to make SSISA and SSTSA-HI more profitable than FULITSA with its TSAbased
dehydration. The underlying fact is SS specificatidar°*=1.2, inferior to usuaMa>""*@
1.5for treating raw NG with SS. Another difference to raw NG, is the huge inlet diameter of
this air SS34. 2@®) ati vel y t o (% dfrisinidal moldrGflowSr&téss
consequence of the lepressure PPU scenario Adsiis typical highpressure NG
applications. In S§SA and SSTSA-HI, thanks to low SS heddss, only a small increase
in MAC power is noticed in Tabl82 (+ & 0 . 4 § paiaNy offset by a small decrease of
N, blower power {0.12 MW, also consequence of loweg Now rate to regenate MS bed
of SSTSA and SSTSA-HI.
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Table 3.2. PPU utility consumption.

Item FULL-TSA SSTSA SSTSA-HI
Power MAC (MW) 14.79 15.25 15.25
Power N Blower (MW) 0.188 0.068 0.068
LP Steam MNHeater (MW) 1.370 0.161
CW Makeup (kg/s) 5.536 5.366 5.295

Table 3.3. SS design and conditions in ISA and SSTSA-HI.

Specified Items Calculated by SSJOE
No . of 1 D+(m) 0.4198
D,(m) 0.8679 Le(m) 0.9965
Do(m) 0.6943 Lp(m) 2.955

a 12.67 L(m) 3.952

b 2.66 LSho%%m) 1.067
MaSek 1.20 LP™(m) 2.885
A% 100 Pgg(bar) 1.342
A*MPos 100 Teq°C) -48.21
P (bar) 3.23 Masgs 1.195

T"eeC) 10.0 P! bar) 3.12
MMSni/d 7.72 TOUe°C) 14.56
ppmHO"™e 3881 REC%HO  98.56%
ppmCQ™™e! 366 %P Recovery 96.54%

After condensate withdrawal

Additionally, SSTSA and SSTSA-HI minimize FCI of TSA step and maximize TSA cyele

time, allowing extended adsorption time and milder desorption tempera80f€3, (entailing

less thermanmechanical stress, extending adsorbent lifetime and reducing bed replacement
costs. As shown in Tablg4, the flow rate of regeneration nitrogen is reduced i S&

and SSTSA-HI, thanks to lower regeneration duty, allowing aahility of 1980 kmol/hof
decontaminated dry nitrogen as sale gas or refrigeration utility. Alternatively, EWC can be
designed with higher capacity allowing exportation’®{C Chw. Furthermore, dry Nfrom
Cold-Box is 92°C colder in SSTSA and SSISA-HI, improving cooling capacity, a
consequence of TSA increase of air temperature in FOSA of 7°C, while in SSTSA and

SSTSA-HI only 0.5°C of increase occurred in MBSA due to lower loading.
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Table 3.4. Main streams of FULLTSA, SSTSA and SSTSA-HI PPUs (stream numbers as in Fig8.t0 3.6).

Stream # 1 2 3 4 5
opy | FULL | ss | S5 lRul | oss | S5 fRu | ss | S | FulL | oss | S [ FuL | oss |
TSA TSA HI TSA TSA H TSA TSA HI TSA TSA H TSA TSA H
T (C) 25.0 25.0 25.0 98.4 101.3 | 101.3 10.0 10.0 10.0 36.0 36.3 36.3 14.1 12.0 12.0
P (bar) 1.013 | 1.013 | 1.013 | 3.180 | 3.292 | 3.292 | 3.120 | 3.232 | 3.232 | 3.180 | 3.292 | 3.292 | 1.053 | 1.053 | 1.053
F (kmol/h) | 13,584 | 13,584 | 13,584 | 13,584 | 13,584 | 13,584 | 13,379 | 13,377 | 13,377 | 65,071 | 65,077 | 65,077 | 7315 6621 6621
%mol N 76.61 | 76.61 | 76.61 | 76.61 | 76.61 | 76.61 | 77.77 | 77.78 | 77.78 - - - 99.04 | 99.04 | 99.04
%mol Q 20.55 | 2055 | 20.55 | 20.55 | 20.55 | 20.55 | 20.87 | 20.87 | 20.87 - - - 0.61 0.61 0.61
%mol Ar 0.91 0.91 0.91 0.91 0.91 0.91 0.93 0.93 0.93 - - - 0.35 0.35 0.35
ppmCQ 363 363 363 363 363 363 366 366 366 - - - - - -
ppmHO 18,892 | 18,892 | 18,892 | 18,892 | 18,892 | 18,892 | 4019 3886 | 3886 | 100% | 100% | 100% - - -
Stream # 6 7 8 9a (heating phase) 9b (cooling phase)
opy | FULL | ss | B JFuL | ss | B R | oss | SS T FuL | oss | 35 | Ful | oss |
TSA TSA H TSA TSA HI TSA TSA H TSA TSA HI TSA TSA H
T (C) 27.2 26.8 26.8 17.2 15.1 15.1 14.1 12.0 12.0 133 80.0 80.0 14.1 12.0 12.0
P (bar) 1.013 | 1.013 | 1.013 | 3.100 | 3.100 | 3.100 | 1.053 | 1.053 | 1.053 | 1.023 | 1.023 | 1.023 | 1.053 | 1.053 | 1.053
F (kmol/h) | 6470 6796 6796 | 13,320| 13,320 | 13,320| 3084 1108 1108 3084 1108 1108 3084 1108 1108
%mol N 95.52 | 95.60 | 95.60 | 78.12 | 78.12 | 78.12 | 99.04 | 99.04 | 99.04 | 99.04 | 99.04 | 99.04 | 99.04 | 99.04 | 99.04
%mol Q 0.59 0.59 0.59 20.95 | 2095 | 20.95 | 0.61 0.61 0.61 0.61 0.61 0.61 0.61 0.61 0.61
%mol Ar 0.34 0.34 0.34 0.93 0.93 0.93 0.35 0.35 0.35 0.35 0.35 0.35 0.35 0.35 0.35
ppmCQ - - - - - - - - - - - - - - -
ppmH0 35,506 | 34,694 | 34,694 - - - - - - - - - - - -
Stream # 10 (cooling phase) 11 12 13 14
PPU FULL SS TSS?A FULL SS TSS?A FULL SS TSS?A FULL SS TSS?A FULL SS TSS?A
TSA TSA H TSA TSA H TSA TSA HI TSA TSA H TSA TSA H
T (C) - - - - 14.6 14.6 - -48.2 | -48.2 - - 90.0 - - 30.0
P (bar) 1.013 | 1.013 | 1.013 - 3.120 | 3.120 - 3.120 | 3.120 - - 3.00 - - 2.50
F (kmol/h) | 3084 1108 1108 - 13,326 | 13,326 - 51.2 51.2 - 494 - 494
%mol N 99.04 | 99.04 | 99.04 - 78.07 | 78.07 - - - - - - - - -
%mol Q 0.61 0.61 0.61 - 20.95 | 20.95 - - - - - - - - -
%mol Ar 0.35 0.35 0.35 - 0.93 0.93 - - - - - - - - -
ppmCQ - - - - 368 368 - - - - - - - - -
ppmH0 - - - - 56.4 56.4 - 100% | 100% -- - 100% - - 100%
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3.4.2. SS Operational Aspects i8STSA and SSTSA-HI

The SS unit in S§SA and SSTSA-H | accomplishes air dehydr a:

mout ho S3E3) With kerpthle=3.952 m inlet diameterD,=87 cm throat diameter
D:=41.98 cmat axial positionLc=0.9965 m Ma>""1.2 at axial position_>"°“1.067 m,
andMa after condensate withdrawal and before normal shodkagpk= 1.1952 SS recovers
96.54%0f pressure ancapture®8.56%of water as supecooled liquidat Tgs=-48.21C.

SS operation is explained via Fig8.8a to 3.8f portraying several conspicuousSS
signatureé ¢ Egs. 8.2a) and 8.2b) ¢ which are rigorous graphical features of SS profiles at
sonic throat discussed Mppendix V2. SS signatures were proved elsewhere [20] for SS
nozzles with(dA/dx)™® 0 (Fig. 3.1), wherex, A, 1, cy respectively represent SS axial
position, flow section area, flow velocity, multiphase sound speedraal vapor fraction.

SS signatures occur at sonic throats WitA/dx)™* 0 independently if the flow is single
phase or multiphase, n@aactive or multireactive [20], but thalc/dx singularity changes
sign whether flow is gadominatedc Eq. (3.2a), y °1 ¢ or liquid-dominated¢ Eq. 3.2b),

¥ <90.5(AppendixV?2).

dT dP dv dc dMa _

—=-pop —=-@mo —=+p —=-@O ——=+a0 Ma'™a - 1~y 01
dx dx dx dx dx (Ma Y o2
(3.2a)
dT dP dv dc dMa
—=-8 —=-@§ —=+B8 —= 4+ —C—=+um0 Ma™? . 1y <90k
dx dx dx dx dx ( 4 )
(3.2b)

Fig. 3.8a depicts SS axial profiles of diameter and molar vapor frackipshowing inlet air
100% vapor (/=1) at T=10°C and P=3.23 bar while at preshock &=L5"°<1.067 m,
Ma=Ma>"°*1.2) 23800 ppmHO condenses givingy=99.62% Condensed water is

removed ax=L°""%

with y increasing back tgr=1, simultaneously reducinia of dry air
at constanfl andP to Mags=1.195. At this point, normal shock occurs, turning the air flow
back to subsonic at high&randP. From this point on, dry ailp0%vapor, y=1) flows sub

sonically through the diffuser, decelerating and recoveFiagdP.

Fig. 3.8b present® andMa axial prdiles with perfect SS signatureP/dx=2, dMa/dx=+a
at the throat Ma- 1), showing minimum SS pressuRss=1.34 bar at preshock where

Ma=Ma®"<1.2 and reporting outlet pressuR€""*=3.12 bar. Condensate removal does not
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affect T and P, but promotes a smaMa drop from MaS"°%1 .2 to Mags=1.195 which
subsequently suddenly drops vertically at normal shodkags=0.8454

Fig. 3.8c depictsT andc axial profiles,also with SS signatures of vapdominated flow Eq.
(3.2a) dT/dx=#a, dc/dx=2 at the throat jla- 1), showing minimum SS temperature of
T=Tes=-48.21°C whereMa=Ma>"°*41.2, and reporting outlet temperatuf8"'®14.57°C
Besides the SS signature in Eg2@), an abrupt change of inclination is seen profile at

X @0.15mwithout any similar disturbances ThandP profiles. This occurred becausés a
multiphase equilibrium property inversely influenced by density &nd isothermal
compressibilityXp=(1r/(P)rz as seen in Eqs3@a) and 8.3b) [20]. In Fig.3.8¢c bothr and
Xp suddenly increase aP0"m ¢ specially.Xs ¢ due to appearance of miedooplets of liquid
as the WDP curve of the water saturated air feed is crossed by SS péifna(Fig. 3.8f)
forcing c to fall linearly from340 m/sto 320 m/swhile the first1% of water condenses (Fig.
3.8d), increasingXp as air changes from an almost ideal gas to a mist, a very different
condition in terms of compressibility. This mist is established @0.15mso that further
condensation does not appeday increaseXp, with the consequence thafalls slowly from

X @0.15muntil near the throat, where almo¥8.5%of water condensed (Fi§.8d) andc
now starts to fall rapidly due to proximity of its sonic signature B@a). Downstream the
respective SS signatures E§.2@) at the throafl andc profiles fall with finite rate until the
presshock atx=1.067 m the point of minimunT=Tgs=-48.21°C minimumP=Pgs=1.34 bar
and maximumMa=Ma "°"1.20 (Fig. 3.8b). Here, water condensation is egsive, while
CO, and other air species only have trace condensations, respectively reachir)8ig.
98.56% 0.0047%and 0.00005% Water ondensate is withdrawn under constanand P
causingMa to fall to Mags=1.195 due to mist removal under constant flow section. Normal
shock then theoretically occurs just after liquid withdrawn, producing sudden incregde of
andc accompanied by sudden decreas®afMagsto Mays=0.8454 From this point on, the
flow is subsonc with T, P and ¢ monotonously increasing (the latter becatsdirectly
influencesc of gases [20]) through the SS ending diffuser, wiikesmoothly decreases as
falls under compression. Condensation profiles (Fd) end ak=1.067 mas condensatio

is only meaningful upstream the ggkock collecting point.

1
c= —
JXo- (M T/ r2)X21C,

(3.3a)
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Fig. 3.8e depicts the influence dfia®>"*on preshock vapor fractiony), CO, content in
final air andMa just after withdrawaMags It confirms that this SS application is not capable
of any significant C@recovery even for higMa>"°* Similarly, the minimum vapor fraction
at preshock (/=99.62%9 could not be decreased appreciably by imposing hikfagl*® i.e.

a higherMa®"

would only rise shock intensity, increasing SS hiesd without perceptible
increase of air dehydration. Since water condensation cannot be appreciably increased
beyond the already attaineét98.5% Mags responds quadinearly to Ma Shock , being always

lesser thama "

Fig. 3.8f portraits the SS path on plaRex Talso containing WDP curves of the SS air feed
(stream #3, Tabl&.4) for several watecontents: saturated feed886 ppmHO), SS outlet
dry air 66.4 ppmHO) and intermediate dehydration level$000 ppmHO and 300
ppmHO). Fig. 3.8f and Fig.3.8d show that immediately after feed admission in SS,
condensation starts as stream #3 is satyavath most intense condensation (Figs.
3.8b/3.8d) near and after the throat ®tLc=0.9965 m associated to colder sonic and
supersonic temperatures. As shown in F88d/3.8e there is no expressive precipitation of
liquid or solid CQ as CQ partial pessure is too small in air flow. Even so, {ezeout
could happen if SS temperature reaches -gittd levels °-134°C and extremely low
pressures in the supersonic regime, entailingeadnomic low outlet pressures and proving
the inadequacy of such SS application for,@&noval. Lastly, it is didactical to observe in
Fig. 3.8f the succession of classic SS thermodyicamnansitions: (i) SS path traces a smooth
descending expansion arc towards the low€&g?)(on the56.4 ppmHO WDP locus; (ii) at
this point liquid is collected without changingl,P); (ii) normal shock occurs at
Mags=1.195, depicted as a rectilinearnmuyp back to higher afteshock(T,P) at Tas?252 K,
Pas®2 bar (Figs. 3.8b[3.8c); and (iv) dry air flows subonically through the diffuser

regaining T,P) and losing velocity andVia towards SS outlet aP®"" =3.12 bar
TOUe-14 56°C.
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Fig. 3.8. SS airdrying: (a) SS diameter & mol vapor fractiga x(m) (b) P(bar), Ma vsx(m), (c)
T(K), c(m/s)vsx(m) (d) %Condensed D, CQ & air species vs x(m)e) preshock valuesrol
vapor fraction, CO, mol fraction, Magg vs Ma&"™% (f) SS path on plan® x Tand WDP loci
(3886 ppmHO fed air,56.4 ppmHO dry air, 300 ppmHO air, 1000 ppmHO air).

Fig. 3.9a and its magnification Fi®.9b depict SS path oif x S plane. As SS operates

adiabatically, T x S diagrams can certificate"2Law obedience of SS simulations. SS path
starts at the WDP locus of the wataturated SS feed. It extends isentropically downwards
(A- B, Figs.3.9a83.9b) to a point slightly beneath the WDP locus of dry 8.4 ppmHO)

due to vapotiquid coexistence ay=99.62% This is the coldest SS pointle=Ma>""Y at

pre-shock. As lowentropy condensate is withdrawn, SS path moves isothermally to the right
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T(K)

(B- C) towards the greater molar entropy of dry air at WDP. This drysastill supersonic

with Mags=1.195 hence normal shock happens (D). Shock G D is the only entropy

creating step in SS path as expansion and -sfiteck compression are isentropic by

Assumption {S12} (SSJOE can have neisentropic expansion/compressidrihie adiabatic

efficiencies are chosetf*"%<100%and/or/#“M"%<100%). As the shock is crossed, sudden

heating, recompression and entropy creation take place, seen 39bBigs an inclined linear

path G D (O >0, 05> 0). The aftershock SS path moves isentropically upwards )

continuously recompressing and heating dry air through the diffuser towards the SS outlet.
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Fig. 3.9. SS air dehydration on
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plan€ xS: (a) SS path with WDP loci of inle3886

ppmHO air, 1000 ppmHO air, 300 ppmHO air and outlet56.4 ppmHO dry air;
(b) magnification of (a).

3.4.3. Economic Comparisons

Figs.3.10 and3.11 respectively depict components@®M and FCI of PPUs, while Table

3.5 summarizes PPU economic performances. In comparison WATIS83nd SSTSA-HI,
the conventional FULITSA exhibits higherFClI and COM: 28.80 MMUSDand 8.97
MMUSD/yagainst27.91 MMUSDand8.86 MMUSD/yfor SSTSA, and28.04 MMUSDand
8.82 MMUSD/yfor SSTSA-HI, where it is seen that MAC dominat€©M andFCl in all
PPUs. In SSTSA and SSTSA-H | , despi
the lowpressure SS is not too expensive itBI of 4.42 MMUSD(Fig. 3.11), contibuting

te its Abig mout ho

decisively to reduce operational costs via lower LP steam c@&s®6(MMUSD/Y, which
offsets its slightly higher MAC electricity deman#¢l0(19 MMUSD/y. SS also contributes
(Fig. 3.10) to decrease adsorbent replacement e85 MMUSDIn 20 years or & -0.04
MMUSD/).
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Table 3.5. Economic performance of PPUs with purified aibegakeven prices.

PPU FULL-TSA SSTSA SSTSA-HI
FCI (MMUSD) 28.80 27.91 28.04
COM (MMUSDy) 8.97 8.86 8.82
Purified air breakeven price (USD/kNm 5.28 5.19 5.18
Revenues (MMUSD/y) 12.61 12.39 12.37
20 yeard\PV(MMUSD) 0.00 0.00 0.00

New SSTSA and SSTSA-HI demonstrate that SS reduces drastically the water content
(98.5%) of air sent to the smaller finishing MBSA step, allowing significant economic
advantages and lowering the cost of pressurized air supply teBoaldsince: (i) MSTSA
demands less bed regeneration heat; (ii)y MB&\ operates with reduced adsorption load

well as smaller TSA vessels and less adsorbent inventory; and (i) 3ASgenerates less
adsorbent replacement costs, thanks to increased lifetime from lower threxoh@anical
stress from less frequent switches. Another advantage of nelb6A&Ss itslower MSTSA
regeneration temperature, allowing creation of another new PRUS831l where waste
heat from MAC intercooler heated regeneration nitrogen. NeWwS&& and SSTSA-HI also
minimize CW makeup due to water retained from air dehydration and cedwevaporative
heat duty in CW tower. Furthermore, despite not included in the economic analysis, another
comparative advantage of §SA and SSTSA-HI has to do with their lower flow rate of
regeneration nitrogen, allowing availability of dry decontan@da nitrogen for

commercialization.

10
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Fig.3.12.NPVof FULL-TSA, SSTSA and SSTSA-HI (purified air at5.28USD/KNm}.
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3.5. Conclusions for Chapter 3

Three concepts of air pyaurification unit (PPU) were technically and economically
compared: the conventional TS®sed FULETSA PPU and two new PPUs adopting air
dehydration with supersonic separator (SS), namely] &% and SSTSA-HI, the latter a
SSTSA variant lowering heating costs via compression heat recovery. Both new PPUs
outperformed FULETSA for supplying air to ColdBox thanks to drastic reduction of air
humidity via SS, leaving only a small dehydration load to be executed by new finishing
smaler MS-TSA units prescribed in SBSA and SSTSA-HI. While FULL-TSA removes
24000 ppmHO and 2363 ppmCQwith dual bed AA+MS TSA, the smaller singbed MS

TSA of SSTSA and SSTSA-HI removes only56.4 ppmHO and 2363 ppmCQ implying
substantial reduction of bed size and regeneration heat consumggos’f. Besides MS

TSA lower bed size, its cycligme can be extended giving higher lifespan of adsorbent and

switching valves.

SSTSA and SSTSA-HI also present lowe€OM, aswell as lower planECl thanks to high
SS pressure recovery with or8y46%headloss, demanding a slightly larger air compressor
(MAC) relatively to conventional FULITSA. The breakeven2Q year$ unitary prices of
3.10 barpurified air from FULL-TSA, SSTSA and SSISA-HI reach, respectively5.28
5.19 and5.18 USD/kNrh Adoption of the highest breakeven price28 USD/kNT) by all
PPUs lead to clear advantage of-B3 and SSTHI-HI over FULL-TSA in terms of30
yearsNPV, with best performance by SISSA-HI seconded by STSA.

Finally, it only was possible to explore such two newlf&Sed PPU concepts because a
thermodynamically rigorous, equilibritmased, SS multiphase simulation model and
multiphase sound speed determination tool were developed as reliable and efficient HYSYS
Unit Operation ExtensionsSSUOE [19] and PEGJOE [20]¢ to be inserted in HYSYS 8.8
flowsheets allowing to compute phadeange effects and multiphase sound speed in SS units
for any kind of process.

3.6. References for Chapter 3

[1] Suresh B, Schla§, Yokose K, Ping Y. Air separation gases: CEH marketing research
report. The Chemical Economics Handbe@®RI Consulting, 2011.

[2] Schmidt W. ASU reboiler/condenser safety. European Industrial Gas Association,
Production Safety Seminar, 2006.

80



[3] Tian Q, He G, Wang Z, Cai D, Chen L. A novel radial adsorber with parallel layered beds
for prepurification of largescale air separation units. Industrial & Engineering Chemistry
Research, 54(30), 7502515, 2015https://doi.org/10.1021/acs.iecr.5b00555

[4] Acharya DR, Jain R. Recent advances in molecular sieve unit design for air separation
plants. Separation Science and Technology, 30,-3%589, 1995.
https://doi.org/10.1080/01496399508015131

[5] Golden TC, Taylor FW, Johnson LM, Malik NH, Raiswell CJ, inventors; Air Products
and Chemicals, Inc., applicant. Purification of air. US Patent 6,106,593. Filed in October 8,
1998. Patented in August 22000.

[6] Kerry FG. Industrial gas handbook: gas separation and purification. CRC Press, 2006.

[7] Dawson B, Kalbassi M, Siegmund S, Thayer M. Optimizing oxygen plant performance:
improving production and reliability of existing plants while reducing<oSLTA
Conference, Perth, Australia, 2010.

[8] Higginbotham P, White V, Fogash K, Guvelioglu G. Oxygen supply for oxycoal CO
capture. Energy Procedia, 4, 8841, 2011https://doi.org/10.1016/j.eqypro.2011.01.133

[9] Goloubev D. Oxygen production for oxyfuel power plants: status of development.
Workshop on OxyfueFBC Technology, 2012.

[10] Shi YF, Liu XJ, Guo Y, Kalbassi MA, Liu YS. Desorption characteristics £ End
CO, from alumina F200 under different feed/purge pressure ratios and regeneration
temperatures. Adsorption, 23, 92011, 2017https://doi.org/10.1007/s104801 7-99070

[11] Fu C, Gundersen T. Rejgerative vapor recompression heat pumps in cryogenic air
separation processes. Energy, 59,-708, 2013.
https://doi.org/10.1016/j.energy.2013.06.055

[12] Rege SU, Yang RT, Buzanowski MA. Soniteefor air prepurification in air separation.
Chemical Engineering Science, 55, 48838, 2000https://doi.org/10.1016/S0009
2509(00)00125

[13] Liu XJ, Shi YF, Kalbassi MA, Underwood R, Liu YS. Water vapor adsorption isotherm
expressions based on capillary condensation. Separation and Purification Technology, 116,
95-100, 2013https://doi.org/10.1016/j.seppur.2013.05.020

[14] Liu XJ, Shi YF, Kalbassi MA, Underwood R, Liu YS. A comprehensive description of
water vapor equilibriums on aluminaZB0: adsorption, desorption, and@CQO, binary
adsorption. Separation and Purification fieclogy, 133, 27281, 2014.
https://doi.org/10.1016/j.seppur.2013.05.020

[15] Epiepang FE, Li J, Liu Y, Yang RT. Lemressure performance evaluation of CB,0
and CH on Li-LSX as a superiordsorbent for air prepurification. Chemical Engineering
Science, 147, 10008, 2016https://doi.org/10.1016/].ces.2016.03.022

[16] Mulgundmath VP, Kunkel M, Tezel FH, Golden TC, Mogan J, Morin Bsakdtion
equilibrium parameters of trace impurities. Separation Science and Technology, BB374
2009.https://doi.org/10.1080/01496390802697064

[17] Kawai M, Nakamura M, inventors; Taiyo Nipp&anso Corporation, applicant.
Purification method and purification apparatus for feed air in cryogenic air separation. US
Patent 9,651,302. Filed in December 12, 2006. Patented in May 16, 2017.

[18] Nakamura M, Kawai M, Takei H, inventors; Taiyo NippomSa Corporation,
applicant. Method of purifying air. US Patent 8,690,990. Filed in February 25, 2010. Patented
in April 8, 2014.

81


https://doi.org/10.1021/acs.iecr.5b00555
https://doi.org/10.1080/01496399508015131
https://doi.org/10.1016/j.egypro.2011.01.133
https://doi.org/10.1007/s10450-017-9907-0
https://doi.org/10.1016/j.energy.2013.06.055
https://doi.org/10.1016/S0009-2509(00)00122-6
https://doi.org/10.1016/S0009-2509(00)00122-6
https://doi.org/10.1016/j.seppur.2013.05.020
https://doi.org/10.1016/j.seppur.2013.05.020
https://doi.org/10.1016/j.ces.2016.03.022
https://doi.org/10.1080/01496390802697064

[19] Arinelli LO, Trotta TAF, Teixeira AM, de Medeiros JL, Al OQF.Offshore

Processing of CORich Natural Gas with Supersonic Separator versus Conventional Routes.
Journal of Natural Gas Science and Engineed6g,199221,2017.
https://doi.org/10.1016/j.jngse.2017.07.010

[20] de Medeios JL, Arinelli LO, Araljo OQF.Speed of sound of multiphase and multi
reactive equilibrium streams: a numerical approach for natural gas applications. Journal of
Natural Gas Science and Engineeri, 222241,2017.
https://doi.org/10.1016/j.jngse.2017.08.006

[21] Brigagdo GV, Arinelli LO, de Medeiros JL, Araujo OQF, inventors; Universidade
Federal do Rio de Janeiro, applicant. Processo de preparo e purificagao do ar para
fracionamento criogéoo utilizando separador supersonico de baixa preBs&épatent
application 102017027729, Filed in December 21, 2017.

[22] Machado PB, Monteiro JGM, de Medeiros JL, Epsom HD{gr®QF. Supersonic
separation in onshore natural gas dew point plant. dbafiMNatural Gas Science and
Engineering, 6, 439, 2012 https://doi.org/10.1016/j.jngse.2012.03.001

[23] Castier M. Effect of side streams on supersonic gas separdiomsal of Natural Gas
Science and Engineerings, 299308, 2016https://doi.org/10.1016/].jngse.2016.08.065

[24] Secchi R, Innocenti G, Fiaschi D. Supersonic Swirling Separator for natural gas heavy
fractions extraction: 1D model with real gas EOS for preliminary dedmmnal of Natural
Gas Science and Engineeridd), 197215, 2016https://doi.org/10.1016/j.jngse.2016.06.061

[25] Teixeira AM, Arinelli LO, de Medeiros JL, Aradjo OQRecovery of thermodynamic
hydrate inhibitors methanol, ethanol and MEG with supersonic separators in offshore natural
gas processing. Journal of Natural Gas Science and Engineering, 5186,6818.
https://doi.org/10.1016/j.jngse.2018.01.038

[26] Yang Y, Wen C, Wang S, Feng Y. Theoretical and numerical analysis on pressure
recovery of supersonic separators for natural gas dehydration. Applied Energy 2014, 132,
248-253.https://doiorg/10.1016/|.apenergy.2014.07.018

[27] Wen C, Cao X, Yang Y, Li W. Numerical simulation of natural gas flows in diffusers for
supersonic sepators. Energy 2012, 37, 1990.
https://doi.org/10L016/j.energy.2011.11.047

[28] Shooshtari SHR, Shahsavand A. Maximization of energy recovery inside supersonic
separator in the presence of condensation and normal shock wave. Energy 2017, -120, 153
163 https://doi.org/10.1016/j.energy.2016.12.060

[29] Karakatsani E.K., Kontogeorgis G.M. Thermodynamic Modeling of Natural Gas
Systems Containing Water. Ind. Ei@gh e m. Res. 2013, 52, 34991351
httpsi/doi.org/10.1021/ie302916h

[30] Turton R, Bailie RC, Whiting WB, Shaeiwitz JA. Analysis, synthesis, and design of
chemical processes. Prentice Hall International Series in the Physical and Chemical
Engineering Sciences2d., 2009

[31] Dillon DJ, White V, Allam RJ, Wall RA, Gibbins J. IEA Greenhouse Gas R&D
Programme: Ox3combustion processes for g€apture from power plant. Engineering
Investigation Report, 2005.

[32] Campbell JM. Gas conditioning and processing, v. 2: the equipment moduleshe&llamp
Petroleum Series"ed., 1984.

82


https://doi.org/10.1016/j.jngse.2017.07.010
https://doi.org/10.1016/j.jngse.2017.08.006
https://doi.org/10.1016/j.jngse.2012.03.001
https://doi.org/10.1016/j.jngse.2016.08.065
https://doi.org/10.1016/j.jngse.2016.06.061
https://doi.org/10.1016/j.jngse.2018.01.038
https://doi.org/10.1016/j.apenergy.2014.07.018
https://doi.org/10.1016/j.energy.2011.11.047
https://doi.org/10.1016/j.energy.2016.12.060
https://doi.org/10.1021/ie302916h

4. Improving Exergy Efficiency of Air Pre -Purification Unit for
Cryogenic Fractionation: Low -Pressure Supersonic Separator Coupled
to Finishing Adsorption

The contents of this chapteavenot beenpublished yet

Abstract

Cryogenic air separation requires a -Prgification Unit (PPU) for air compression and
removal of HO, CQ, and tracespecies for ColkBox operation. The conventional PRU
FULL-TSA ¢ adopts temperature swing adsorption (TSA) with an activaliedina bed for
H,O adsorption and a moleculsieve bed for C®and tracespecies removal. A novel
alternative¢ SSTSA ¢ prescribes a Supersonic Separator (SS) ab&®@®5% of H,O
followed by a small singkbed moleculasieve TSA removing remaining impurities. -SS
TSA-HI is a SSTSA variant using compression heat for molecslave regeneration. This
work conducts exergy analyses of FUIISA, SSTSA and SSISA-HI to compare
themodynamic performances and indicate improvements for better resources utilization.
Exergy analyses are supported by HYSYS simulation using unit operation extensions for SS
simulation and phasequilibrium sound speed calculation. Since exergy rates depend
Reference Environmental Reservoir (RER), two RER formalisms are employeatratnd
25°C. RER#1 adopts air witB0% relative humidity (the same condition of raw air feed),
while RER#2 prescribes air in equilibrium with liquid water. RER#1 is showrbeo
appropriate for overall system analysis, while RER#2 is appropriate fesystdms analysis
as it dramatically lowers exergy flows of coolimgiter. SSTSA has61%less exergy losses
than FULL-TSA in contaminantemoval step as SS accomplishes bulk ifimation
drastically reducing steam and, Monsumptions for TSA regeneration. RER#1 exergy
efficiencies of FULLTSA, SSTSA and SSTSA-HI attained57.9% 60.0% and 60.3%
respectively.

Keywords: exergy analysis; air pseurification; air dehydration; gersonic separator;
multiphase sound speed; cryogenic air separation.
Supplementary Materials

Supplementary Materials for this chapter are found in Appendix

Abbreviations

1D OneDimensional; AA ActivatedAlumina; ASU Air Separation UnitChW Chilled
Water; CW CoolingWater; DCA DirectContact Aftercooler; EWC Evaporative Water
Cooler LPS LowPressure Steam; MAC Maifir-Compressor; MMStid Millions
Standard mper Day; MS MoleculaSieve; MSTSA MolecularSieve TSA; NG Natural
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Gas; PPU RxPurification Unit; PREOS PengRobinson Equatioof-State; PSA Pressure
Swing Adsorption; RER Reference Environmental Reservoir; RH Relative Humidity; SS
Supersonic Separator; TSA TemperatBreing Adsorption; UOE UniOperationExtension;

VLE VaporLiquid Equilibrium; WW WarmWater.

Nomenclature

C : Sound speed property of multiphaessuilibrium fluid (m/s)

D, D1, Do : SS inlet, throat and outlet internal diameters (m)

E : Exergy flow rate (kW)

F - j" feed flow rate (kmol/h)

H : Molar enthalpy (kJ/kmol)

K| : j™ product flow rate (kmol/h)

L, Lg, Lp : SS lengths: total, converging section and diverging section (m)
| Laval : SS Laval nozzle length (m)

| Shocke | LAVAL - 55 axiaposition just before normal shock and condensate withdrawal (m)

Ma=v/c : Mach Number
MaSM%=Mags: Ma just before normal shock and condensate withdrawal

nc : Number of components
nfs, nps : Numbers of feed and of product streams
nwps : Number of wastproduct streams
nwe, Nwi ‘Numbers of powestreams exported and imported by the system
P, T : Pressure (barpnd Temperature (K)
Q : Heat transfer from heat reservoir to system (kW)
R, R : Heat and species k reservoirs
S : Molar entropy (kJ/kmol.K)
U . Internal energy rate (kW)
% . Axial velocity (m/s)
wW - Work rate (kW)
X - axial position (m)
Yk : Species k mole fraction
Greek Symbol
hli : Converging and diverging angles of SS with linear diameter prdjiles(
Lohock : Pre-Shock molar vapefraction
8 : Exergy efficiency(%)
>y : Chemical potential of species k (kJ/kmol)
A*MP REXP . SS compression/expansion adiabatic efficiencies(%)
HPRIVE : Driver mechanical efficiency(%6)
PMAC : MAC adiabatic efficiency (%)
Xk : Energy transfer rate from species k reservoir to system (kW)
3% : Rational exergy efficiency(%)
W., W : Creation rates of entropy (kW/K) and species k (mol/s) in Universe
Superscripts

DESTR. IN.OUT. Sys. Destruction, inlet, outlet and system
Shock

:Just before normal shock and condensate withdrawall
Subscripts

BS : Just before normal shock and after condensate withdrawal
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4.1. Introduction

Air separation is central for oxgombustion C@ capture as it demands largeale oxygen
gas production. Thus, beyond commercialization gNg) advances in air separation arfe
interest visa-vis global warming. In the context of largeale power generation, onsite
oxygen supply should come from largeale cryogenic Air Separation Units (CipdU).
Although ceramic iofiransport membranes have been considered promisingxiggen
production in synergy with power generation, its current scale i€@oimercial, so Cryo
ASUs are suitable for at least the first esgmbustion plants [1]. CryASUs are divided into
two sections, namely: (i) P+eurification Unit (PPU) for air aopression and purification;

and (ii) ColdBox for cryogenic fractionation.

4.1.1. PrePurification Unit (PPU)

The PPU is placed upstream the GBluk for air compression and removal of freezable
(H.O/CO,) and flammable (hydrocarbons) contaminants. Current PPUs are based on
adsorption, most commonly Temperat®eing Adsorption (TSA) operating with cyele
times of4-8 h, having an Activatedlumina (AA) bed for removing kO and a 13X zeolite
molecularsieve (MS) bed for removing C@and tracespecies [2]. Doubkeed TSA firstly

dehydrates air, a recommendation for best &hoval [3].

TSA-PPU variants merely change bed composition and desorption method. For instance,
PressureSwing Adsorption (PSA) exhilst less operational costs than TSA, but with
drawbacks from its minut€20min cycletimes such as larger adsorbent inventories, lower
adsorbent durability, higher maintenance costs, and air loss from depressurizations [4].
Therefore, combining temperaturadapressure desorption effects is the most-efisttive

air prepurification [5]. However, given the trend to reduce power consumption, PSA loses
effectiveness as Collox pressure decreases [6]. In this sense, tdplemn ColdBoxes

have been proposddr oxygen supply fron?3 barair [1, 7], contrasting with commofb.5

bar doublecolumn ColdBoxes. Consequently, TSBased PPUs are dominant for low
pressure ColBoxes. However, Zhou et al. [8] pointed out disadvantages of-g&3&d

PPUs when vapearmmpression distillation is employed with single lpnessure column,

reducing adsorbent capacity and shrinking cyrlees.

Brigagio et al. [9] presented an alternative PPU concept based on supersonic separator (SS).

In SSbased PPUs the SS performs tluerkhare of the purification service removifig9%
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of H,O from the compressed raw air feed, requiring only a small finishingl'B& unit to
remove the remaining 4@, CG, and tracespecies. Such Sisased PPU comprising air
compression, air cooling, SS andSMSA is hereinafter referred as SA, while the
conventional TSAbased PPU is referred as FUIISA. A heatintegrated SIS SA variantg
SSTSA-HI ¢ can also be devised replacing kpressure steam (LPS) by warm water (WW)
from compressor intercooler teat nitrogen for TSA regeneration.-$SA and SSTSA-HI

are embodimentsf the pending patent No. BR102017027-8Vegistered in the Brazilian
Patent and Trademark Office [10].

Energy and economic assessments 6T S8, SSTSA-HI and FULL-TSA, were object of a
previous work [9]. SSSA-HI seconded by SESA economically outperformed FULL
TSA, achieving lower purified air breadven prices, due to drastic reduction in LPS for
heating regeneration nitrogen, despite a tiny increase in compressi@n pccounting for
SS headoss. In the present work SISSA, SSTSA-HI and FULL-TSA are analyzed from

the perspective of exergy preservation.

4.1.2. Supersonic Separator

Supersonic separators (SS) are commonly applied undepiregbure in offshore nafl gas
(NG) conditioning for removal of condensable hydrocarbons with minimum-losad11].
SS is also utilized for simultaneous water gamint adjustment and hydrocarbon dpuint
adjustment of higipressure NG [12]. Moreover, Arinelli et al. [12] alssemonstrated SS
utilization for CQ removal from dry C@rich NG. Fig. 4.1 portrays SS geometry with linear
diameter profiles restricted to essential -olm@ensional (1D) axial flow characteristics of SS
modeling including swirling and collecting van&S phenomenology was fairly explained in

Arinelli et al. [12] and Brigago et al. [9].

D,

Subsonic Swirl |
7 Device

1
Condensate 1

Fig. 4.1.SS Sketch with linear diameter profiles depicting velocity gradient.
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SS operation is regulated by kinetic energy conversion affecting conditionm@retties of

the fluid. A critical aspect for SS modeling is the correct determination of the multiphase
equilibrium sound speed)(property for estimation of the Mach numb&ta = v/c) on SS
path. A rigorous thermodynamic model for sound speedef/aliation was provided in de
Medeiros et al. [13] including the development of a HYSYS unit operation extension (UOE)
for determination of the phasguilibrium ¢, named PE@OE. For SS design and
simulation in HYSYS, Arinelli et al. [12] developed a SS umertion extensioq SSUOE

¢ capable to handle multiphase supersonic flow, condensate removal and normal shock
transition. SSJOE uses PE@OE for multiphasec and sizes SS nozzles with linear
diameter profiles determining (Fig.1) converging I(c), diverging (Lp) and total ) lengths

and throat diameteD§) so that sonic flowNla=1) occurs at the throat. S30E obtains SS
stream products at stagnatibtreated gas and condensatdemanding the following inputs
(Fig. 4.1): feed stream at stagnatiomlat/outlet diametersD},Dp), convergingdiverging

wall angles Ub), compression/expansion adiabatic efficiencid€'{,d=*"), and maximum

a>"°%. While other SS thermodynamic models are generally

attained supersonitla (M
limited to simple vapetiquid equilibrium (VLE) [14], SSUOE and PEGQJOE efficiently
simulates SS processing of raw NG with thpbase flow of immiscible water and
hydrocarbon liquid phases in equilibrium with gas-\83E automatically retrieves the feed
streamfrom theHYSY Sflowshed and inserts the solved SS product streams in the flowsheet.
SS feed and product streams are all at stagnation conditions to comply with other process
streams, where external energy balance of each unit operation is only enkbpdndent.

Therefore, thee is no contribution of kinetic energy to exergy of streams in the flowsheet.

4.1.3. Exergy Analysis and Reference Environmental Reservoirs

Exergy analysis evaluates exergy preservation/destruction relatively to a reference
environmental reservoir (RERjonceived to assess chemical and power plants [15]. By

determining the exergy content of streams, exergy analysis detects thermodynamic
imperfections in the process, identifying and locating entropy sources (irreversibilities), and

also enabling waste mimizations and optimum resource utilization [16].

Exergy of streams is context sensitive and has no meaning without a RER [17], as streams
must have zero exergy when attaining chemical and themeahanical equilibrium with
RER. For some systems with worgifluids in closeetircuits, changes of chemical exergy

are neglected limiting exergy analysis to thesmechanical transformations [18]. However,

87



most applications require complete RER framework, with two considered routes: (i) choose
suitable RER to theroblem [19]; or (ii) use a generalized universal RER, such as the
equilibriumbased model [20] and the referersudstance model [21]. Considering that
RERs can be arbitrarily chosen to best fit the analyzed system and its surroundings, a good
practice isto perform exergy analysis using at least two different RERs to avoid RER
inconsistences and blind spots. An adequate RER avoids overrated exergy values preventing
hidden irreversibilites from inflated exergy efficiencie§) (20]. To bypass exergy
over@ting, some exergy works have focused on exergy variation instead on its absolute
value, replacing efficiencyJ by rational exergy efficiencieg defined for each unit [7].
Ghannadzadeh et al. [22] demonstrated in their study on NG processing with thef RER
Szargut et al. [21], thay displays thermodynamic performance of equipment revealing

irreversiblities, whileJhides them due to values ab®@&4%

In spite of this, it is possible to deflate exergy values by merely choosing RER adequately to
have better description of thermodynamic performances with unambigidnighis work
exergy analysis is performed by means of two RER approaches and exglusiray

traditional exergy efficiencied)(

4.1.4. Exergy Analysis of PPUs for Cryogenic Fractionation

Severatecentworksaddresexergyanalysisof ASUsbutveryfew presente@nalysiof PPUs.
Additionally, coolingwater(CW) systemshavebeenneglectedn overallprocesgperformance
despitethe considerable=xergyflows associatedo evaporativeCW-cooling, CW pumping
andair exhaustionFurthermoreall theseworks performedexergyanalysisexclusively using

standardized RERs with fixadbular composition and chemical exergy factors.

Cornelissen and Hirs [23] carried out exergy analysis of api@gsure doubleolumn Crye

ASU producing gas and liquid products coupled to,didiefaction unit. The liquefaction

unit uses Mcompressionlaove30 bar, being identified as the major exergy sink overcoming
ASU losses. Within the ASU, the PPU with air compression and TSA represented the main
source of irreversibilities. Raw air was compressed.@ bar with 70% of polytropic
efficiency and sento a DirectContact Aftercooler (DCA) fed with CW ang’C chilled-

water (ChW) from a freon chiller. TSA used superheated stéanbdr, 210°Q for heating

N, to 170°C For exergy evaluation authors used a commercial extension for Répeif24]
workingwith theRERof Szargugtal. [21]. Increasinghepolytropicefficiencyof compressors

to 85%the PPU efficiency reachddid 5.E%luding chiller losseSreached 6 1 %
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Fu and Gundersen [25] presented exergy analysis of a conventionaASUY/groducing
low-pressure95%moloxygen. The PPU comprises main air compressor (MAC), air cooling
and TSA. MAC and air cooling represented the largest exergy losses, accounB8gi¥or

of total losses of basgase, with MAC adiabatic efficiena}"“=82% and driver efficiency
d°RVER-97%%. The TSA generated2.6% of exergy losses. With available data one can
estimate the PPU efficiency)(within 50-60%

More recently, Fu and Gundersgt6] performed exergy assessment of an-cagnbustion
coakfired power plant, which besides the Ci&&8U and power generation also included,CO
conditioning for storage. In both works RER choice follows Szargut et al. [21]. The same
previous ASU was evattted with slightly different conditions. While the exergy losses of the
oxy-combustion system were dominated by combustion reactions, the largest exergy loss
related with C@ capture occurred in MAC and air cooling in the PPU. A Hi§88% was
presented itMAC and air cooling @“A°=82%, d°~'VER=97%), a reflex of high exergy values

of CW streams, contrasting with5% less exergy destruction in TSA, despite its lower
(P81% Considering as waste exergy thergy increase of CW streams leaving the RR&J,

overall PPU efficiency reachddid 6.0 %

Van der Ham and Kjelstrup [7] performed exergy analysis of two -@i§0s: a double
column and a tripkeolumn, with focus on the ColBox, assuming both ASUs fed withbar
purified air. Thus, the PPU was not assed. Exergy destruction in the trjgelumn ASU
was found to bé 1 2l8wer than in the doubleolumn, but such advantage was underrated
as the triplecolumn actually requires air at on8/ bar. In later work, Van der Ham [27]
investigated overall exergafficiency of an integratedasificationcombinedcycle gasifying

coal with oxygen from a he#tegrated distillation CokdBox without PPU.

Querol et al. [28] developed an applicative for exergy and thecooomic analyses of
processes implemented in gestPlus and applied it to a CrASU without PPU as it was
assumed6.6 bar contaminandfree air intake. However, from the furnished data one can
estimate an analogous PPU efficiencylod 7 1 with €"“4 7 5 The same ASU was later
investigated by Ebrahinet al. [29], which performed energy, exergy and economic analyses.
From the data, a PPU efficiency 0f4 7 #& %stimated assumird}’*“=80% in the ' MAC

stage and{"*°=76% in the 2% stage.

Zhou et al. [8] carried out exergy analyses of vapoompression distillation ASUs and

compared their performance to a doubtdumn ASU. This work also privileged CoeRbx
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exergy analysis. The PPU was not considered, as a single valve replaced thenifTfSA u
therefore being limited to heddss, besides neglecting® in air feed, which explains a
high PPU efficiency oP73%for 4.3 atmair with d**“=80%.

41.5. The Present Work

The PPU relevance for ChASU exergy performance has been frequently regtein the
literature and those works including it in the exergy analysis address only-FBALPPUs

with air feed pressure abowvk bar without considering the CVBystem. Counterpointing
these trends, the present work explores a newaS8d PPU concept for lepressurd3 bar

ASUs, addressing exergy analysis of-BSA and SSTSA-HI SSbased PPUs comparing
them with conventional FULITSA PPU. The SS abate®9% of the waterdrastically
lowering the TSA load which now requires only a small TSA unit to remove stratses and

CO,. PPPU improvements are also pinpointed to reduce utility consumption and exergy
destruction. Additionally, RER dhices arequantitatively discussed for efficient PPU exergy

analysis. The literature does not have similar exergy assessmenba&$bair purification.

4.2. PPU Design and Simulation

Simulation and design of FULLSA, SSTSA and SSTSA-HI were performed in HYSYS

8.8. From these results operating conditions, compositions and thermodynamic properties
(H,S) of material streams were extracted for exergy analysis. HYSYS was also used for

calculating RER chemical potentials of species. A TSA routine was integrated to simulation

for sizing and for estimating regeneration heat duties.

FULL-TSA, SSTSA and SSTSA-HI are respectively depicted in Fige2a4.2c, with TSA
vessels oradsorption tagged af SA/OFE and those omegeneration a8TSA/REG. FULL-
TSA, SSTSA and SSTSA-HI are briefly described. Complete descriptions are found in the
Supplementary Materigland in Brigago et al. [9]. Exergy analysis was applied to overall
flowsheets as well as to st@ilowsheets in shaded boxes of Figs3a4.3c. Only streams
crossing boundaries were taken into account. Tal&sl andW1.2 of Appendix W1 list
material andenergy streams crossing boundaries of eacksgstem and inform the origin,

destination and description of streams according to #iga4.2c and4.3a4.3c.
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PPUs initiate with atmospheric air stream®PE{ atm T=25°C, RH=60%) feeding the twe
staged intercooled Main Air Compressor (MAC) dldwsheet. A condensate drum
(stream#19) follows the intercooler, but no liquid is formed=a40°C, P=1.9 bar MAC
discharges air (stream#2) B£3.180 barin FULL-TSA (Fig. 4.2a), and atP=3.225 barin
SSTSA/SSTSA-HI (Fig. 4.2b-4.2c) to handle the SS he#mks targeting the same purified

air pressure3.10 baj leaving the PPU (stream#7). The compressed air (stream#2) goes to
Direct-Contact Aftercooler and Evaporative Wa@oding (DCA/EWC) (Figs.4.3a4.3c)

being cooled td 0°C (stream#3) before purification.

In SSTSA/SSTSA-HI compressed air at0°C (stream#3) goes to SFifs. 4.3b-4.30),
whereas in FULLTSA it is sent to TSAIn SSTSA/SSTSA-HI, SS plays a central role
abating98.65%o0f H,O from compressed air 40°C (stream#3), producing dry air at165
bar (stream#11) with less th&00 ppmof contaminants to be removed by the finishing-MS
TSA. The SS superooled condensa (stream#12) is injected into the Chw from EWC
reducing water loss€gigs.4.2b-4.2c).

The finishing MSTSA of SSTSA/SSTSA-HI differs from conventional TSA of FULITSA
PPU as the big activatedumina (AA) bed is eliminated considerably reducing auoksat
inventory and equipment size. Purified air leaves TSA (orT\88) and passes through a
particulate filter (not shown) and goes to the GBak (stream#7). Exhaust,Nrom TSA

regeneration is released to the atmosphere (stream#10).

There are two diffeences between SESA and SSTSA-HI: (i) N, for MS-TSA regeneration

is heated with LPS in SESA and with warrwater (WW) in SSTSA-HI (stream#13); and

(i) CW leaves the MAC intercooler a45°C in SSTSA, while WW leaves the MAC
intercooler at90°C in SSTSA-HI. In this work, the CWSystem is included in the exergy
analysis for evaluation of the effect of compression heat dissipation instead of considering
CW as external input/output streams, so that heat exchange with CW is internalized avoiding

large transit of exergy through PPU boundaries.
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4.2.1. Assumptions for PPU Simulation and Design

[Al]
[A2]

[A3]

[A4]
[AS]
[A6]
[AT]
[A8]

[A9]

[A10]
[Al1]
[A12]
[A13]
[A14]

Thermodynamic model: Pesigobinson Equatiownf-State (PREOS).

SS design/simulation via HYSYS S80E [12] and PEGJOE for phasesquilibrium
sound speed calculation [13].

Air intake: 13580 kmol/h P=1 atm T=25°C, RH=60% N,=76.61%mol,
0,=20.55%mol, Ar=0.91%mol, }0=1.89%mol, C@=363 ppmmol.

Filters: MAC inlet and TSA outletpP £kPaeach [4]

Triple-Column ColdBox purified air:P=3.10 bar[30].

Booster Air Compressor: absent.

Intercooler airoutlet: T=40°C, (p P 0 kPa

Direct-Contact Aftercooler (DCA): bottorstructuredpacking fed with CW,03
theoretical stagespP 2 kPg top-structuredpacking fed with ChwW,10 theoretical
stagesgp P 4 kPa T"PA"=10°C.

CW: [30°C,45°@, 3 bar,pP 50 kPa

WW/CW (SSTSA-HI MAC -Intercooler): B0°C,90°Q, 3 bar,pP 50 kPa

LPS: saturatedteam4 bar,143.6°C leaving as saturatdafjuid.

Adiabatic efficienciest™*°=85%; AP-OVERE750,, HFAN=7506; HPMP=T7504

Driver efficiency:100%

SS specifications (Figd.1): single SS nozzleD,=0.87m, »=0.69m, U=12.67°,
b=2.66°, d*"=d“MP=100%, Ma>"*%1.2.

[A15] MS-TSA(SSTSA/SSTSA-HI): 03verticalvesselsflow-reversalp2vesseladsorbing,

[A16]

[A17]
[A18]
[A19]

[A20]

[A21]
[A22]
[A23]
[A24]

Oldesorbing) 013X zeolite, cycleime=12h regeneratiosime=4h, P ¥kPa

TSA (FULL-TSA): 08 vertical vessels, floweversal, 04 vessels adsorbingd4
desorbing) 0AA, o (ABX zeolite, cycleime=8h, regeneratioitime=4h, pP ¥kPa

Regeneration heat duty: uniformly distributed along TSA ctiohe.
TSA/MS-TSA bed saturatiorf5%

TSA/MS-TSA capacity: from experimental isotherms and adsorbate paréasure
[31] corrected to design feed temperatur@%fC (Table4.1).

FULL-TSA: AA sized for HO removal; MS sized for COremoval; regeneration
TV?=133°C.

SSTSA/SSTSA-HI: MS sized for HO-trace/CQ removal; regeneration’*=80°C.
CW coolingtower: 03 theoretical stagedead”N=1.325 kPa P°""**A"=1 atm

TSA design: from Campbell [32]; regeneration equations from Kerry [4].

Cold-Box pure N: P=1 atm T=14°C.
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Table 4.1. Adsorbent parameters for TSA routine.

Adsorbent Bulk Specific Ads. Ads.
PPU ) deorbate DENSIY Heat®  Heat® Capacity
(kg/m?) (k3/kg.K) (kI/mol) (g/kg)

AAHO 769 1.00 48.6 64

FULL-TSA™Msica 640 092 343 51

SSTSA/ MS/HO 51.5 83

SSTSAHI MS/CQ 640 0.92 34.3 51
3 BASF, F200 ActivatedAlumina for liquid/gas drying, 2009° Alibaba,
Jiuzhou 13X Molecular Sieve: air purification, 2017Ha h n e , E. fiHeat
storage medi ao. I n: Ull mannds Encyclopedia of

“Rege et al. [31]°Taps=15°C (Design 7.

4.3. Exergy Analysis

The exergy flow rate of a material stream represents the maximum rate of work obtainable
when the stream reaches equilibrium with RER. Power streams represent pure exergy
streams, while the exergy equivalent of a heat stream corresponds to equivalent power
produced by a Carnot machine fed with the heat stream and connected to the RER. In this
sense, the exergy analysis of a system involves evaluating the exergy flow rate of all

input/output material and energy streams using the RER definition.

4.3.1.Theoretical Aspects

Fig. 4.4 depicts a finite steaestate open system and its interactions (curly arrows) with
reservoirs with indefinite contours. Reservoirs are infinite and in perfect internal equilibrium.
Theyhaveselectiveboundariesllowingbidirectionalflow only of theirsspecificexchangeable
guantities. Each reservoir is characterized by one or more intensive constant parameters that
determine the exchange of its specific quantities like heat and species mass. Reservoirs are

infinitely largerthan the system, so their characteristic intensive parameters are inM&jant

Ry

F.Hg - T T
T K Hpp: Sy
q
Stecudy State
— Open Systein _ _
Frge - Hpy K wer 2 H Enp: SKV;B:
>

M R,
T
Hooc i

Fig. 4.4. Steadystate open system coupled to heat and species reservoirs.
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The system of Fig. 4.4 has several feed flow ratesK,,  &s) &hd product flow ratey,
Ko, ép9 &pressed in mol/s, where the numbers of feed/product streamfs arel nps
The system interacts with a heat reservei) (of constant volume and temperatdigand
with reservoirs of each specikgR;, R,, & WRh constant volme at constani, andk

chemical potentiat,’ (k = 1 é).riTheR, reservoir interacts with the system transferring only
speciesk with rate I\'IliR‘ )accompanied by energy exchange raif@. The heat transfer
represents the systeRy, interaction. Fig.4.4 depicts all systemmeservoirs interactions, not

necessarily implying systemeservoirs equilibrium. Energy, mass and work eﬁé@g)'( ,
N{® W) follow the usuall® Law signalconvention:W > 0 when system exports), >0,

X, >0,N®) >0 when system imports.

Relationships for exergy analysis result from the First and Second Laws of Thermodynamics.
The F' Law is written in Eq. 4.1) for the system with all streams assumed at stagnation
conditions (no kinetic energy). Eq#t.Za) and 4.2b) represent Fundamental Relationships

for reservoirsRy and R, from the internal equilibrium premise. Then, E4.3] results from

Eq. @.1) by applying Egs.4.2a) and 4.2b). Additionally, net creation rates of entropbjlé()

andof specie ( I/K) in the Universe are written in Eq#&.4) and 4.5), where®*refers to

the system.
nps nfs nc . .
aK H aHe + & @ W (4.1)
i k=1
=T,8% = § (4.2a)
=18 W N =X (4.2b)
nps nfs ~ nc
aK - & *TaSRH +§”* o ANy @ (43)
Tk 4
. i . nc nps _ nfs
W = &Svs 4 GR) A &) 4 K §, _a’:'§ (4.4)
k=1 i j
nps nfs
W = NS+ N 4a Ky¥,, -aF Y. (45)
]. ]
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Without chemical reactions species creation rates are zlé{o=@). However, even with

chemical reactions in the systerbﬂ,( =0is valid providedspecies reservoirs are in mutual

chemical equilibrium, so that molecules can be reversibly interconverted between these

reservoirs without changing thermodynamic conditions of the Universe.

Since the system is afteadystate, one has>=0, NY*=0 in Egs. ¢4) and 4.5).

Substituting Eqgs.44) and 4.5) in Eq. 4.3), the rate of work produced by the system is
written as shown in Eq4(6a). The maximum production of wonk Eq. @.6b) results from

Eq. @.6a) at reversible conditions with null entropy creation in the Univeﬂéé:(O).
Finally, subtracting Eq.4(6a) from @.6b) one gets the rate of lost woN&/(°S") in Eq. @.7).
With I/lé from Eq. @.4), the lost work in Eq.4(7) can be used to cresheck the consistency

of exergy destruction rates.

nps 2

.o a— — ne,
W AKEH T8 anly,
i k=1

1-O: Ot

K % TS &y 3 (462)

nps 2

Ve %1*9%% LES karm a ‘% i3 kn &y (4.6h)

WLOST — WMAX _W %-Mé (47)

From Eq. §.6b) the exergy flow ratesE() of feed and product streams are defined in Egs.
(4.8a) and 4.8b), so that the maximum rate of work is just given by the difference of flow
rates of entering and exiting exergy in E43¢). Returning to Eq.4.6a), the actual overall
rate of work (V) can be expressed as the sum of all exported rates of work minus the sum of
all imported rates of work as in Egt.8d) using absolute values, wher@eandnwi are the
numbers of exported and imported rates of work. Analogously to #&£8c){ W°S"
corresponds to the rate of destroyed exe)§° ' in Eq. @.8e).Eqgs. é.8a), @.8b), @.8d),
(4.8e) and 4.7) are then usetb rewrite Eq. 4.6a) i which represents the actual system
behaviori as Eq. 4.8f). Redefining terms in Eq4(8f) as shown in Eq4(8g), Eq. 4.8f) is
finally rewritten as Eq.4.8h). It must be noticed that exergy flow ra¢&9 are relative to the
Reference Environmental Reservoir (RER), which corresponds to the union of redRsyoirs
Ri1, Ry, ec (FRy. 4.4).
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EF- ! Fj ;HF- '-I:)S: gnﬁ{ (4.8a)

o k=1 :
- a- - X
E, K, 8@ T& amy (4.8b)
k=1
. nfs . nps
ViMAX = a EFi ) a.E<J (4.8c)
J J
Wt a ‘\MExported _l ?J Wlmponﬁ (4.8d)
J 1=
WLOST — TO M/S 1 'EDESTR (486)
nfs nwi g nps nwe DEST
H >\ A /Im porte - A& & jExporte: 1
AE. + W) = & o+ gy B (4.8f)
j j j j

J J

nwe

: out :ps'é(j ﬂ&/Exporter (4.89)
i

j

nwi

nfs
=IN H ~2[\ A /im ported
EM 1A E +dV\{'

J J

EIN - EOUT +'EDESTF (48h)

In the second part of Eg4.8g) there is a wasted exertgrm associated to product streams
discarded in the environment. This term is isolated in £§af, wheregi Wr répresents the
r'™ wasteproduct stream anawpsis the number of wasteroduct streams. In Eg4.8h) one
always haveE™ 2 E°’Tand EPF™R2 0, which allows to define the exergy efficiency in Eq.
(4.9b) using Eq.4.9a).

nwps

—asre= & = (4.9a)

EOUT _ gout EIN _[DESTR EoOUT
e= = ASTE — = ASTE (4.9b)

All terms in exergy formulas Eqs4.8a), @4.8b) and 4.8g) are retrieved from process
simulations. The only exceptions are RER parameéfgrg] , which do not belong to process

streams and depend on the RER definition. In this work two RER definitions are; used

RER#1 and RER#2 which are discussed in next subsections.
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4.3.2. RER#1

RER#1 consists of atmospheric air ®=25°C and P=1 atm with RH=60% and molar
compositionN,=76.61%, Q@=20.55%, Ar=0.91%, HO=1.89%,and CO,=363ppmmol. The

conditions of RER#1 are the same of the PPU air feed &2d)). /72 represents the

chemical potential of speciésin RER#1 with molar fractiorY,”. As HYSYS do not export

chemical potentials,”] is calculated using the fact that RER#1 represents an ideal gas

mixture. Thus pure component streams are created in HYSYSfoDINAr and CQ at

(To,Po) T which are also ideal gaséeswith the respective chemical potentialculated from
the molar enthalpy and entropy exported by HYSYS in Elqu(i).nf follows via an

isothermal and isobaric ideal gas transition to RER#1 composition id EQDbJ.
m(T,. R, pure = H T, Bpure k) -TS(TyP,purek) {k HO (4.10a)
nj = g{T,,R, pure B +RT Iny (4.10b)

As pure HO is a liquid at To, Po), a stream of pure water is created in HYSY3@and at
sufficient low pressurd® =0.01 atmsuch that an ideal gas state is valid. A, (P) the
chemical potential of pD is calculated with the molar enthalpy and entropy exported by
HYSYS in Eq. 4.10c). nj , follows via an isothermal ideal gas transition to RER#1

composition and pressure in E4.10d).

Mo (To. P pure Q= H T, P.pure HQ - T$ J Ppure H{ (4.10c)
_ ' aR Yo

M= Mo(T,.P ,pure H Q +RT %P—* (4.10d)

4.3.3. RER#2

RER#2 is chosen as a typhiase environment ay=25°C andPy=1 atm containing the same
dry-basis atmospheric air as before, but with excess of water so that an infinite body of liquid
water coexists in equilibrium. The air phase is now saturated in water, with molar
compositionN,=75.65%, @=20.30%, Ar=0.90%, HO=3.11%and CO,=358ppmmol.

For all speciek, H,O, the RER#2 chemical potentialg]() are calculated as in RER#1 using
Egs. ¢.10a) and 4.10b) with new molar fractions =0.7565, Y; =0.203C, Y. =0.009C
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and Yg, =0.00035¢. For water, since it is in VLE with air, thej, , in RER#2 is obtained

by creating in HYSYS a stream of pure liquid water &, (P;) whose exported molar

enthalpy and entropgre used as shown in E4.X1).

m,o=H_ (T, R, pure H,0) -T,S( T, B pure H Q (4.11)

43.4. RER#1 versus RER#2

Table 4.2 lists chemical potentials of species in RER#1 and RER#2 for exergy analysis of
PPUs using HYSYS 8.8 with RROS.

’7220 increases from RER#1 to RER#2 due to higher water content in air, wxﬂ*nik—; H>,O

behave oppositely. Consequently, CW and ChW streams should present lower exergy flow
rate with RER#2 formalism relatively to RER#1 formalism, while the exergy flow rate of dry

air is higher with RER#2 formalism.

Table 4.2. RER#1 and RER#2 chemigabtentials of species.

. mC (kJ/mol)

Species RER#1 RER#2
N, -44.81345 -44.84447
O, -47.16142 -47.19244
Ar -47.40285 -47.43387

CO, -464.8654 -464.8965
H,0O -303.4369 -302.2325

Figs.4.5a4.5c depict the respective exergy flow rates of 1 kmol/h of pure water, dry air, and
saturateehir atP=P, and for several temperatures in the vicinityTgfaccording to RER#1

and RER#2 formalisms. Calculations were done with HYSYS 8.8 using®R In the
saturateehir case (Fig4.5c), the temperature range actually expresses watepdmrange

with varying HO content according to the dgwint. A characteristic of Figgl.5a4.5c¢ is

that theexergyflow ratemustpassthroughzero afT=T, for streamsn equilibriumwith RER.

This occurs inFig. 4.5a for pure water al=T,=25°C with RER#2 and in Fig4.5c for
saturateenir at T=T,=25°C with RER#2. In Fig.4.5a, RER#1 prescribes positive exergy
flow rates everywhere so that in terms of exergy ratio, the contrast between RER#1 and
RER#2 deepens in the vicinity af=T;=25°C. On the other hand, Figt.5b shows an
inverted scenario for dry air, with greater RER#2rgy flow rate relatively to RER#1,
which is reasonable since dry air is thermodynamically more distant RBriL00% air
(RER#2) than fronRH=60%air (RER#1)
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Contrarily to Figs4.5a4.5b, with fixed composition so that exergy flow rate relies only on
physical exergy contribution, in Figd5c RER#1 exergy flow rate decreases when
approaching RER#1 composition, so the minimum RER#1 exergy flow rate is situated
betweenT, and the devpoint of RER#1 compositiond( 1 7)AT@erefore, Fig4.5¢c presents

for saturateehir minimum zero RER#2 exergy flow rate @&tT,=25°C and minimum
RER#1 exergy flow rate at°20°C. The chemical exergy contribution of®l is also clearly
revealed on the right stdof both RER#1 and RER#2 exergy flow rate curves associated to

rapid increase of water content in saturaed@ds temperature increases.

0.10

0.05

@) — —RERZ1| |0 - -RERZI| (@
_ -= 004 ——RER#2 0.08 4| ——RER #2 ;
i 0.03 0.06 /
- = RERZ1 N - /
T 002 P - 004 ’
——RER #2 ~__Ll-F ,|/
0.01 0.02 - 7/
~ /
y
— — 00 0.00 = =
5 25 45 65 0 10 20 30 40 50 0 10 20 30 40 50
Temperature (°C) Temperature (°C) Dew Point (°C)
Fig. 4.5. Exergy flow rate of 1 kmol/h streamsRtP,=1 atmfor RER#1 and RER#2:
(a) pure water; (b) dry air; (saturateehir.
4.4. Results

Results are presented for PPUs FULBA, SSTSA and SSTSA-HI in terms of power and

heat consumptions and exergy analysis considering RER#1 and RER#2 formalisms.

4.4.1.Power/Heat Consumptions and SS Performance

The utility consumptions of FULITSA, SSTSA and SSTSA-HI are presented in Tabie3,
while Table4.4 shows the respective power consumptions discriminating contributions from
MAC, blowers and pumps. Tabke5 presents SS design and performance data iMSFS

and SSTSA-HI from simulation results and specifications (assumption [A14]).

Tables4.4-45 show that high SS presstmexovery slightly increases MAC power in-SS
TSA and SSTSA-HI, but such increase is partially offset by power savings in athgs. In
both SSTSA/SSTSA-HI N, flow rate for TSA regeneration i64% lower relatively to
FULL-TSA, entailing proportional power savings in blower (Table4.4). SSTSA-HI has
lower CW circulation thanks to the WW closkxbp through MAC intercooler bring at
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90°C (assumption [A10]) and subsequently cooled dowBQ&C after heating regeneration
N, from ColdBox; consequently lowering coolifigwer load and power consumption in
CW-System (CW pumps and coolugwer fans, Tabld 4).

Table 4.3. Utilitie s consumption.
FULL-TSA SSTSA SSTSA-HI

Power(MW) 15.42 15.49 15.44
LPS(MW) 1.370 0.161
CW(kg/s) 5.590 5.364 5.267

Table 4.4. Power consumption.
FULL-TSA SSTSA SSTSA-HI

MAC(MW) 14.79 14.98 14.98
N, Blower(MW) 0.18 0.06 0.06
CW Air Fan(MW) 0.13 0.13 0.11
CW Pumps(MW) 0.31 0.31 0.28
ChwW Pumps(MW) 0.01 0.01 0.01

Among several SS benefits, the main advantage ef SYSSTSA-HI over FULL-TSA
relies on reduced LPS consumption (Tadb), saving88% (& 1 . 2) inNG®TSA, since SS
p er f 098.686%waer removalTable4.5), leaving onlya 5 6 pHgOpdrastically reducing
TSA load. Consequently, SESA/SSTSA-HI only require a small singlbed MSTSA as
CO, becomes the main adsorbate since S$ €&@ture is negligible. Another SS benefit is
lower water makeup in CW-System due to water recovery from air, injected as scpeled
stagnated liquid-84.17C, Table4.5) into ChW stream, saving 0 . 2 2 & SKTHA/SS
TSA-HI. Additionally, no LPS consumption occurs in-$SA-HI because closelbop WW
heats MSTSA regeneration H entailing even lower water makg by reducing CW
circulation and coolingower evaporation. These aspects positively influetihee exergy
efficiency of SSTSA/SSTSA-HI over FULL-TSA, despite their slightly higher power

consumption.

The keystone of SS is i88.59%pressuraecovery for98.65%water removal, consequence

of choosing low maximum supersonMa (Ma>"°*1.20). SS presurerecoveryis also
sensitive to the withdrawn condensétaction, so the low0.38% condensatdraction
(b°"°%6=99.62%, Table 4.5) contributes to highressureecovery SSTSA/SSTSA-HI
superiority relies on low SS hedaks, otherwise LPS savings would be eclipsed by high
MAC power demand. Thermodynamic transitions in SS operation for air dehydration are
briefly graphically discussed as follows. Further details of 88opnance in S§SA and
SSTSA-HI are found in [9].
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Table 45. SS design and performance in-$SA and SSTSA-HI.

Specified items Calculated by SSJOE
No. of 1 D+(m) 0.4267
D,(m) 0.8679 Lc(m) 0.9813
Do(m) 0.6943 Lp(m) 2.878

a 12.67° L(m) 3.859

b 2.66° LS"%m) 1.051

M aShock 1. 20 LDiffuser(m) 2. 808
A% 100 Pagbar) 1.299¢
A" 100 Te4°C) -48.86
Inlet MaBS 119§
P (bar) 3.165 bghode/o 9962%

T"eH°C) 10.0 PU"Ybar) 3.12
MMsnt/d 7.72 L () 16.48*
ppmHO™e 3965  %H,O Recovery 98.65%
ppmCQ™e 367 %P Recovery  98.59%

TCondensatEoC) -34.17*

*Stagnation (P=3.12 bar)s S"°%* pre-shock molar vapefraction.
#Bs; before shock, after liquid withdrawal.

Figs. 4.6a4.6b/4.6¢c depict SS path oPx T and T x S planes with several water dew
point (WDP) loci traced 3886ppmHO inlet air, 2000ppmHO air, 300ppmHO air and

56.4ppmHO outlet dryair), where Fig.4.6¢c magnifies Fig4.6b. SS path is marked with
points A/B/C/D/E corresporidgly plotted onP x T and T X S planes. The importance of

T x S plane derives from the adiabatic character of SS operation, which valillateS

plots as instances of certification di*2aw obedience of SS simulations. SS path starts at

AAO on t he WDP -datoratedsair feefl. It expands wwentropically downwards

(A- B, Figs. 46bA6cA6a) to point @ABO0 TxISiWDPtlocys bene:
(56.4ppmHO air) in equilibrium with 0.38% of liquid (6%°"°°99.62%). [ Bd and A C
(Te=Tc=Tgs=-48.86C) are the coldest SS pointsM&=Ma"""*1.20) at preshock.
Withdrawing lowentropy condensate, SS path moves isothernmaltize right (B C, Figs.

4.6b/A.6¢c) towards the higher molar entropy of WDPdry r . ABo andPHCO hav
coordinates Px T, Fig. 46a). A C 0 -ad risystill supersonic withMags=1.195 after

condensate withdrawal, leading to normal shock ). Shock C D is the unique entropy

creator step in SS path as expansion and-sfteck compression are isentropic (assumption

[A14], but SSUOE can handle neisentropic expansion/compressiomiit" %<100%and/or
h*MPos<10099. Across the shock sudden heating, recompression and esteatjon occur

as an inclined linear path-CD (F >0, [3 >() on Figs.4.6a4.6b/4.6¢c. The afteshock SS

path is again isentropic, extending upwardly (B, Figs.4.6a4.6b/4.6¢) recompressing and

heating dryair in the diffuser towards the SS outlet, and beyond, until stagnation.
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Fig. 4.6. Air dehydration SS path with WDP loci 8886 ppmHO inlet-air, 1000 ppmHO
air, 300 ppmHO air and56.4 ppmHO outlet dryair: (a) planeP x T (b) plane T xS;

(c) magnification of (b).
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4.4.2. Exergy Analysis

Table 4.6 exhibits results of exergy analysis using RER#1 and RER#2 formalisms for all
flowsheets and suftowsheets,including exergy inlet flow rates, exergy destruction rates,
waste exergy flow rates and exergy efficiengy All exergy flow rates are positive as they
should be.

With RER#1, all sublowsheets efficiencies are greater th84.6% with CW-System
attaining 93.5% giving the wrong impression that these processes operate relatively close to
thermodynamic reversibility. On the other hand, RER#2 produces lower efficiencies, the
most remarkable contrast being the @Ggstem, with efficiency 0f16.4% a realist
estimative. The higher efficiencies obtained with RER#1 are directly connected to large
exergy flows of CW, boosting efficiencies of some $iolwsheets. RER#2 caused a clear
reduction in the inlet exergy flow rates of the same-ffmlisheets, particuldy in CW-
System, fronB80.11to 1.15 MW(Table4.6). RER#2 naturally reduces the exergy flow rate of
liquid water as illustrated in Fig.5a, lowering the exergy flows of CABystem as it operates
nearbyT, (assumptions [AAL10]).

Exergy Sankey diagrams for SSA-HI overall system are shown in Figs7a4.7b, with no
CW streams crossing the system boundaries, excepting a CWupadteeam with small
exergy flow rate. The same situation occurs in FULRA and SSTSA (Table4 .6).

Figs. 4.8a4.8) present exergy Sankey diagrams for-sytems of S SA-HI (Figs. 4.8a

4.8e for RER#1 and Figs. 4-8f8) for RER#2) with colors: yellow for power streams; blue
for material streams with useable exergy, and red for exergy destruction esrainatisted
exergy. Comparison of results for RER#1 and RER#2 shows drastic shrinkage of CW/WW
exergy flow rates with RER#2. Appendic®& and W3 respectively present analogues of
Figs. 4.7 and 4.8 for PPUs FULLSA and SSTSA.

In Figs. 4.824.8] all inle and outlet exergy flow rates are disclosed, showing small
enlargement of exergy flow rates of raw air in RER#2. Since no condensation occurs in MAC
intercooler, the compressed air discharge has the same composition of air intake, which is
equal to RER#Icomposition, so that exergy flow rates are expected to be smaller with
RER#1 formalism. Moreover, DCA cold air outlet (SS feed) is wsddurated but has much

lower HO content than saturatedr at (To,Po), therefore its exergy flow rate with RER#2 is
closer to the analogous value with RER#1. Fig. 4.5¢ shows that even at atmospheric pressure,
theexergyof saturatecir at T=10°Cis smallerin RER#landsimilarlyin Fig.4.5bfor dry air.

Thus, the dry compressed air leaving the TSA system must aleshwller exergy flow rate

with RER#1. All these aspects are exhibited by the present results of exergy analysis.
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4.4.3. Validation of Exergy Analysis via CrossCheck of Consistency

Table 4.7 presents comparison between exergy destruction rate in Eq. (4.8f) and the lost work

rate fromT, W/ in Egs. (4.7) and (4.5).

Exergy destruction rate and lost work rate must have the same value, but are calculated
through corpletely different ways. From the outset, Egs. (4.5) does not depend on
RER#1/RER#2 properties and demand only the determination of molar entropy values of
feed/product streams crossing the system boundaries because the following terms in Eq. (4.5)

are idetically zero: S =0 (steadystate), s®J) =0 (no heat exchange across process

boundaries) an@y SR =0 (no species exchange across process boundaries).
k=1

On the other hand, Eq4.8f) demands exergyflow rates of power streams and of
feed/product streams crossing the system boundaries, where the material exergy flow rates
depend on properties of RER#1 or RER#2. Despite the presence of RER properties in the
exergy flow rates of feed/product streamsually the exergy destruction rate depends on
certain RER parameter$yf but not on the differences between RER#1 and RER#2 as can be
seen in Table4.6. Thus, as occur in several other similar validations of consistency in
Thermodynamics (e.g. Gibii3uhem consistency test), the concordance of these two
determinations of the lost work rate should attest the consistency of the whole procedure of
exergy aalysis. These comparisons are done in Tahlefor all subsystems and the overall
system of FULETSA, SSTSA and SSTSA-HI with RER#1 and RER#2. Results show very

low discrepancies belowW.25% indicating consistency of the present exergy analyses of

PRUs.
N, o N, to
Fave MAC Power () Fwe  MACPower ()
1313 kW 14979 kW 1374 1w 14979 kKW

Air to
Cold Box
10554 KW

Air to
Cold Box
10439 KW

COMPLETE
PROCESS

COMPLETE
PROCESS

EWC / CW+ChW CW+ChW

Malkeup ) - Ny from Malkeup ’ - N, from

211 KW N, Blower Punps TSA 0w N, Blower E;rﬁl\?\ .- TSA
w 641W | 118 kW 181 LW . 190 1W

Tower N; from Tower N, f_mm

Malew Air from EWC Malewp Air from  E -\: c

32EWY 283 kW Evergy CW Tower 1045kW 0EW Exergy CW Tower 1025 kW

Destruction 600 kW Destruction 291 KW
SO46 W 5047 KW

Fig. 4.7. SSTSA-HI overall exergy Sankey diagram: (a) RER#1; (b) RER#2.

106



MAC Power CW IIN

1979 1V WW CW OUT (a)
WIT9IW 1688KW N Heater 2358 kW
WW o sgew
to MAC

42 kW

MAC Power ) (f)
10 kW to N, Heater *55 KW
PWW 17 kW

i to MAC
L 0KW

MAC MAC
AR Discharge AIR Discharge
COMPRESSOR 11719 kW COMPRESSOR 11748 kW
Exergy Eﬂ Inlet Exergy
=¥ AT 1 TEY
Destruction 2710 Destruction
21572 kW 2572 kW
CWIN (b) W IN CW OUT (g
21893 kW CW OUT 146 KW 3T KW
22143 kW
, . MACAir Cold Air
MAC Air Cold A Dischal‘ge fromm DCA
Discharge from DCA 11748 KW 10702 KW
11719 kW DCAFWE 10605 kW

DCA/EWC

- N, ta EWC g hw
N, to EWC ' 1374 KW ump
: ,
1313 kW Pump 12 kW
. 121w A N. fe Makeup §8 Cond. Exergy N, from
Lﬁ]-ke“l] S8 Cond f)xer & E\:.u (1’“ Water LW Destruction EWC
NVater = : estruction VC . s .
W O kW 1191 KW 1023 KW
21 KW S kW 1191 kW 1045 kW
. . ) yy
Cold Air Cold Air e
from DCA SS Cond. (C) from DCA Ss;lf&fl. (h)
10605 kW 5 kW 10702 kW ,

Dry Air Dy Air
10496 kW 10610 kW
Exergy Exergy
Destruction Destruction
83 kW 83 kW
e xr — i
WW WW from . WW WW from A i *
i ) Airto ((l) Ajrto (l)
Diy Air to I;;E\E\ﬂtel N, E-I?at;m Cold Box Diy Air to NiI-’Ie::ter N, Hl'aﬂtrl?l‘ Cold Box

Fower to

TSASYSTEM

TSASYSTEM

Power to Exergy N, from

N, to TSA Exergy ) N,from N, to TSA _ ‘
; . ' T . Destruction TSA
206 KW N, BIUW.EI Destruction TSA 216 kW N, Bli:m;m 163 KWV 190 KWV
64 kW 163 KW 181 KW 64 kW
WW from WW .
CWRET N, Heater to MAC (e) CW RET CW STP (])
from DCA 42 kW 42 kW CW SUP from DCA to DCA

22143 KW

CW RET
Intercooler
2358 kW

Power to

Pumps
106 kKW
1\:—':,1{ :u}) Power to
ater Air Blower
332 kW 183 kW

CW SYSTEM

to DCA
21893 kK'W

CW SUP
Intercooler
1688 k'W

Exergy Ajr from
Destruction CW Tower

372 kKW 146 kW

i

WW from WW

1? t“ RElT Ny Heater  to MAC L?t\:;.ﬁfm-
itercooler o o
680 kW 0 kW 0 kW g

CW SYSTEM

W
Ajr to Pumps
CW Tower 106 kW
42 kW Power to Exergy . ‘L\u fml—n
I\-Ialfeup Air Blower Destruct_mn CW Tow er
‘3’ ‘L‘:\l’ 283 kW 1037 kKW 291 kW

1037 kKW 600 KW

Fig. 48. SSTSA-HI exergy Sankey diagrams: {8) RER#1, (A(j) RER#2
(RET=return, SUP=supply, REG=regeneration).

107



Table 4.6. Exergy Analysis of FULLTSA, SSTSA and SSTSA-HI with RER#1 and RER#Zub-systems and overall system.

Inlet Exergy(MW)

Exergy Destruction (MW)

Waste Exergy (MW)

Exergy Efficiency (%)

RER System FULL SSTSA FULL SSTSA FULL SSTSA FULL SSTSA
Toa SSTSA T, Top SSTSA T, Top  SSTSA T, Top  SSTSA T,
MAC+Intercooler 21.74 2193 1671  2.98 3.00 2.57 0.00 0.00 0.00 86.3 86.3 84.6
DCA/EWC 34.86 3498 3498  1.17 1.19 1.19 1.08 1.05 1.05 93.5 93.6 93.6
SS - 10.60  10.60 - 0.08 0.08 - 0.00 0.00 - 99.2 99.2
RER#L TSASystem 1171 1082 10.82 070 019 016 047 018 018 900 966  96.8
CW:System 30.11 30.13 2526 0.70 0.71 1.04 0.56 0.57 0.60 95.8 95.7 93.5
Overall System  18.20 17.42 17.31 555 5.17 5.05 2.12 1.80 1.83 57.9 60.0 60.3
MAC+Intercooler 14.86  15.05 15.02  2.98 3.00 2.57 - 0.00 0.00 80.0 80.1 82.9
DCA/EWC 13.16 1329 1329  1.17 1.19 1.19 1.06 1.02 1.02 83.1 83.3 83.3
RER#2 SS - 10.70  10.70 - 0.08 0.08 - 0.00 0.00 - 99.2 99.2
TSASystem 11.79  10.94 1091  0.70 0.19 0.16 0.48 0.19 0.19 90.0 96.5 96.8
CW:System 1.15 1.16 1.48 0.70 0.71 1.04 0.26 0.26 0.29 16.4 16.2 10.5
Overall System 17.95 17.21  17.10 5.5 5.17 5.05 1.80 1.48 1.50 59.1 61.4 61.7
Table 4.7.Exergy analysis crossheck: exergy destruction rate versus lost work rgje ().
Lost Work RateT, g (MW) Exergy Destruction Rate (MW) Discrepancy (%)
RER System FULL SSTSA FULL SSTSA FULL SSTSA
TSA SSTSA HI TSA SSTSA HI TSA SSTSA HI
MAC+Intercooler 2.98 3.00 2.57 2.98 3.00 2.57 0.00 0.00 0.00
DCA/EWC 1.17 1.19 1.19 1.17 1.19 1.19 0.24 0.11 0.02
SS - 0.08 0.08 - 0.08 0.08 - -0.08 -0.08
RER#L TSASystem 0.70 0.19 0.16 0.70 0.19 0.16 0.00 0.01 0.05
CW:System 0.70 0.71 1.04 0.70 0.71 1.04 0.00 0.00 0.09
Overall System 0.70 0.19 0.16 5.55 5.17 5.05 0.05 0.03 0.02
MAC+Intercooler 2.98 3.00 2.57 2.98 3.00 2.57 0.00 0.00 0.00
DCA/EWC 1.17 1.19 1.19 1.17 1.19 1.19 0.24 0.11 0.02
RER#2 SS - 0.08 0.08 - 0.08 0.08 - -0.08 -0.08
TSASystem 0.70 0.19 0.16 0.70 0.19 0.16 0.00 0.01 0.05
CW:System 0.70 0.71 1.04 0.70 0.71 1.04 0.00 0.00 0.10
Overall System 0.70 0.19 0.16 5.55 5.17 5.05 0.05 0.03 0.02
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4.5, Discussion on Exergy Performance and RER Comparison

Discussion is sulsystem/system oriented with support of Tah&and Figs4.8a4.8|.

45.1. MAC+Intercooler

Exergy destruction is slightly higher in SSA (EP=™=3MW) relatively to FULL-TSA

( EPESTR=2.98MW) due to small increase of MAC powifrom 14.79 MWto 14.98 MWi
caused by SS heddss @.5 kP3. The greater exergy destruction in this case is consequence
of two slightly greater irreversibilities: MAC higher compressiatio with H"AC=85%
(assumption [A12]) and greater temperature difference in MAC interc@&iteze shafivork
exergy is not RER dependent, exergy inlet flow rat@ 19 MWhigher in SSTSA with both
RER#1/RER#2. However, the best MAC+Intercooler performance belongs-1G&Sll
(EPE™R=257MW) due to less irreversible heat exchange in MAC intercooler thanks to
lower temperature differenc80°C WW+CW outlet (assumption [A10]), contrasting46°C

CW outlet (assumption [A9]) in FULITSA/SSTSA. Additionally, CW+WW flow rate
through MAC intercoter is 75% lower relatively to FULLTSA/SSTSA, entailing
significant lower inlet exergy flow rate with RER#116.71MW vs 21.74MW / 21.93V

for FULL-TSA/SSTSA 1 while with RER#2 the corresponding values are
15.02MW vs 14.86 MW / 15.05Mfor FULL-TSA/SSTSA.

Comparison of MAC+Intercooler of FULLSA, SSTSA and SSTSA-HI, reveals an
illusory worst efficiency of S SA-HI with RER#1. This results from apparent efficiency
increase of FULLTSA/SSTSA due to relative eclipsing of their greater exergy destruction
rates by large exergy inlet flow rateshdicating RER#1 as a bad RER choice for
MAC+Intercooler. Meanwhile, RER#2 unveils the best performance ef SSHI: 82.9%
efficiency against80.0% in FULL-TSA and 80.1% in SSTSA. Figs. 4.8a4.8f show
MAC+Intercoole inlet/outlet exergy flow rates of SESA-HI, respectively with RER#1 and

RER#2, evidencing clearer predominance of power exergy with RER#2.

45.2. DCA/EWC

Minor exergy flow differences are found among FULEA, SSTSA and SSTSA-HI. With
RER#1 SSTSA/SSTSA-HI performed identically with slightly greater exergy destruction

relatively to FULL-TSAT EP®™=1.19MW vs B-°R, = 1.17M\i which is offset by SS

TSA/SSTSA-HI lower waste exergy Ejpi=1.05MW vs E.L . - 1sa= 1.08M\. Due
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to slightly higher MAC discharge pressure in-BSA/SSTSA-HI relatively to FULL-TSA
(3.165bar vs 3.12bg) air at higher temperaturea @0 C vs 98°¢) feeds DCA/EWV for the

same 10°C target (assumption [A8]), explaining SSA/SSTSA-HI higher inlet exergy
flow rate with RER#2i E™ =13.29MW vs B | .., = 13.16M\. On the other hand, SS

injection of supercooled condensate into ChwW to DCA/EWC lowers EWC heat duty,
reducingad 3 . 6f %y feed anl water evaporation, lowering webt fom EWC and its waste
exergy flow rate. The high CW flow rate leads to high CW inlet exergy flow rate with RER#1
I almosttwice thecompressedir exergy flow raté shown in Fig4.8b for SSTSA/SSTSA-

HI, inflating efficiency toa 9 3 , ehie with RER#2 CW exergy flow rate shrinks making

hot compressed air the major exergy inlet flow rate, downing efficienck® 183.3%

45.3. SS

Figs.4.8c/4.8h depict exergy flows across SS @ystem of SSSA/SSTSA-HI, as SS has
identical operating conditions in SEBA/SSTSA-HI. SS presents minuteE® ™= 0.08 MW
and high €=99.2%, as entropy is only created at normal shockgesiisentropic flow is
assumed through SS convergitigerging sections fromg“™"= §"=100% (assumption
[A14]), making the shock the only reason of SS Riead. Such low exergy destruction rate

reflects SS high pressurecovery 0f98.59%an outcome perfély in accordance with the?

Law and with the consistency cresiseck viaT, 4/ in Table4.7.

45.4. TSASystem

The most prominent exergy flow differences among FUISA, SSTSA and SSTSA-HI
are found in this subystem. Here, SS benefits become clear a3 $§SSTSA-HI attain

~OUT

considerably lessE”™™ and Ej.i relatively to FULL-TSA. TSASystem exergy

destruction lowers fromEP=S™"=0.7MWin FULL-TSA to E°®™=0.19MWin SSTSA
due to much lower LPS consumption (Tal8&), which is related to large temperature
difference at the coldeend of N heater, where saturatedater =143.6°C assumption
[A11]) contacts ColeBox N, (T=14°C). Reduced temperature difference du®@C Ww

utilization further lowers exergy destruction in -$3SA-HI i from ES1e,=0.19MWto

EPESTR=0.16 MW. In terms of exergy waste rate0.29MW is saved in STSA/SSTSA-
HI, owing to substantially lower wet N-elease to atmosphere, where- BSA/SSTSA-HI
performed similarly due to same wet dkhausts as Ns equally heated tad'=80°C despite

the different heating media (assumption [A21]). RER#1 and RER#2 cause small differences
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in exergyflow rates(Figs.4.8d/4.8i) explainingthe similarexergyefficiencies Uniting SSwith
TSA-System, air purification exergy destruction redug&®%from FULL-TSA to SSTSA.

45.5. CW-System

The exergy destruction increases fromEP=™R=0.70MWin FULL-TSA to
EPESTR=0.71MWin SSTSA due to slightly higher coolintpwer load connected to higher
SSTSA MAC discharge pressure. Similarly, the exergy inlet flow rate raises-iRS&&HI
with RER#2 as MAC intercooler produc@8’C CW above the WW demand of regeneration
N,, entailirg redirecting90°C CW to the coolingower with higher EPS™R=1.04MW. In
terms of waste exergy, SESA-HI wastes® 0.03MW more exergy than SBSA due to

higher wet air temperature from the coohiogver i 37.8 C vs 36.7 (1 despite reduced

heat load and fan flow rate. With RER#2, wet air waste exerdy(sSMWIlower for all
PPUs than with RER#1 (Fig4.8e4.8j). In terms of inlet exergy flow rates, FULLSA and
SSTSA are more sensitive to REfRange due to higher CW consumption. Moreover, while
exergy inlet flow rate to S$SA-HI with RER#1 is the smallest, accounting for lower CW
flow rate, with RER#2 it becomes the highest due to highest cowimgr inlet CW
temperatureq0°C).

Changing from RER#1 to RER#2 produces bold shrinkage of all CW exergy flow rates (Figs.
48eA.8j) with CW inlet exergy flow rate for SESA-HI totaling 24.50MWwith RER#1

and 1.05MWwith RER#2. This entails expressiedficiency reduction, suggesting opposite
exergy preservation performance of all €y/stemg from 93.5%to 10.5%in SSTSA-HI.

45.6. Overall Systems

Exergy analyses of overall systems show thafTSB8-HI achieved the best performance
among PPU alternatives seconded byTS®\, with FULL-TSA presenting highest rates of
exergy destruction, waste exergy, and inlet exergy.4&8ydepicts the contributionsf sub
subsystems to overall exergy losses of FULRA, SSTSA and SSTSA-HI with RER#1;
where TSASystem savings reflect the main leverage of SS utilization. Given inlet exergy
flow rates with RER#1, exergy losses entan.9% 60.0% and 60.3% respectiveoverall
efficiencies of FULLTSA, SSTSA and SSTSA-HI. While exergy efficiencies of sub
systems with large CW transit are highly sensitive to RER change, variations of overall
exergy efficiencies with RER#2 in place of RER#1 attain ohlg1.4 percent pints.
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Exergy Loss (MW)

Therefore Fig4.9 still reasonably portraits exergy losses with RER#2, excepting the case of

CW-System bars, which shortén0.3MWin waste exergy terms.

B FULL-TS A Destruction OSS-TSA Destruction BmSS-TSA-HI Destruction
@ FULL-TSA Wagste % SS-TSA Waste B S5S5-TSA-HI Waste

L6

0.8

v

MACH DCA/EWC SS TSA CW
Intercooler System System
Fig. 4.9. FULL-TSA, SSTSA and SSTSA-HI exergy losses with RER#1.:

exergy destruction (clean) vs wasteergy (hachured).

0.0

FULL-TSA efficiency of 57.9% is found in reasonable agreement with values from
Cornelissen and Hirs [23] and from Fu and Gundersen [26], with differences re&8hing
percent points due to different assumptioif&:°=85% is higher; air purification occurs at
lower pressured 3 ,bamd CWSystem is included in the analysis increasing power
consumption, exergy destruction and waste exergy (wet air aaghdusts).

Remwing CW-System and attaching CW inlet/outlet to the PPU, the overall FURA
efficiency with RER#1 would also readd2% Despite relevance of TSA in FUELSA
exergy destruction, Figl.9 portrays air compression and cooling as major contributors to

overall exergy destruction.

45.7. SS Interference on TSASystem

CW-System considerably impacts exergy analysis presenting exergy destruction rate of same
order of TSASystem in FULLTSA. Couwnterpointing this, SS in S$SA/SSTSA-HI
presents a tiny exergy destruction rate despite its important role in agupfieation,
lowering about 10X the TSA load of TS®ystem, as well as abatiffg0% of the respective
exergy losses (destruction plusaste) with both RER#1/RER#2. The underlying reason is
that SS promotes drastic savings of LPS and regeneragjdreblides recovering liquid water

consequently lowering water release in TSA regeneration.
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45.8. Other Aspects

Figs. 4.7a4.7b presenexergy Sankey diagrams of SSA-HI and convey some notion of
exergy inlet/outlet flow rates in FULLSA/SSTSA (whose analogous Sankey diagraans
presented in Appendica&/2/W3), excepting the absence of LPS inlet and satwatddr
outlet. Now, observig exergy inlet flow rates in Figd.7b with RER#2, a problematic
interpretation arises with RER#2. As revealed in Tab&and Figs4.8a4.8), RER#1 is
problematic in most PPU sidystems due to inflated CW exergy flow rates, raising
efficiencies and lding irreversibilities; an evanescent issue regarding overall system analysis
(Fig. 4.7a). Concerning material exergy inlet flow rates to FULERA, SSTSA and SSTSA-

HI overall systems, the problem is related to water makénlets depicted with negligiél
exergy flow rates in Figs4.7b/4.89/4.8) with RER#2, contrasting with analogous Figs.
4.7ah.8b/A 8e with RER#1. In fact, this configures a RER#2 blind spot, because with RER#2
it is impossible to recognize exergy savings associated to waterupakace water streams
have null exergy flow rates atd,Pp) with RER#2. This wrongly suggests that water is not a
valuable resource under exergy viewpoint. Actually, water consumption is a concern that
must be taken into account. Such outcome emphasizésploetance of comparing different

RER approaches for exergy analysis.

Finally, with whichever RER#1 or RER#2, novel-$SA and SSTSA-HI PPUs exhibited
higher exergy efficiencies than conventional FULEA. The underlying fact is that SS
performs the liorshare of the purification load removir8.65% H,O with low exergy
destruction due to high8.59% pressureecovery, lowering about 10X the TSA load and
downing °70% of its exergy losses mainly fro®8% less regeneration duty arg% less
regeneration Nin MSTSA (Table 4.3). Moreover, SSSA/SSTSA-HI entail °4% less
water makeup and such benefits only cause minor increase of power consumption. With air
pre-purification exergy losses downed in -$SA and SSTSA-HI, further PPU

improvements should focusnMAC and aircooling steps.

4.5. Conclusions for Chapter 4

Two novel PPU concepts prescribing SS coupled to finishing TSA for supplying purified air
to cryogenic fractionatiory SSTSA and SSTSA-HI ¢ were compared to conventional

FULL-TSA via power/heat consumptions and exergy analyses consideringrésaure
Cold-Box feed 8.1 bal).
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SS produces great water remov8B.65% from raw air with98.59% pressurerecovery,
entailing low exergy destructiorate, lowering 10X the TSA load arabating °70% of the
exergy loss of TSAystem. Insertion of SS significantly reduces utilities consumption,
particularly LPS demand and regenerationfldw rate. These points ballast SSA/SS

TSA-HI superiority from pwer consumption and exergy preservation points of view.

A discussion on exergy flow rate sensitivity to RER is provided, and for this purpose two
RER approaches are chosen to evaluate exergy flow rates acrossTBALISSTSA and
SSTSA-HI overall systemsand their sulsystems: (i) RER#1 as atmospheric air at same
conditions of PPU air intakdRH=60%, R=1 atm, 1r=25°C); and (ii) RER#2 as saturatair
(RH=100% Py=1 atm, T;=25°C) coexisting with infinite body of pure liquid water.

On the one hand, RER#1 overestimates CW exergy flow rates entailing large CW exergy
transit crossing the boundaries of PPU -systems, thus raising exergy efficiencies and
hiding equipment irreversibilities. On the other hand, such aspect is not arfosswerall

system analysis owing to internalized CW streams.

RER#2 drastically deflates the exergy flow rate of CW streams inside the processes, showing
itself as more adequate for exergy analysis of PPUsgatems and unveiling process
irreversibilities. However, RER#2 does not allow recognizing exergy flows associated to
water makeup external streams. Thus, RER#1 is the best choice for overall system analysis.
Hereupon, overall exergy efficiencies of FUIISA, SSTSA, and SSTSA-HI with RER#1
attaineds7.9% 60.0% and60.3% respectively.

Exergy Sankey diagrams evidencing exergy flow rates crossing the boundaries of each sub
system of SSSA-HI (and analogously for SESA/FULL-TSA in Appendicesw2/W23)
clearly demonstrates the above RER#1/RER#2 pettida

The lesson is that exergy assessments must consider RER choices with care, hence analyzing
process performance from different perspectives, avoiding misinterpretations, allowing fair
evaluation of thermodynamic performances and keeping appliyaoilreal concerns about

resources depletion and environmental impacts.

Last but not least, all exergy destruction rates were couhtaked with lost work rates
determined from entropy creation rates. Good agreement is demonstrated with discrepancies
below 0.25%ensuring consistency of the present exergy analysis. In this regard, compression
and aircooling subsystems are unveiled as major exergy destructors in all PPUs, with SS

TSA-HI being slightly better exergy preserver due to lower temperatueratifes in MAC
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intercooler, since WW outlet temperature has to be sufficiently high for successful TSA
regeneration, despite partial offset of such benef@d(B6 CW/WW availability exceeded N
heater demand, forcing ti€°C CW excess to be redirecteddoolingtower increasing CW

System exergy destruction.
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5. Carbon Capture and Supercritical Fluid Processing with Supersonic
Separator : Cleaner Offshore Processing of Natural Gas with Ultra -High
CQ Content

This chapter is based othe followingpublications in Journabf Natural Gas Science and
Engineering and Journal of Cleaner Production

ARINELLI, L. O.; DE MEDEIROS, J. L;DE MELO, D. C.; TEIXEIRA, A. M,;
BRIGAGAO, G. V.; PASSARELLI, F.; GRAVA, W. M.; ARAUJO, O. Q. F. Carbon
capture and higleapacity supercritical fluid processing with swgmeric separator: natural gas
with ultrachigh CQ content. Journal of Natural G&tience and Engineering, 6865283,
2019.

DE MELO, D. C.; ARINELLI, L. O.; DE MEDEIROS, J.L.; TEIXEIRA, A. M,;
BRIGAGAO, G. V.; PASSARELLI, F.; GRAVA, W. M.; ARAUJO, O. QF. Supersonic
separator for cleaner offshore processing of supercritical fluid with-hitjfacarbon dioxide
content: economic and environmental evaluation. Journal of Cleaner Production, 234, 1385
1398, 2019.

Abbreviations

C3+ Propane and Heavie€ED Cryogenic Distillation;CPA-EOS CubiePlusAssociation
EOS; CW CoolingwWater; ED ElectrieDriver; EOR Enhanced Oil Recovery; EOS Equation
of-State; GT Gadurbine; HCDPA Hydrocarbon DeWoint Adjustment; HPS HigRressure
Separator; HW HeWater; JT Jole-Thompson; LLS LiquidLiquid Separator; LTX Low
Temperature Condensate Catcher; Bthv/d Millions of Standard m per day; MP
MembranePermeationMS MolecularSieves;NG Natural GasNR Na Recyclng; PHW
PressurizedHot-Water; PREOS PengRobinson EOS;RC Recycing Condensate SS
Supersonic Separator; SW Seawater; TF Theffhatl; TX TurboExpander; USD US
Dollar; UOE Unit Operation Extension; VLE Vapbrquid Equilibrium; WDPA Water Dew
Point Adjustment; WHRWVasteHeat Recovery UnitfVW Warm-Water.
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Nomenclature

A(X) : SS flow section area El)rdependent of x

c(T,P,Z) :Sound speed of multiphase fluid at (TZP(m/s)

D), Dr, Do :Inlet, throat and outlet SS diameters (m)

GOR : GasOil Ratio (sni/nT)

L, Lc, Lp : Total, converging andiverging SS lengths (m)

LMAVAL | Shock - ) aval nozzle length and SS axial position at normal shotREEL “YAY (m)
Ma=v/c : Mach Number

MaShock : Ma just before normal shock and condensate withdrawal

nc : Number of components

P : Absolutepressure (bar)

REC%CQ : SS AUCO,recovery

T : Absolute temperature (K)

X : SS axial position ()n

Z : Vector (nc x 1) of total species mol fractions in multiphase fluid

Economy Terms

AP, GAP, REV: Annual profit, gross profiand revenues (USD/y)

CUT,COM  : Annual utility and manufacturing costs (USD/y)

FCI, ITR, NPV: Fixed capital investmer{tJSD), income tax rate (%),net present value (USD)
Greek Terms

u, b : SS converging and diverging angles (deg) with linear diameter profiles
b : Mole vapor faction
H %%, i°MP%: SS expansion and compression adiabatic efficiencies (%)
| : Multiphase fluid density (kgfn
aw G - . : :

Xp ! g’%%q : Derivative ofr with P at const. TZ for multiphase fluid (kg/Pa.th

‘TZ
Subscripts
AS, BS - Just after shock and just before shock after condensate withdrawal
G D, 1Oy T : Converging, diverging, inlet, outlet, throat
LV W : Liquid hydrocarbon, vapor and liquid water at'°™
Superscripts
in, out ,LAVAL

. Inlet, outlet, and Laval nokz

. Diffuser

Discharge, Feed - 55 discharge, SS feed

Shock : Just before normal shock and before condensate withdrawal
Throat V. LS - Throat, vapor, liquid, solid

Diffuser, Diff

Supplementary Materials

Supplementary Materials for this chapter are found in Appendices X1, X2ndX4.
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5.1. Introduction

For strategic and environmental reasons, the energy matrix of a country should be diversified
and clean as much as possible (Campos et al.,, 20hé)world claims for less carbon
emissions but also demands more energy sugiplgrevealing ecurrentdual challenge. Tik

issue is addressed by gradual transition in world energy matrix, foreseeing a future with
renewables playing central role in the place of fossil resources. Nevertheéssl gas

(NG) utilization is predicted to increase in the next few decades, aa$irgg bridge source

into a renewable energy futur&urthermore NG should be the ideal complement to
renewable energy supplypresenting °50% of CO, generation per electric kWh
comparatively to coabased plantsoffering costeffective backup to typical variability of

solar, wind and hydrpower stations

5.1.1.0ffshore Processing ofcO,-Rich Natural Gas

Significant fraction ofL0% of world proven reserves of NG present high,@0Ontent above
15%mol CO, (Burgers et al., 2011). In some cases, the NG is featured byiahr&Q,
content in the range @0-80%molCO,. SE-Brazil, SEAsia and NW-Australia contain the
largest offshore reserves @O,-rich NG. The giantPreSalt oil-gas basinof SE-Brazil 1
illustrated in Fig. 5.1 comprisegeservoirscontainingup to12.6 billion bblof oil and400
billion Snt of gas (BP, 2018). Huge amount of £@h NG to be processed is tied to oil
production in Presalt fields, exhibiting high ga®-oil ratios °400-600 Srﬁ’gag{m%n and high
CO, contentq20-80%mo) (Gaffney,Cline& Associates2010).

CO,-rich raw NG processingn such fieldsinvolves the following sequence of operations
(Aradjo et al., 2017): (i) water depoint adjustment (WDPA); (ii) hydrocarbarew-point
adjustment (HCDPA); and (iii) CQemoval This latter is naturally the most impactful step,

gaining particular importance when dealing with ulich (>60%mol) CQ feeds.

5.1.1.1. Conventional Technologies for CCRemoval

The most commonlgonceived alternatives for GOemoval from raw NG are Chemieal
Absorption, PhysicaRbsorption, Membran®ermeation and Cryogenridistillation. CO,
removal from raw NG with Chemic@bsorption involvesan absorption column fed with
aqueous alkanolaminesich a lowpressure regeneration column producing practically pure
CO,. ChemicalAbsorptionis applicableto most CQ capture services performing well for a

wide range of C@fugacity ¢ and possessegreat advantage of high GICH, selectivity.
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However, high-capacity Chemicafbsorption faces issues of high circulation of solvent
(10-18 kg®"*"Tkg"®3), high heat duty for regenerati¢2-4 MJ/kg°? and production of low
pressureCO, entailing high compression ratio for EORhysicalAbsorptioneliminatesthe
heat dutyfor solvent regeneratigrbeing featured by higkpressure absorption followed by
regeneration throughquid depressurization. PhysieAbsorptionhas good performance at
high CQ fugacity allowing better captureatio (1-10 kg®"*"fkg®®?), butstill implies in low
pressure C@ being produced and heaweight processingplant with the further
disadvantagef poor CQ/CHj, selectivityentailing high CH losses.
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Fig. 5.1. PreSalt basin in SBrazil coast édapted from ANR2017).

MembranePermeation(MP) is based ondistinct molecules permeances and fugacity
differences across skitensewalls (e.g. through celluloseacetatemembranesarrangedin
hollow-fiber or spiralwoundmodule configuratioa MP mainadvantages amaodularity and
relativdy low footprint. Disadvantages are inverse relationshigiween selectivity and
capacity,with high CH, losses for high %C@®feeds, andow-pressure C@obtained as
permeateentailing high compressigpower demandor EOR (Araujo etal., 2017)
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In relation to CQ removal alternativesiratjo et al. (2017fomparedseveral technologies

for offshore processingf 6 MMSm3/dof CO,-rich raw NG 0%/30%/50%moICO,) i
ChemicalAbsorption, Physicahbsorption, MembanePermeation and hybridsi and
elected as best process alternative a hybrid configuration consisting of one stage of MP
followed by finishing purification by ChemicalAbsorption treatment assuminglarge
availability of pressurizethotwater (PHW) for solvent regenetmn from WasteHeat
Recovery Units (WHRUDf gasturbines(GT).

CryogenicDistillation (CD) usesvaporliquid equilibrium (VLE) to perform C@removal by
condensatiorat high pressurs, with advantageof producingliquid CO, ready for EOR
pumping.In this senseLangé et al. (2015)ointedsuperioity of CryogenieDistillation over
ChemicaiAbsorption for treating NG witlicO, contentsabovel0%mol(as liquid CQ s less
powerdemandhg for EOR than lowpressuregaseousCQO,). However,CD faces issues of
complex cryogenic operationvalving severalfractionationcolumns entailing heavyweight
process configurations with prohibitively large footprints for installation in offshigse

5.1.1.2. ConventionaProcessing for TotalReinjection

Besideghe challenge of C&removal, @ remote offshore oigas field may operatavithout
pipeline supporfor years difficulties get even worsavith impossibility to export theas.
With reinjection being the only alternativihe following steps argenerally conceivedor
CO,-rich raw NGprocessing: (i) dehydration teliminate chances diydrate formatiorin
gasprocessing and transpatior (i) HCDPA and CQ removalfrom a portion of Dry-Gas
to produceFuetGas (FG)that supply rig power demandsand (iii) compression/pumpingf
Dry-Gasenriched with C@rich fluid from FG productiorfor dispatchto EOR

For this scenario, rpcesses withreducedfootprints and complexityare firstly takeninto
consideation, implying in the election of MembrarRermeation for theservice ofCO,
removal For WDPA and HCDPAyeliability of mature technologiesnplies the choice of
following classical solutionsmolecularsieves (MS) adsorption antbuleThompson (JT)
expansionThis set ofconventionabperationsapplied to offshore processing©O,-rich NG

is henceforthamedasMS-JT-MP. As conventional technologies preseltawbacksat such
severe conditionslevelopment ohew processsolutionswith reduced equipment size/weight
is neededfor improved profitability and reducedcarbon emission®f oil-gas upstream

activities in this scenario
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5.1.2. Supersonic Separatos for Natural Gas Processing

A relatively recent operatidior raw NG conditionings the removal of condensable fractions
using supersonic separator (S@Ylachado et al., 20)2These operations are featured by a
convergingdiverging nozzleg the soecalled Laval nozzleg that provides expansion of raw
NG feeds aceleratingthe fluid to supersoniwelocities which producesleepT falls leading

to partial condensationBeing most commonly conceived for simultaneous adjustment of
water and hydrocarbon depoints(WDPA+HCDPA), the SScondensatef such application

is mainly constituted bywater, propane and heavier hydrocarbons (C3+), which are
segreggatedrom gasphaseby centrifugal force imposed bya spiralling flow pattern
(Schinkelshoek and Epsom, 2008)g. 5.3 is the sketchof a SSwith rectinear geometry
showing swirling and collecting vanes, the former being a stationary device at the inlet nozzle
impelling the feed to rotational motion, and the latter being openings at thgnephssented

as arrows) availetb withdraw centrifuged SS condensate.

Normal
Shock D,
Front

Supersonic
T Section

v

Condensate

Swirling
° Withdrawal

Vanes

Fig. 5.3. SS sketch with linear diameter profiles.

SS correct modeling depends on precise estimation of sound speaed Mach Number
(Ma) is calculated throughout the SS length (Arinelli et al., 2017). The sound speisda(

thermodynamic property of material, being highly influenced by density) @nd isothermal

compressibility (x, 1 ‘géﬂg ), which are allpropertieshighly sensitive to phase equilibria.
CH =rz

This is exactly the case ahy SS applicatignespecially when dealing with raw NG t=e
which are generally characterizey mmultiphase flow behavioBoth mentioned properties
or Xp have inverse influence over the higher the density or isothermal compressibility, the

lower the sound speed (de Medeiros et al., 2H&Nce c falls when condensation starts.

To evaluatethe performance o8S units inAspen HYSYS, Arinelli et al.(2017) and de
Medeiros et al(2017)created a couple afnit Operation Extensions (UOE): (i) PHTOE, a
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rigorousmodel to estimat@haseequilibrium sound speedde Medeiros et al., 201;7and
(i) SSUOE, arigorous thermodynamic mod&r SSdesign and simulatio(Arinelli et al.,
2017) Arinelli et al. (2017) appliedtheir models SSJOE and PEGJOE to evaluateSS
performance atWDPA+HCDPA and C@ removalin comparison with conventional NG
technologies for processing4%mol CO, raw NG glycol-absorption for dehydration
HCDPA via JT-Expansion; andCO, removal throughMembranePermeation.To evaluate
MembranePermeation performance, another HYSYS deb was developed using
permeances estimatdobm field data: MPUOE. For WDPA+HCDPASSwas evihced as
the bestalternative attaininglearer NG with reducedFueltGas demandFor CO, removal,
higher separation was attain@th conventional 0istageMembranePermeation 15%mol
CO, against21.85%moCO, with SSunit, limited by freezeout avoidanceOntheotherhand,
SS require@0%less EOR power asprodue@shigh-pressure C@rich condensate

BeyondNG WDPA+HCDPAandCO, removalapplicationspther uses for Si&volving high

pressure feeds have been proposed. In this sense, using process simulation in Aspen HYSYS
with extension modelsSSUOE and PEGJOE via thermodynamic modelCPA-EOS,
Teixeira et al(2018) proposed an innovative concept casipg SS utilization to recover
thermodynamic hydrate inhibitors from higihessure raw NG contacted with methanol,

ethanol or ethylenglycol in flowlines, demonstrating striking results.

5.1.3. Present Work

Following the successful applications of Arinelli et @017), de Medeiros et al. (2017) and
Teixeira et al.(2018) SSUOE and PEGJOE are presentlyapplied to an innovative
alternative using only SS operatiofts offshore processingf CO,-rich NG. For the best
compactness of gas processing plastdesirable to eemotefloating-hub processing huge
gasflow rates, design shouldiscardcumbersomeperations entailingargefootprints, costs
and makeup issueslike glycol and moleculasievedehydrationsas well aghe majorityof
conventionalCO, capturesolutions In this sensea newprocessalternativeis here proposed
conceivingtwo SS unitsto performthe services oMWWDPA+HCDPA and CQ@ removal
Similar conditionsof raw NG treatment with high CQ content observing C{Ofreezeout
risks¢ werenever considerebefore

The presentchapterembraceghe contentf two publishedscientific articles (Appendices
M/N) giving emphasion comparisorof process alternatives. Dempliscussion on SS units

performancess presented in the reference articlesjuding thermodynamic diagrams of SS

axial profiles which alsoconfiguresmajororiginality aspecs of thereferred publications
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5.2. Methods

Technicaland economic performances @plausiblelarge-capacityoil-gasfloating-hub are
analyzed through the prism of using SS in gas processing whenever pobsibl€ase
Studies are addressed for comparison of proposed alternatives for this sddragashub
is centrally positioned on a remote -gihs offshore fieldeceivingF90 MMSm?3/dof high-
pressure multiphase fluid from riseasd exportingfF50 MMSm3/dof high-pressure EOR
Fluid with ¢ 270 ppmH-0 for distributedinjection throughout the fieldThe hub processes
£1.0*10° bbl/d of oil andF50 MMST#/d of raw NG with °68%molCO.

Case Study 1 addressscomparison ofNG processing througBSbased alternative versus
conventional wayThe SShased alternativis namedas SSSS prescribinga ' SS unitfor
WDPA+HCDPA anda 2 SS unit forCO, removalproducingFuetGas. The conventional
way is named asMS-JT-MP, prescribing adsorption in MolecularSieves (MS) for
dehydration JT-Expansion for HCDPA and MembraiiRermeation for C@capture

Case Study 2 starts with the SSS alternativerenamed asBaseCase [RC+JT+SS]
addresmg the followingthree structural decisiorfmaintainingSSusefor WDPA+HCDPA)
(i) should the condensate of' 8S unit berecyclal to HPS(RC option) or no(NR option)
(ii) should the HPSGas beexparledto the working pressure of thE' SS unitin a Joule
Thomsonvalve (JT option) orin a Turbo-exparder for power generation(TX option)?
(iii) should CO, removal be performed by 2™ SS unit (SS option) oby Membrane
Permeation (MP optio®) Among all possiblecombinationsthe following alternativesre
selected for comparisorBaseCase [RC+JT+SS], TXariant [RC+TX+SS], NR-variant
[NR+JT+SS] andMP-variantRC+JT+MP].
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5.2.1. Modeling of Supersonic Separatrs

Thiswork appliesSSUOE asrigorousthermodynamic moddbr SSdesign and simulation,
and PEGUOE for rigorousestimatiorof multiphasesound speeth HYSYS 8.8

5.2.2. Process Simulation Assumptions

Table 51 summarizesdopted premisdsr CO,-rich NG processing.

5.2.3.Heat Inputs, Thermal Utilities, Heat Sinks

In WHRU, two hot utilities are heated mxhaust gasrom gasturbinesat T°600°C: PHW
(T7"Y/ [110°C,210C], PP""=22 bar) and TF T'"/ [220°C,380C], P'"=4 bar). TF is only
used in TXvariant [RC+TX+SS] tcheatHPS Gasup to T=350°C. WHRUSs of gagurbines
assume recovery capacity 0f75 MWhealMWyower (Teixeira et al., 2016)To provide heat
integration water loopsare createds hot utilities at different recoveringheatwhen coaing
fluids down to T=45°C: CW (T°V/[35°C,45C]), Ww (T"/[35°C,80°C]), and HW
(T"/ [35°C,110C]). Seawater (SW) af=25°C returning atT=35°C is availed to dissipate
residual heat of CW, WW and HWegenerating them as cold utilitiesTat35°C.

5.2.4. RefrigerationCycle

In cases adoptin§S unit for CQ capture a refrigeratiorcycleis includedto providepartial
condensatiof Dry-Gasat T=-20°C to redue the CO, contentof SS feedrom 269%molto
245%mol The refrigeratiorcycle usegpure CO, as working fluid which boils at T=-25°C
with 5°C of thermal approac(irable 5.1, assumption {F6}J.he condenser isstalledwithin
thetop portion ofLTX, being chilledby cold condensatéeavingthe £'SS unitat T=-17°C,
which allows heat rejection @=0°C.

5.2.5. Proces&conomic Evaluation

Economic analysis evaluates the Net Present Vall/(USD of alternativedy usingthe
methods ofTurton et al. (2009)Formulas and assumptiorsse detailed in Appendix X1
Revenues REV,USD/Y) have contribution from EO#RIuid, incremental oil production
comparatively to the alternative with the lowest productidd USD/bb), and FuelGas
availed to power generation. EOR vyield is assumed bH/t“°? resulting in EOR-Fluid
valued at45 USD/t Considering tha®.6-2.6 bbl/f°?was reported for injection of pure GO
in TexasUS mature fielddMcCoy, 2008) the assumed yield is conservative given the oil
field is young and higher yield should bletained with tis EOR-Fluid (°71%molCQ).
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Table 51. Process simulation assumptions: offshore processing of NG with high9%CO

Code Topic or Unit Description
{F1}  Simulation HYSYS 8.8 withnit models:
MembranePermeation: MPUOE (Arinelli et al., 2017)
Supersonic Separator: SBOE (Arinelli et al., 2017)
Multiphase Sound Speed: PRIOE (de Medeiros et al., 2017)
{F2}  Thermodynamic model PREOS
{F3}  Thermal approach DT"PPoaco100C (exception {F6}).
{F4}  Thermal utility loops for CW: CoolingWater, P=4 bar, T [35°C,45C];
heating/coolingunder WW: WarmWater, P=4 bar, T [35°C,80C];
heat recovery with HW: HotWater, P=4 bar, 7 [35°C,110C];
specific T ranges PHW: Pressurizeddot-Water, P=22 bar, T[110°C,210C];
TF: ThermaiFluid, P=4 bar, T/ [220°C,380C].
{F5}  Heat source WHRUSs fed with exhausts from electric turboshafts anduhies
drivers, producing PHW (2£Q) or TF (380C), assuming 75MWieat
per 100MWpower(Teixeira et al., 2016)
{F6} Refrigerationcycle for Working fluid: Pure CQ;
SS CQ removal -I—Evaporator: _2500; TCOndenSQEooc; D-I—Approach:SoC'
{F7} EORFluid P=450 bar
{F8} 1SS unit 12 SShozzlesL. TX forL+W condensate,
WDPA+HCDPA Linear diameter profile (Fig. 5.3)
D,=100mm, =80mm,
U=12.67, b=2.66",
&%= §""%6=100%,
P"=80.5 bar, T'& 4°6,
Ma®"°%c1.52.
{F9}  2"SS unit Single S$0zzle, o LTX,
CO, removal Linear diameter profile (Fig. 5.3)
D,;=120mm, =90mm,
U=15°, h=2.5",
7%= §""%=100%,
P"=84 bar, T"4-22°C,
Ma>"®1.59.
{F10} MembranePermeation = Countercurrent spiratwound singlestage,
COZ removal TFeedZGZOC, PDermeatES bar, @Retentatgl bar,
{F11} Oil-gaswater process F=156250 kmol/hP=120 bar, T=16°C;
feed %mol: H,0=40.7%, CQ=39.7%, N=0.154%, CH=14.6%,
C,He=1.36%, C3Hg=0.747%, iGH1¢=0.130%, GH;,=0.291%,
iCsH1,=0.094%, GH1,=0.142%, GH1,=0.148%, GH15=0.208%,
CBH18:O.231%, C;H2020184%, QOH22:0148%, Q1H24:0.125%,
C1oH26=0.107%, G3H26=0.113%, G4H30=0.101%, GsH3,=0.077%,
C16H34=0.053%, G/H3s=0.047%, GgH35=0.047%, GgH40=0.042%,
C20+=0.433% (hypothetical 409 kg/kmol, 905 kg/m2@%5).
{F12} Compressors and TX h=75%
adiabatic efficiency
{F13} Intercoolers using ToutlerGas-450¢  pSAsQ 5har,
CW/WW/HW TInIet—CW:TInIet—WV\&TInIet-HW=350CI
{F14} Electric-Driver (ED) Powef°/[0,13MW].
{F15} GasTurbine Driver(GT) Powef'/ [13MW,28MW]
{F16} MolecularSieve(MS) RawFluid: 56.16MMSm3/d, P=120 bar, T=308;2363 ppmHO;
Adsorption AdsorptionTime=20h; Remov&f°=0.13MMSni/d;
Vessels=12 (1@dsorbing, 2 regenerating); D=4.1 m; L=11.2 m;
MSI nventory=99.9 tons/ vessel (
P=119.9 bar; T=32C; 1ppmH0;
{F17} MolecularSeve(MS) TotalRegeneratiosTime=5h; HeatingTime=3h;Electric heater.
Regeneration P=119.9 bar; T=260C; REGGas(Dry-Fluid)=5.42MMSm?3/d;
{F18} JTHCDPA Feed: DryFluid, P=119.9 bar, T=32C;

DP=64.9 bar; P'®5%%55 bar; T2 29C.
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5.3. Case Study 1 Conventional NG Processing vs. SSSS Alternative

This case study evaluates conventional NG processing against proposed altern&fve SS
Flowsheets of alternatives MH-MP and SSSS are depicted in Figs. 5.4 and 5.5.

5.31. Process Description

The first part ofconventional proces8IS-JT-MP (Fig. 5.4) coincides withthe respective of
proposed alternativeSSS (Fig.5.5). Process lgernatives initiate with mltiphasefeedfrom
risersbeing sent tohigh-pressure separator (HPS) for primary-galswater split(120 bal.
HPSQil is heated tar=90°C and thenexpandedo P=20 bar creating a vapor phase, which
is removed irnthe mediurressure separator (MP&)d sento compressn in the Vapor
Recovery Unit (VRU).The liquid atP=20 bar (MPS-QIl) is then further expanded to
P=1.8 bar, creatingmore vaporto beremoved inthe lowpressure separator (LP&)dthen
sent toVRU. Theliquid at P=1.8 bar (LPS-Qil) is finally cooled againstHPSQOil heating,
thusbecoming stabilized oiAfter recompression in VRUW,PS-Gasand MPSGas argoined
to HPSGas. The VRU has multiple compressi®stage with intercoolers and knoe&ut

drums producing twephasgwaterhydrocarbons) condensates that@umped back to HPS.

5.3.1.1. Conventional ProcesdMS-JT-MP

Here , HPS-Gasprocessingmbracegi) WDPA via MolecularSieveadsorption(ii ) production
of FuelGas 220%molCO, from Dry-Fluid by JouleThompson HCDPA followed by MP for
CO, removal; and (i) EOR-Fluid (Dry-Gas enriched with C£ compression/pumping.

VRU-Gas ¢.15 MMSm3/jllis joined toHPSGas(@a 5 0 M M)SanP=120 bar creatingthe
feed stream oMS adsorption unifor fluid dehydration(Fig. 54), which comprise4?2 large
high-pressure vessel$he MS unit produceBry-Fluid with only 1 ppmHBO. Furtherdesign
conditions forMS adsorption and regeneration are presented in Table 5.1 (assumptions {F16}
and {F17}). A small portionof the Dry-Fluid is extractedor FuetGas productionFrstly it
is sentto JT HCDPA (P°"'=55bar, assumption {F18}, producing condensate be pumped
back to HPSto improveoil production). The leangasis heated tal=62°C and subsequently
treated byMP unit for FuelGas productionLow-pressure C@rich permeateat P=8 bar
from MP is sentto CO, compressior(03 intercooledstage} from where it isdischarge at
P=119.9 barto returnto the DryFluid Headey thus creating théViIC-Gas stream This
stream is processed Main-Compressoto achieveP=240bar andthenits iscooled down to
T=45°C becominga liquid. Finally, it is pumpedo P=450 barfor dispatchasEOR-Fluid.
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5.3.1.2.ProposedAlternative: SSSS
Here,HPS-Gas processing embraces: (i) WDPA+HCDPA thSS unit producing DrGas

and watethydrocarbons condensatevhich requires previous expansion of HBSs);
(i) production of FuelGas ©20%molCO, from Dry-Gas by C@ removalin a 2% SS unit
and (i) EOR-Fluid compression/pumping. Expansion of HBS8s tofeed 1*' SS unit is
necessary as Siperation has problenvgith 268%mol CQ above85 bardue to highr and

Xp abatingc (de Medeiros et al., 201,7gausing fluidspeed4oo slow for enough cooling.

The T'SS unit is featured bypeveral SS nozzles(Fig. 5.3) operatingin parallel for
WDPA+HCDPA. These nozzles are connected to a single LTX receiving L+W cordensa
which has its bottoms warmed 220°C to avoid hydrate formatior.he recovered twghase
(L+W) condensatés pumped back to HPS, increasing flow rates of S VRU-Gas, and
HPSOQOIl. The HPSGas is heated and expandedPw81 barin a JTvalve, and then it is
mixed with VRUGas creating aff=45°C a twophase (wateHCs) condensate that is
removed in the prflash vessel. This condensate is joined to the condensat® S unit
beingrecycled taheHPS(Fig. 5.5)

A small portion ofDry-Gas from i' SS unit(SSGag is extracted to produce the required
flow rate of FuelGas (FG) to the platformThe 2 SS unit is preceded by a pre
decarbonation step with refrigeratiogcle to cool sucha portion of SSGas toT=-20°C

(P ¢950bar), recoveringCO,-rich liquid. Partial condensation of refrigerated gath CO,-rich
liquid removal aff=-20°C reduces C@contentfrom 469%molto 45.34%mal thus preparing
the gas to subsequent compressiBag4 bai) and cooling T=-22°C) for CO,removal in the
2" SS unit.The 2 SS unit is featured by a single SS nozZ#&y. 5.3)processing a small
fraction of DryGas for CQ removal to produce Fu&as and C@rich condensatéo EOR
Both SS products are availed for feed cooling: F@ak atT=-28.55C and CQ-rich
condensate af=2-61°C. This condensate is partially vaporized: the-glaase (GCO?2) is
recompressed and sent to M&ompressor after joining SSas header (SSGH), and the
liquid (LCOZ2) is directly pumped to EGRump. The C@rich stream recovered at pre
decarbonation is also availed to reduce cooling requirements, being totally vaporized creating
the streanGFLS, whichis recompressed and sent to M@ompressor after joing SSGH.

The MainCompressor feed (stream M&as, °50 MMsni/d, P=53.74 bar °71%mol CQ)
discharges fluid aP=240 barto be cooled down t3=45°C, becoming diquid. Then it is
finally pumped toP=450 bartogether with other liquids (e.g. LCO2) for disgatto EOR.
More detailed description of S&S proces#owsheetis provided in Sections 5.4ahd 5.4.2.
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5.3.2. Results and Discussion

Tables 5.2 and 5.8nveil simulation results for main strearofalternativeMS-JT-MP and

SSSS. All processesharethe same multiphase fedouteach onehas its owrflow rates of

Oil, FuetGas and EOHFluid accordingly totheir power demand and procgssrformance
Sections 5.3.2.1 and 5.3.2.2 individually address technical results of these alternatives, while
comparison oeconomic and environmentaérformances is provided in Section 5.3.2.3.

5.3.2.1.Conventional ProcessvS-JT-MP

MS-JT-MP (Fig. 5.4)producest 1 0 0 , 0 OoDoil (15979 nild) with 34.2API processing
a50 MMSfhP$Ghs The strongesaspect of MS-JT-MP arethe extreme degree of
dehydration achieved bWIS adsorptioni as H,O content is reduced fror@363ppm to

1 ppmmol (Table 5.2)i andthe high MS operaing pressureat P=120 bardispensing the
need to expand HPSGas implying in savings in downstreamcompression deman
However MS dehydrationhas drawback of requiring2 giant highpressure vesselsading
to enormoud=CIl andhigh manufacturingosts(which isdiscussedn Sec. 5.3.2.Bowing to
hugeflow rate of fluidbeing processe(P54.16 MMSHd in the feedTable 5.3.

Table 5.2 reveals th&.00 MMSni/d of Dry-Fluid leaving the MSat T=32°C (MS-Gas
54.03 MMSni{d) is extractedfor JT HCDPA and CO, removal byMP in order to produce
FuelGas (FG) to the platforrdT HCDPA inconveniently requirentensedepressueation’i
from 9120 bar to 955 bar (Table 5.2)7 to provide substantiatemperaturedecrease
(T=-2.29°Q to condens C3+. This condensaté¢?2.03 MMSn¥d, °78%molC0O,) is pumped
back to HPSthough not shown in Fig. 5.43bout 22.97MMSm?3/dof lean gas’69%molCO,
from JT HCDPAfeedsthe MP unit for CO, removalat T=62°C andP=54 bar. The MP unit
(spiratwound Ared"'"=4858 mi) producesl.04 MMSn¥d of FG with 19.92%molCO, in
retentate sidand1.93 MMSn¥d of CO,-rich fluid atP=8 barin permeatd °86%molCO,).
The major disadvantage of MP technology he theed to recompressetpermeatefrom
P=8 barto 120 barto allow its incorporation t®ehydratedGas (DHG 49.02 MMSr¥d) in
Main-Compressor fee(MC-Gas) MS-JT-MP then produce& 5 0 MBISi/d of EOR-Fluid
atP=450 barwith & 7 0 % m o,land& Dp p@flr dispatch to reinjectiofiTable 5.2)
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Table 5.2. Gashub main streams for GQiltra-rich NG processing: MST-MP.
System HPS Ol VRU Molecular-Sieve WDPA JT HCDPA  MembranePermeation Main EOR
Compressor

. Main- HPS HPS- Final VRU MS-  MS- REG- MC- EOR-
Stream Riser Recycle Water Gas -Qil -Gas Feed Gas Water Gas Feed C3+ Feed FG GCO, DHG Gas Fluid
T(°C) 30.0 6.18 29.6 29.6 396 450 30.79 32.0 45.0 32.0 320 -2.29 62.0 41.2 38.2 320 324 78.3
P(bar) 120.0 120.0 120.0 120.0 1.30 120.0 120.0 119.9 1184 1199 1199 55.00 54.00 53.0 8.00 1199 119.9 450.0
MMsnt/d 90.15 2.05 36.63 50.00 1.43 4.15 54.16 54.03 0.13 542 500 203 297 1.04 193 49.02 50.96 50.96
%Vapor 53.20 0.00 0.00 100 0.00 100 100 100 0.00 0.00 100 0.00 100 100 100 100 100 0.00
%CGO, 39.72 78.28 0.13 68.81 0.80 71.12 68.97 69.13 0.21 69.13 69.13 78.33 62.84 1992 8595 69.13 69.77 69.77
%CH, 1459 12.58 0.00 25,22 0.06 19.41 24.77 24.82 0.00 2482 24.82 1258 33.20 69.13 13.85 2482 2441 2441
%C,He 1.36 2.47 0.00 228 0.11 333 236 237 0.00 2.37 237 247 229 6.49 0.04 2.37 2.28 2.28
%CsHg 0.75 1.96 0.00 121 042 252 131 131 0.00 1.31 131 196 0.86 2.46 0.00 1.31 1.26 1.26
%i-C4H1p 0.13 041 0.00 0.21 0.23 0.49 0.23 0.23 0.00 0.23 0.23 041 O0.10 0.30 0.00 0.23 0.22 0.22
%CyH10 0.29 0.95 0.00 044 081 116 050 050 000 050 050 095 019 054 000 050 048 048
%i-CsHy» 0.09 0.32 0.00 0.14 063 035 0.15 015 0.00 0.15 0.15 032 004 011 0.00 015 015 0.15
%CsH, 0.14 0.48 0.00 0.20 119 0.52 0.22 0.22 0.00 0.22 0.22 049 0.05 0.13 0.00 0.22 0.22 0.22
%CeH14 0.15 0.46 0.00 0.19 242 034 020 020 000 020 020 046 002 006 000 020 019 0.19
%CH16 0.21 047 0.00 020 6.34 0.18 020 020 0.00 020 020 047 001 003 000 020 019 0.19
%CgH18 0.23 044 0.00 0.19 830 0.07 018 018 0.00 0.18 0.18 044 000 001 0.00 018 0.18 0.18
%CgH5g 0.18 0.30 0.00 0.13 740 0.01 0.12 0.12 0.00 0.12 0.12 0.30 0.00 0.00 0.00 0.12 0.12 0.12
%C1oH22 0.16 0.22 0.00 010 7.29 0.00 0.09 009 000 0.09 009 022 000 000 000 009 0.08 0.08
%Cy1H24 0.11 0.14 0.00 0.06 486 0.00 0.06 0.06 0.00 0.06 0.06 0.14 0.00 0.00 0.00 0.06 0.06 0.06
%C1oH2e 0.13 0.12 0.00 0.05 662 000 005 005 000 005 005 012 000 0.00 0.00 005 005 0.05
%C;3Hog 0.09 0.08 0.00 0.04 441 0.00 0.03 0.03 000 003 0.03 008 000 000 0.00 003 003 0.03
%Cy4H30 0.12 0.06 0.00 0.03 6.45 0.00 0.02 0.02 o0.00 0.02 0.02 0.06 0.00 0.00 0.00 0.02 0.02 0.02
%C;sH3, 0.07 0.04 0.00 0.02 387 000 0.01 001 000 001 001 0.04 000 000 000 001 001 0.01
%CygH34 0.05 0.02 0.00 0.01 258 0.00 0.01 0.01 o0.00 0.01 0.01 0.02 0.00 0.00 0.00 0.01 0.01 0.01
%C7H36 0.07 0.02 0.00 0.01 407 000 001 001 000 001 001 002 000 000 000 001 001 0.01
%CygH3g 0.04 0.01 0.00 0.00 244 0.00 0.00 0.00 o0.00 0.00 0.00 0.01 0.00 0.00 0.00 0.00 0.00 0.00
%CyoHa0 0.03 0.02 0.00 0.00 163 000 001 001 000 001 001 002 000 000 000 001 001 0.01
%Coo+ 0.43 0.00 0.00 0.00 27.08 0.00 0.00 0.00 0.00 0.00 0.00 0.00 000 000 0.00 000 000 0.00
%N, 0.15 0.08 0.00 027 000 011 026 026 000 026 026 0.08 038 0.80 0.16 0.26 026 0.26
ppm HS 29.65 67.29 0.00 48.18 5.28 91.96 51.52 51.64 0.00 51.64 51.64 67.34 4091 1297 5595 51.64 5181 51.81
ppm HO 676.7 1944 17.77 3802 2363 1.00 1.00 1.00 197 034 0.11 0.46 1.00 0.98 0.98
%H,0 40.70 0.07 99.87 0.194 0.380 0.236 99.78
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Table 5.3. Gashubmainstreams for C@ultra-rich NG processingSSSS/ BaseCasgRC+JT+SS].

. 1°'SS unit 2" SS unit Main

System HPS Ol VRU WDPA+HCDPA CO, Removal Compressor OR

. Main- HPS- HPS Final VRU SS SSs LTX- MC-  EOR-
Stream Riser Recycle Water Gas -Oil -Gas Feed Gas L+W L+W Feed FG GCO2 LCO2  SSGH Gas Fluid
TCC) 300 36.4 325 325 425 450 463 377 -17.0 200 -220 350 450 163 37.7 380 80.2
P(bar) 120.0 120.0 120.0 120.0 1.30 80.50 80.50 53.74 53.74 53.74 84.00 36.08 53.74 240.0 53.74 53.74 4500
MMsnt/d 90.15 8.30 36.76 5224 2.00 7.44 56.68 51.39 529 529 207 1.30 0.63 0.14 4271 49.96 50.09
%Vapor 53.20 0.00 0.00 100 0.00 100 100 100 0.00 0.00 100 100 100 0.00 100 100  0.00
%CO, 39.72 54.39 0.13 67.31 0.64 6851 68.52 69.57 58.39 58.39 45.34 21.85 83.50 92.90 69.57 70.74 70.80
%CH, 14.59 6.91 0.00 2355 0.05 19.12 23.70 25.60 520 520 51.02 74.73 1259 2.62 25.60 24.38 24.32
%CHs 1.36 2.76 0.00 234 0.09 315 243 239 285 285 218 206 252 174 239 240 2.40
%CHs  0.75 4.81 0.00 1.62 046 289 169 1.29 555 555 059 025 104 167 129 132 132
%i-C;Hy, e 0.13  1.97 0.00 041 037 080 041 021 232 232 006 001 010 029 021 022 0.22
%CH,, 0.29 6.04 0.00 1.08 164 225 106 044 7.07 7.07 009 0.01 014 057 044 0.46 0.46
%i-CsHy, 0.09  3.25 0.00 047 188 091 042 0.09 360 360 0.01 0.00 001 009 0.09 009 0.09
%CH,, 0.14 5.09 0.00 072 371 132 060 0.10 547 547 0.01 000 001 0.08 010 0.10 0.10
%CsHy,  0.15  3.67 0.00 053 580 051 032 002 328 328 000 000 0.00 0.01 0.02 0.02 0.02
%CH;g 021 2.41 0.00 0.37 881 0.09 016 0.00 165 165 0.00 0.00 000 0.00 0.00 000 0.00
%CgHs  0.23  2.12 0.00 0.33 10.10 0.02 0.10 0.00 1.03 1.03 000 0.00 0.00 0.00 0.00 0.00 0.00
%CoHy,, 0.18  1.38 0.00 0.22 818 0.00 0.04 0.00 044 044 0.00 0.00 000 0.00 0.00 000 0.00
%CigH,, 0.16  0.97 0.00 0.15 7.35 0.00 0.02 0.00 020 020 0.00 000 000 0.00 0.00 000 0.00
%C;H,s 0.11  0.65 0.00 0.10 490 0.00 0.01 0.00 008 0.08 0.00 000 000 0.00 0.00 000 0.00
%Cy,H,s 0.13  0.53 0.00 0.08 593 0.00 0.00 0.00 004 004 000 0.00 0.00 0.00 0.00 0.00 0.00
%CiH,s  0.09 0.35 0.00 0.06 396 0.00 0.00 0.00 002 0.02 0.00 000 000 0.00 0.00 000 0.00
%CiHs 0.12  0.28 0.00 0.04 521 0.00 0.00 000 001 001 000 000 0.00 0.00 0.00 0.00 0.00
%CisHs, 0.07  0.17 0.00 0.03 3.13 0.00 0.00 0.00 000 0.00 0.00 0.00 000 0.00 0.00 000 0.00
%CiHss 0.05 0.11 0.00 0.02 2.08 0.00 0.00 0.00 000 0.00 0.00 0.00 000 0.00 0.00 000 0.00
%C;Hss 0.07  0.09 0.00 0.01 325 0.00 0.00 0.00 000 0.00 0.00 000 000 0.00 0.00 000 0.00
%CyigHss 0.04  0.05 0.00 0.01 1.95 0.00 0.00 0.00 000 000 000 000 0.00 0.00 0.00 0.00 0.00
%CiHs 0.03  0.12 0.00 0.02 1.30 0.00 0.00 0.00 0.00 0.00 0.00 000 000 0.00 0.00 000 0.00
%Cyo+ 0.43 0.01 0.00 0.00 19.21 0.00 0.00 0.00 000 000 000 0.00 0.00 0.00 0.00 0.00 0.00
%N, 0.15 0.03 0.00 025 0.00 012 0.25 0.27 002 002 071 109 0.07 0.01 027 025 0.25
ppmHS 29.65 81.91 0.00 51.57 4.21 85.63 55.08 51.61 88.83 88.83 28.56 12.57 52.34 70.94 51.61 5257 5252
ppm HO 18396 2584 18.93 2972 2666 95.90 27651 27651 7.93 0.06 6.58 88.66 95.90 98.41 98.39
%H,O 40.70 1.84 99.87 0.297 0.267 2.765 2.765
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5.3.2.2.ProposedAlternative SSSS/ [RC+JT+SS]

SSSS (Fig. 5.5) produces?123000 bbl/dof oil (19,791 n¥d) with 37.9PAPI processing
a52 MMSfRPIGhs The strongest aspect 85SS is the increase of oil production
capacity in the hubdue to great C3+ recovery in L+Wcondensateof 1% SS unit
(@5. 29 NBS itsjsubsequent recyd¢eHPSjointly witha 3. 0 0  Mdi@eifiash d
condensate, forming MaiRecycle fluid withd 5 4 %moJ (Tallle05.3).The ' SS unit
performs NG WDPA+HCDPA reducing i3+ content fron4.83%molto 2.15%moland its
water content fron2666 ppmto 95.90 ppm(a suitabledehydration degree fauchworking
scenari@. A further great advantagef SSSS alternativas that the 2" ss unitprodues
high-pressure C@rich fluids for reinjection GCO2 (100%vapory 0.63 MMSm3/d
83.50%mol CQ and LCO2(0%vapor 0.14 MMSm?3/d92.90%mol CQ) (Table 5.3)

About °8.7MMSn¥d of Dry-Gas leaving the ®1 SS unit (SSGas, 51.39 MMSm3/d
69.57%molL0,) is extractedor CO, removalto produce FueGas 21.8%omol CQ) to the
platform. The condensate of paecarbonation step is totalsaporized against feed cooling
i to minimizerefrigeration demani generating the C&rich stream GFLS46.62 MMSni/d,
T=16.4°C P=41.50 bar & 7 7 %mo). Tabl®53 reveals that?2.07 MMSn¥d of pre
decarbonated gas wittb%mol CQ is sent to ¥ SS unit aff=-22°C andP=84 bar. The 2¢
SS unit produce$.30 MMSm3/cbf FG with 422%mol CQ and0.77 MMSm3/dof CQO,-rich
condensate aP=36.6 bar (@ 8 5 %moJ). This Gatteris partially vaporized against feed
cooling then vapor and liquid phases amabsequentlycompressed/pumped originating
GCO2 and LCO2 streams. SSproducesd 5 0 . 0 9 3dVEDRFluid for dispatchat
P=450 barwith & 7%mol CQ anda98.3%pmH0 (Table 53).

Table 5.4presentsdesign ancbperating conditionsf 1% and 2 SS units The £' SS unit
comprisesl2 parallelSS nozzlegFig. 5.3) with L=22.38cmof length.Sonic flow is achieved
at the SSthroat located atx=Lc=7.52cm with diameterof Dy=6.62cm, while maximum
supersonidVa of designMa®"®<1.52 is attained ak=L5"“c15.96cm, where condensate is
collected.Right after this positiomnd before normal shockla falls to Mags=1.3114dueto
liquid (L+W) withdrawal. After normal shockthe flow becomes subsonic witflans=0.8
and thenthe fluid deceleratesgaining P and T through the diffuser designed with
L°"=6.42cm of length. The fluid enters the nozzlat P=80.5 bar and T=45°C as 100%
vapor, achiewng minimal pressur@nd minimal temperaturef P=Pgs=25.6 barandT=Tgs=
-16.78C at maximum supersonida (Ma>"°*1.52, x=15.96cn), where itis 90.67%vapor
The T'SS unitthen recover®.33%molof feedflow rate as two-phaseL+W condensate
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capturing96.74%o0f H,0, 11.70%o0f C3+and7.95%of CO,. The pressure recovery across
the SS nozzle of this unitis 66.76%(PPS"*9%53 74 ba)).

Table 5.4.1% and 2 SS units of S$S: SS design and performance

Specified 1°'SS unit 2SS unit  Calculated 1°'SS unit 2" SS unit
Iltems WDPA-HCDPA CO, Capture by SSUOE WDPA-HCDPA CO, Capture
No.of SS 12 1 D«(m) 0.0662 0.03573
D,(m) 0.10 0.12 Le(m) 0.0752 0.1573
Do(m) 0.08 0.09 Lp(m) 0.1486 0.6219
a(°) 12.67 15 L(m) 0.2238 0.7792
b(°) 2.66 2.5 LS"%m) 0.1596 0.2560
Ma"o 1.52 1.6 L®"(m) 0.0642 0.5232
AP 100 100 Pgg(bar) 25.60 21.70
H*MPos 100 100 Te°C) -16.78 -61.10
P™*{bar) 80.5 84.0 Mags 1.3114 0.9651*
T{°C) 45 -22 pPscharihar) 53.74 36.58
MMsnt/d 56.7 2.07 Toischarggec) 37.73 -28.55
%molC3™*!  4.83% 0.75% %P Recovery  66.76% 43.55%
ppmHO™* 2666 7.93 %molCondensate9.33% 37.10%
%molCQ™*? 68.52% 45.34% REC%molHO  96.74% 99.50%
REC%moIC3  11.70% 10.1%%
REC%moICQ@  7.95% 69.69%

" After condensate withdrawafTotal condensate (39%mol hydrocarbons+3%nm@H58%molCQ)
* No shock.*Total condensate (15%misydrocarbons+85%molCe)

The 2SS unit comprises a single SS noz#igy. 5.3)with L=77.92cmof length.Sonic flow
is achieved at the SS throat, locatedk=lt-=15.73cmwith diameter ofD;=3.57cm while
maximum supersonidla of designMa®"°®c1.6 is attained atx=L5"®25.60cm where
condensate is collected. Right after this positibla falls to Mags=0.9651 due to liquid
withdrawal.As this Magsis already subsonic, neormal shocloccursin 2"9SS unit and then
the fluid decelerategainingP and T through the diffuser designed wit?=52.32cm The
fluid enters the nozzlat P=84.0 bar and T=-22°C ashighly compressible liquid witl20%
vapor, showing similar compositions in liquid and vapor phasesng to critical point
proximity. As the fluid advances losing and T in SS path, it moves away from critical
neighborhood discriminating liquid and vapor compositithgsallowing CQ separation in
SS The fluid achiexes minimal pressurend minimal temperaturef P=Pgs=21.7 bar and
T=Tes -61.10°C (close to CQ freezeout) at maximum supersonitla (Ma>"°*<1.6,
x=L5"°° 25 60cm), where itis 62.90% vapor. The 2" SS unit then recover37.10%mol of
feed flow rate asinglephasecondensateapturing69.69%of CO, and10.14%o0f C3+ The
CO, removal is limited t®21.85%mol C@in FG to avoid freezeut issue§.e.Ma>"should
not beincreased) By last, he pressure recovery across the &$zle isonly 43.55%
(PPseh9-36 58 baj) owing tohugecondenatewithdrawal(37.10%mobf feed (Table 5.4)
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5.32.3. Alternatives Comparison

Fig. 56 compaes alternatives performances concernioify production, water content in
EOR-Fluid, power demand, Cmissionscapital investmen{FCI) and CH, loss in CQ
removal NPV behavior of alternatives throughout the horizon years is unveil&igi%.7.
Economic results and keyream®f MS-JT-MP andSSSS are respectively shown Trables
5.5and5.6. Table 5.5 unveilSSSS attainingNPV of +8211.7 MMUSDafter 20 operational
years,with capital investment d25 MMUSD while MSJT-MP achieves’25%lower NPV
with 210%higherFCI. Economic superiority of SSS isclearly revealedn Figs.5.6 and5.7.

Table 5.5. Summary of economic results.

Process FCI COM REV CUT GAP NPV

(MMUSD) (MMUSD/y) (MMUSD/y) (MMUSD/y) (MMUSD/Y) (MMUSD)
SSSS 936.6 280.3 2363.0 90.3 2083.0 +8211.7
MS-JT-MP  1045.0 292.0 1889.6 83.5 1597.6 +6096.8

Table 5.6 presents flow rates of key stream8IMSm?3/dunit, unveiling higher consumption
of FuelGas in SSSS alternative, implying in high&OR-Fluid flow rateat MS-JT-MP. This
is an outcome of SSS higher power demand (Fig6&) i 167.2 MWagainst105 MW of
MS-JT-MP i which also leads to slightly higher G@missions (Fig. $d). Breakdown of
power demands in Fig. & reveals substantially higher consumption EOR-Fluid
compressiorat SSSS which occurs due tdepressurization diiPSGasbefore enterig the
1°' SS unit, entailing one more compression stage to proces&&xywhile MS is able to
work atthesame pressure of HRSas, keeping it as a supercritical fluidPat120 bar.

Table 5.6.Flow rates inMMSni/d of key streams in SSS and MSJT-MP.

MMSm®d SSSS MS-JT-MP
Riser 90.15 90.15
EORFluid 50.09" 50.96"
FuelGas 1.302 1.04?
Main Recycle 8.31 2.05
WaterC3+ Condensate 5.29 2.03
HPSGas 52.24 50.01
Captured CQ 0.65611 1.661921
Captured CH 0.078585 0.267744
CO, Emissions 1.31989 1.1945
Oil 2.0 1.43

*170.8%mol CQ. 7169.8%mol CQ. *2(%mol) 21.85%CQ, 74.73%CL1, 2.06%C2, 0.25%C3, 0.02%CA4.
#2(96mol) 19.92%CQ 69.13%C1, 6.49%C2, 2.46%C3, 0.84%C4, 0.24%C5, 0.06%C6, 0.03%C?7.
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Emissions of S&S and MSIT-MP are in differentproportions to respective power
consumptions owing to different Fu€las compositions, as revealed in footnotes of Table
5.6. SSSS FuelGas has much less heavy hydrocarbons thanks to condensation of heavy
components in the"2SS unit, enriching the Fu@as in CH and CQ, while the opposite
occurs inMembranePermeation at MST-MP alternative, since practically only Gtand

CO, permeate, enriching the Fu@bs (retentate) in heavier hydrocarbons. In connection with
this, Fig 56f reveals MSJT-MP with higher CH capture to EOFFluid, an outcome of poor
CO,/CHj, selectivity of MP unit

Fig. 56a evinces significantly greater oil production ofSS alternative, positively affecting
gross annual profitsGAP) due to increasecevenues REV), which mainly explains higher
profitability of SSSS(Table 5.5) This is a consequence of recycling to H8gh flow rate
(5.29 MMSn¥d, Table 5.6 of moderately carbonated+W condensate from®1SS unit
(58.4%molCO,, Table 5.3, comparatively to modest flow ratg.03 MMSn¥d, Table 5.6) of
highly-carbonated liquid obtained in HCDPA of MS-JT-MP (78.3%molCQO,, Table 5.2)
In addition to the effect of enlarged flewf processed NGQynveiledin Table 5.6, arecyclal
condensatesontain C3+ species, theysoincreaseoil productionof respective alternatives
These aspectvincesl® SSunit of SSSS withhigherC3+recoverythan JTat MS-JT-MP.

While SSSS higher profitability is closely related to its incremental ppibduction (Fig.
5.6a), SSSS lower capital investment is mainly connected with water contents inFHGIR

In this regardFig. 56b unveilsstrict water content afppmH0O in EOR-Fluid of MS-JT-MP
due tomuch higher dehydration capacity &S adsorptioncompared to SSHowever, &
2100ppmHO in EOR-Fluid of SSSS is also perfectly acceptable faant operation one
may guessvhethersuch excssivewater removatloesappearsomewheres an unnecessary
economic chargaegatively affectingS-JT-MP performanceln fact, tis chargeis foundin
MS unit FCI, shown in Fig.5.6e, owing to the needor instdling 12 large MS vessels
(D=4.1m, L=11.24n which indeedconstituesthe major share of M3T-MP total FCI.

Confirming the above discussionsuggestingSSSS as the best proceafternative from
economicperspective Fig. 57 projectsNPV of alternativesclearly revealingSSSS with

higher caslilow on all yearsof analysis
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From the environmental perspective, FiggdportraysSS SS alternativémplying little more
CO, emissionghanMS-JT-MP (Table 5.6) reflectingthe higherpower consumptionf SS
SS (Fig. 56¢c), as the 1°' SS unit requiresinlet pressurebelow 80.5 bar forcing
depressurization of HRGasto avoid compressibility shortcomingslowever sinceSSSS
and MSJT-SSalternatives have differentoil outputs,the SSSS alternativeactuallypresents
lower carbon footprintper barrel of oil,owing to its substantially greater oil production.
Moreover, providedthe SSSS procespresents very prominent economic advantage over
MS-JT-SS, SSSS also becomethe best alternative oenvironmentalperspective ifthis
advantages availedto afford treatment of gaturbine exhausfjases bypostcombustion
CO, capturefor drasticCO, abatementTherefore,despite presenting slightly high@O,
emissionsSSSSsolutioncan be regarded askeanerprocesslternative
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5.4. Case Study 2 SSSS Alternative Consolidation

5.4.1. GasHub Processing Alternatives

Complete process flodiagrams of considered alternativfes this case study ([RC+JT+SS],
[RC+TX+SS], [NR+JT+SS], [RC+JT+MPRre presented in FigS.8a, 5.8b, 5.9a and5.9c.
These pocesses arkeredivided in05 sections: (i) OlGasWater Separatio@Plant A) (ii)
HPSGasExpansion(Plant B or C) (iii) SS unit forWDPA+HCDPA (Plant D) (iv) Fuek
GasProduction(Plant E or F)and (v) EORFluid compressiofpumping(Plant G) Sections
(i) and (iv) have one variant eactiefiningseven sulflowsheetdor this scenaria Plants A
to G ¢ which are represented inside dashed boxes in Fi§&.8. Thus, pocess alternatives
(Figs.5.8/5.9) connectPlants A+B/C+D+E/F+G choosingi) recycling (RC)the condensate
of WDPA+HCDPA from Plant D to Plant Aor not recycling (NR) it for EOR purpose,
connecting Plant D to Plant G (intermediated by ligigdid phase split)(ii) Plant B (Joule
Thompson valve for expansiop or Plant C {urbo-expander for HPSGas Expansignand
(i) Plant E Q”d SSunit) or Hant F MembranePermeation) for C@Qremoval

The BaseCase [RC+JT+SS§] equal to SSSS Alternative of Case Study 1 (Fig. 5¢¥elects
Plants A, B, D, E,and G, adopting condensate recycle (Fig.8a). In the TX-variant
[RC+TX+SS] Plant B isreplacedoy Plant C (TX)to conwertheat into powefor redudion of
overall power consumption(Fig. 58b). The NR-variant [NR+JT+SS] abandos SS
condensateecirculationfrom Plant D to Plant A, pumping C3+ condensate (Ldi@gctlyto
EOR after water separatidffrig. 59a). Eliminating condensate recycle positively reduces
processedvolumeric flows, shorteningequipment and power consumption, but adversely
impacts oil productionThe MP-variant [RC+JT+MP] replaces S$sed CQ capture(Plant
E) by Membrand?ermetion (Plant F) (Fig. ®b). Despite oPlant Fgreater simplicity, low
pressure C@rich stream obtained apermeateimplies heavier compressorsas Plant E

producesigh-pressure andpartiallyliquefied¢ CO,-rich streamghatarealsoused to EOR

Flowsheets in Figs. 85.9 usethe following conventios (i) each compression staggth its
respectivedriver, intercooler andlashvesselis portrayedas compress blocks These
blocks are featured by electridriver (ED) Ehaftpower ¢ 13MW), gasturbine (GT) éhaft
power [13MW,28MW) or turbeexpander (TX), besides the thermal utility being
regeneratedn the cooler(CW, WW or HW depending ogasT); (ii) thermal utilities are
identified in the places where they reach the highest their corresponding ranges (in the

outlet stream when availed for cooliramdin the inlet stream when availed for heating).

140



5.4.2. SubFlowsheets Description

Plant A (Figs. B/5.9) separates riser fluith HPSi after preheating toT=30°C to avoid
hydratesi and stabilizes the crude oil. HRSI stabilization occurs in MediusRressure
Separator R=20 bar, T=90°C) and LowPressure SeparatdP$1.8 bar, T°90°C), with the
gas being compressed86.5 barin aVRU of 04 intercooledstagedo join HPSGas.

HPSGasneedsxpansiorto 80.5bar for SSoperationIn PlantB (Figs.5.8a,5.9a,5.9b), it is
doneby JT-Expansiorafterpre-heating(T=65.5°C) for hydratepreventionPlantC (Fig.5.8b)
is a powesproducing (TX) alternative to Plant B where HB&s is preheated tar=350°C in
a battery ofheat exchangefHW, PHW, TF) to increase turkexpander power generation
After TX, the gas izookedfrom T & 3°C 8 45°C regeneratindpot utilities (PHW and HW).

Plant D (Figs. B/5.9) prescribesNDPA+HCDPA of raw NG(P=80.5 bar, T=45C) from
Plant B or Plant Gn 1°' SS unit(Sec. 5.3.1.2)Only in theNR-variant[NR+JT+SS], LTX
condensate (L+Wis sent toLiquid-Liquid Separation (LLS) for water removal, then humid
C3+ condensate (LIQ) directly sent to EORPump (PlanG), while in all other cases LTX
and preflash liquid bottoms are mixed and pumped back to HPS (Plant A).

Plant E(Figs. 5.8a, 5.8b, 5.9a@eceivesa small portion oDry-Gas(a 6 9 %@6,) leaving
Plant Dto produ@ FuetGasthrough 3 SS unit (Sec. 5.3.1.2)sing heat integration and
CO,-basedrefrigerationcycle (RFG), he feed streamis cooled down to-20°C for pre-
decarbonationTheresutingpre-decarbonatedas(P°5 0 b ar , C&Mi§cumpoeksed,
cooledwith CW, andthenchilled with SS products tachie\e suitable conditionso feed the
2" SSunit (P=84 bar, T=i 22°C), where FG ¢22%mol CQ) is produced.

Membranebased Plant KFig. 59b) i as aconventionalalternative for offshore rig$
perform CQ capture replacing Plant E by expandibiy-Gas toP244.5 barand heating it to
T=62°C before feeding Membrarieermeation modulegpiratwound Ared""=11,115 ).
FuelGas (20%mol COy) is produced in retentate side while permeated-h gas at

P=8 bar goes to doublstage compression to join Matompressor feed (MGas).

Plant G (Figs. 5.8/5.9) performEOR-Fluid compression/pumping, presdng Main-
Compressomwith 04 GT-driven shafts in parallel spinnin@2 centrifugal stagesachto
compressMC-Gas In TX-variant[RC+TX+SS]process TX is availed to driveone of the
shafts, but as T)powerexceedghe compressiomequirements, an electric generator is also
connected tdr X shaft toavail the excess. As MC-Gasbecomediquid at P=240 barand
T=45°C, other liquids (LCQ/LIQ) arejoinedfor final pumpto P=450 batr
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EAT il

5.4.3. Resultsand Discussion

SSSSBaseCase [RC+JT+SS] armtheralternatives; TX-variantfRC+TX+SS],NR-variant
[NR+JT+SS]andMP-variantfRC+JT+MP]¢ wereimplementedn AspenHY SY Saccordingly

to process flow diagrams showim Figs. X2.1, X2.2, X2.3 andX2.4 at AppendixX2. Only

the SSSS BaseCase [RC+JT+SS] have details bepgsentedn this chapte(Sec. 5.3.2)
Table 5.3 for conditions of mainprocess streamand Table 5.4 for design and operating
conditions ofSSunits. Operating onditions of main streama otheralternativeqTable 5.3
analoguesare presentenh TableX3.1 ([RC+TX+SS]), TableX3.2 ([INR+JT+SS]) and Table
X3.3 ([RC+IJT+MP])at AppendixX3. Designs and operating conditions of SS units in other
alternatives (Table 5.4 analogues) are presentdalote X4.1 ([RC+TX+SS]), Tablex4.2
(INR+JT+SS]), and TablX4.3 ([RC+JT+MP]) at Appendix X4. These objects are not
commentegd as results inprocess variantare analogous to Bas€ase [RC+JT+SSyhich
corresponds tthe samerocesslternativeSSSS of Case Study Wherediscussionin this
regardis presentedn Sec. 5.3.2.2Comparisons oprocess alternatives are made as percent
deviations in relation to Bagease except when stated otherwise. Tdble and Figs.

5.10/5.11providethe absolute values for comparisons.
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5.4.3.1. Performance of Gaslub Processing Alternatives

Fig. 5.10 depicts the comparison of process alternatives regarding oil production, water
conent in EORFluid, power demand and Fixed Capital InvestmdfCl]. Fig. 5.10is
supported by simulation results presented in Sec. 5.3.2 and Appendix X3: Tables 5.3
([RC+IT+SS]), X3.1 ([RC+TX+SS]), X3.2 (INR+JT+SS]) and X3.3 ([RC+JT+MP]). Table

5.7 unveilsflow ratesc expressed ilMMsnt/d ¢ of key-streams in the evaluated process
alternatives. Since tHéMsn?/d of fluids is calculated from molar flows, Table 5.7 does not
express oil production in the same proportion bdfl/d (Fig. 5.10a) due to different
compositions.Fig. 5.11 presents Net Present Valué#Y) projections from economic
assessments throughout the years of horizon (3 years of construction + 20 years of operation).
Fig. 5.11 evinces best calbws and profitaliity of BaseCase [RC+JT+SS].

Table 5.7.Flow rate of keystreams §IMsnt/d) of alternatives.
[RCHIT+SS] [RC+TX+SS] [NR+JT+SS] [RC+IT+MP]

MMsm?®/d BaseCase

Riser (including water) 90.15 90.15 90.15 90.15
EORFluid 50.09* 50.19 50.5F 50.05*
FuelGas 1.30° 1.16% 1.27% 1.347
Main Recycle 8.31 8.99 8.31
WaterC3+ Condensate 5.29 5.65 3.98 5.29
(1°'SS Unit)

HPSGas 52.24 52.85 47.98 52.24
Captured CQ(2"SS or MP) 0.65611 0.712599 0.67056 3.14384
Captured CH (2™ SS or MP) 0.078585 0.079595 0.068 0.326096
CO, Emissions (FueGas) 1.31989 1.1834 1.284839 1.71024
Oil 2.0 2.0 1.43 2.0

*170.89%CQ . ¥170.68%CQ . *170.14%CQ . "70.9%CQ.*?21.85%CQ, 74.73%C1, 2.06%C2, 0.25%C3, 0.02%C4.
222 08%CQ, 74.47%C1, 2.12%C2, 0.25%C3, 0.02%E21.69%CQ, 74.95%C1, 2.0%C2, 0.22%C3, 0.02%CA4.
#220.0%CQ, 62.87%C1, 8.6%C2, 4.71%C3, 2.40%C4, 0.68%C5, 0.06%C6, 0.01%C7
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Fig. 5.11. NPV (MMUSD) of gashub alternatives for 20 operatiyears.
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5.4.3.2. Comparisonof GasHub Alternatives and SSSS Proces£onsolidation

Regarding the decision between recycling (RE)ot recycling (NR) condensate frort $S
unit to HPS, economic results in Fig. b.dlearly revealdNPV advantage of RC optiotNR
implies inlower flow rates of NG being process¢d@able 5.7) saving power demand and
equipment sizesbut RC contributes to increase oil production, which is evinced to be
economically more significant. Precisebithoughthe NRvariant [NR+JT+SS] isupposed
to have adlantages ofequiing the lowestFCI, as confirmed by Fig. 50d (-9.36%), and
lower power demana@omparatively to RC counterpgrtl1.45% (Fig. 5.10c), it disappoints

in profitability potential, with 22% lower NPV (the worst profitability) due to reduced
revenuesasNR-variant presestthe lowestoil production(-18.33% (Fig. 5.10a). Moreover,
Fig. 5.10b unveils a further disadvantage of NR alternative [NR+JT+SS]hitjigestwater
content(F270ppmH0) in EORFluid (+174%). Sincethe C3+ stream (LIQ3ent to injection
pump (Fig. 59a) is saturagd in water, it dramaticallyincreagsthe water contenof EOR
Fluid, potentiallyraising the risk ohydrate formationin EOR systemAmong dternatives
with RC option however,similar oil productions(f123,000 bbl/ji and EORFluid water
contents 95 ppmH0) are obtained, adepictedby Figs. 5.Daand5.10b.

Regarding the decision between choosingvdlve (Plant B)or TX (Plant C)for HPSGas
(120 baj) expansion to the working pressure 6f3S unit(80.5 baj, the JT option evinces
higher profitability potential despite wasting opportunity to produce potmiong the four
process alternativegconomic results in Fig. Sllunveils the TX-variant [RC+TX+SS]
attairing the second be$tPV, losingthe frst placeto SSSS BaseCase [RC+JT+SS] by
narrow margin.In terms of power demasd the TXvariant [RC+TX+SS] naturally
outperforms all alternatives19.16% (Fig. 5.10c), but with the drawback of presenting the
highest FCI (+3.76%), which is mainlyexplained byhigher capital investment on heat
exchangers as revealed WCI details shown in Fig. 5Q0. This occurs becauséarge
additionalexchangers areequiredto preheatHPSGas T=350°C) ¢ for the best TX power
generation efficiency andalso tofinish cooling the expandedjas.Neverthelessthe power
saving advantage of TAlsoimpliesin thelowestflow rates of FuelGas andCO, emission
(-10.34% (Table 5.7)makingthe TX-variant|RC+TX+SS]the optionof best environmental

performance.
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Adopting TX without high-temperaturgreheatrsand aftecoolers(Fig. 5.8b, Plant C)could
save %45 MMUSDof FCI (Fig. 5.10d), but wouldalsoreduce TX power fronf28 MWto
213.7 MW TX power generatioat 28 MWenabésto substituteone of the fougasturbine
drivers of MainCompressqrwhich mears significant savings icapital investmendespite of
additionalFCI contribution from TX machine. Without this advantaties capital investment
on drivers at TX-variant [RC+TX+SS]ceases to be loweghan BaseCase [RC+JT+S$]
implying in an intermediary performanaeterms ofpower demand, C{emissionsand total

FCI, thusintermediaryNPV performancewould also be obtained

Regarding the decision between usingd%S5 unit (Plant E) oMembranePermeatior{Plant

F) for CO, removal, Fig. 5.11 evinces higher profitability potential of S&S alternative
Again, the pragmatic Bagease[RC+JT+SS] presents better economic results. Among the
four process alternativedhyd MP-variant [RC+JT+MP presents the highest power demand
(+4.99% and the second highest capital investmei®.§1%), both aspects explained by
higher compressiormratio being requiredto sendcapturedCO, (low-pressurepermeate)o
EOR Suchresultsexpresgreat advantage of®SS unitover MPin producing higkpressure

COy-rich liquid stream, allowing substantial savings in compression power demand for EOR

Finally, from economic perspectivend by a narrow margircumulative caslilows in Fig.
5.11 consolidatethe best configuration of proposednnovative SSSS concept for this
scenario as Bagéase [RC+JT+SSHowever, in a practical sense, the choice between-Base
Case [RC+JT+SS] and P¥ariant [RC+TX+SS] should be done with cafée main issuef

the TX-variant [RC+TX+SS] is that itsighestcapital investmentot onlyimpairscashflows

in construction yeardyut alsoindirectly raisesmanufacturing costsCGOM in Eqg. (X1.3a))
reducingannual profits From the viewpoint of carbon reduction, the TX option is clearly
preferred, and the smallPV gap between these alternatives could be overcome jt&@®@s
were applied to the working scenari®Other alternatives have much weaker performance:
(i) the MPRvariant [RC+JT+MP] presents the highest GGmissions,plaang third in
profitability potential;and(ii) the NRvariant [NR+JT+SSpresentghe worst annual profits
and NPV along the operation yearslespiteof its lowest capital investmentand second

lowest power demandhe latter naturally implying in"2lowest CQ emissions (Table 5.7)
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5.5. Conclusions for Chapter 5

Largecapacity floatinghub for application in remote offshore oil fields was investigated for
processingF50 MMsn#/d of CO,-rich raw NG £68%mol CQ) and £1.0*10° bbl/d of oil.
Several procgs configurationswere addressedcontemplating o#Hgaswater primary
separation NG WDPA, HCDPA, CQ capturefor FuelGas production and EORFIluid
compression/pumping?roposed alternative for this scenagdSSSS ¢ is based onNG
treatment by sequential SS steps®'@&$ unit comprising 12 parallel SS nozzles connected to
a LTX for WDPA+HCDPA, and a ™ SS unit comprising a single SS nozzle for LLO
removal for FG production Without tiebacks to the coast, almost all processed g\N&%
supercritical DryGas enriched with C{capturedc is reinjected to the field foEOR. Fuel

Gas is the only fractiomf NG being consumed which is availed tosupply the power
requirementsof the rig,for its selfsufficiency. Two Case Studies were addressedi¢fine

the best process configuration for this scenaResults compareil productions,power
demands, C®emissions, and economic metrid®eing a relatively recent operation, SS
design and simulation in Aspen HYSYS was only possible due to the use of Unit Operation
Extensions developed #rinelli et al. (2017 andde Medeiros et al. (2017)

In Case Study ltwo processlternativesvere analyzed:MS-JT-MP andSSSS.MS-JT-MP

is the conventional wayroviding dehydration via MoleculaBieves (MS) HCDPA via JF
Expansion and COremoval via Membran®ermeation(MP). Proposed alternativ€SSS
presers higher profitability (°33% higher NPV) with 10% lower capital investmenfThis
higher profitability is mainly an outcome gfeater oil productiomwing to therecycle of
WDPA+HCDPA condensatérich in C3+)i obtained inthe ' SSuniti to the primaryoil-
gaswaterseparatarSS-SSalsopresents lower C£emissions per barrel of oil produced, thus
being regarded as a cleapeocess alternative

In Case Study 2SSSS process configuration is consolidated by comparison of four
alternativedor addressinghe followingstructural decisiongi) whether the condensate from
1°' SS unit should beecyckdto HPS (ii) whetherJouleThompson valve or turbexpander
should be usetb expandHPS Gas to working pressuie 1% SS unit and (iii) whether a2

SS unit orMP should be usedor CO, capture Results point advantage ofecycling
condensatelue toincreasd oil productionpositively influencingnet present valueNPV).
Replacement ofT-Expansion by turb@xpander(TX) for power generatioiis not justified

from economic perspectiyavith SSSS pragmatic bassase [RC+JT+SS] showingmall
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NPV advantage oveits TX-variant[RC+TX+SS] unlessenvironmentapenaltiesare taken
into considerationin this senseTX could become the most profitable optiorCi©, taxes
were appliedFor CO, remova) the use of a2" SS unitis evinced as more profitable than
MP option though involving more complex flowshegtincluding several heat integration
exchangersand a refrigeratioamachine for pralecarbonationlt is explained byhigher
compressionpower requiredin MP-variant [RC+JT+MP]to sendcaptured C@to EOR
again pointing superiority of SSS BaseCase accounting for its reduced power demand and

capital investment
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6. Carbon Dioxide Utilization in a Microalga -Based Biorefinery for
Methanol Production : Economic Performance under Carbon Taxation

Thischapter is based otie followingpublication in Journabf EnvironmentaManagement

WIESBERG, I. L.;BRIGAGAO, G. V.; DE MEDEIROS, J. L.; ARAUJO, O. Q. F. Carbon
dioxide utilization in a microalghased biorefinery: efficiency of carbon removal and
economic performance under carbon taxation. Journal of Environmental Management, 203,
988988, 2017.

Abbreviations

ASU Air Separation Unit; BRY Biorefinery; CCS Carbon Capture and Storage; CCU Carbon
Capture and Utilization; CCUS Carbon Capture, Utilization and Storage; EOR Enhanced Oil
Recovery; GOX Gaseous Oxygen; GSD Greenhouse Solar Drying; HHV Hitgeding
Value; MARR Minimum Acceptable Rate of Return; MEA Monoethanolamine; MeOH
Methanol; MMUS$ Millions of US Dollars; NG Natural Gas; NGCC Natural Gas Combined
Cycle; PBR Photobioreactor; P®AFT PerturbedChain Statistical Association Fluid
Theory; PEA Process Economic Analyzer; SRK Sod&edlichKwong; UNIQUAC

Universal QuasiChemical.

Nomenclature

CapkEff : CO, capture efficiency (unitless)
CashFlow : Annual casHlow (MMUS3y)

Fcoz : Mass flow rateof CO; (kg/h)

NPV : Netpresentvalue (MMUS$)

S : Methanol synthesis coefficient (unitless)

Subscripts

i : CO;, capturddestination route, BRY or CCS
Superscripts
Avoided : Avoidance of C@emissions

Consumed : CO, utilization

BAU : Businessas-usual scenario @nventional technology

DIF . Difference between CashFlpand CQ taxes paymenwithout capture

Feed : Biorefinery feed, power plant exhaust gas

Generated : CO, generation

NotProduced : Avoidance of C@generation comparatively to conventional technology

: Economigperformanceof one technological routeithout CQ taxes applied

Tec

Supplementary Materials

Supplementary Materials for this chapter are founfigpendixy.
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6.1. Introduction

Technological changes in electricity generation and transportation sysk@yascentral role
in responsdo climate changes, but the majority of these routes face technical challenges and
economic barriers, demanding support for their widespmegdementation(Kypreos and
Turton, 2011).Currently, carbon capture and storage (C@8) enhanced oil recovery
(EOR) are the only pathways including regdymplement largescale solutions: some pest
combustion C@capture technologies, G@ompressionandpipelinetransportation (Araujo
et al., 2014)The lack ofwidespreaccommercial &rgescaleCCS initiativesreveals thdittle
appeal ofthesesolutiors to investors as CCSis hamperedby diverse obstacles of great
relevanceincludng availability/distanceof geological sites for storage (Cuellaranca and
Azapagic, 2015)installation of pipelines for CQtransportationleakage monitoringCheah
et al., 2016) and, above aspectsabsence of revenues to the enterpisea consequence,
severe economic penalties aeguiredfor carbon reductiothrough CCSentailingbothhigh

capital investment and operational costs.

Alternatively, carbon capture andtilization (CCU) is a generally preferred destination for
the CQ, as it enables to aggregate revenues to the pi@djextta, 2010)However,currently
thereare fewmaturechemicalpathwaysmployng CO, as feedsickin commerciakcalge.g.
urea) (Aresta, 2010)n this regard, C@chemical onversionto methanol (MeOHpppears
asapromisingalternativefor widespreadiarge scaleapplication(Olahetal., 2009;Wiesberget
al., 2016).In this sensefor the methanol synthesis route of £@ydrogenationPérezFortes
et al. (2016) estimati substantiapotential forCO, emissionavoidance?2 kg“°7kg"e°".

Comparisos betweenCCS andCCU routestaking into accounteconomic aspectgor
working scenarios with incidence of carbon taxatiare not commonly found in the
literature In this regardthere is a growing convergence of politykers and economists
that stablishing a carbon price @ important toolto leverage the reduction afarbon
footprints (Kypreos and Turton, 2011From engineeringerspectiveCO, taxationhas the
potentialto catalyz technologicalprogresss actingas an operationalcost to beminimized

with carbonreduction This is particularly important for the current world scenario, still
highly dependent of fossil resources, constituting a driver for CCS and CCU alternatives
while renewable sources are not widely and intensively applied. Anylvaydrspective of
fossil and reneable resources coexisting in the near future set up a compelling environment

for incidence of carbon taxation for governmental control of carbon emissions.
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6.1.1.Microalgae Cultivation for Carbon Capture and Utilization

In the earlest stages of technologicaldevelopmentmicroalgaecultivation for CQ capture
has attractedintens scientific researcmainly due toits high growth rategas microalgae
may perform 10x more efficientCO, biofixation than terrestriatrop9 andalso high lipids
contens (Skjanes et al., 2007)n this sense Chlorella pyrenoidosafor example,may
presentO 5 1 %wtotad fipids per dry biomass l(ju et al., 201] In relationto microalgae
cultivation methods, raceways and photobioreactors (PBRs) are among the most commonly
conceivedechnologicahlternativesin a review of biological C&fixation, Goli et al. (2016)
pointedsuperiority ofPBRs overacewaysAlthough PBRs entail higher capitainvestments
to the project much higher biomass and ligiggroductivitiescan be attainedMoheimani,
2016). If successfully developed, ghiofixation by microalgaeaiming posterioconversion
in a biorefinely generate revenues thaiuld ultimately abateCO, mitigation coss in fossik

basedpowergeneration

Thermochemical processing alternatives generally outstamahg most conceived options
for conception oplausiblebiofueldriven biorefinefes Hexibility to biomass feedstoskfor
instance, is an important advantage of these rq@axia et al., 2016Biomas gasification,

in particular, offers great advantage of allowing a wide range of products daadmatiorof
synthesis gasa common raw materialcomprising mainlyH,, CO, CQ) used in the
production ofseveral chemical commoditieée.g. methanol ammonia)that can also be used
as platform chemicals to multifold downstream possibilitids. synthesis gas is usually
produced from natural gg®G) reformingor coal gasification, and chemical commodities
normally derives fromfossil resource, these biorefineries are able $onultaneouly avoid

CO, emissions andesources depletidior a wide range of products

When conceived for utilization of CQyenerated Yy thermal power stations,biorefineries
should concentrate in products with large markets, leveling-sogle CQ supply: fuels and
chemical commoditiege.g. methanol andammonia).In this regard, ihe chemicals and
biomoleculesare important for revenudsit cannoabsorbCO, generation ratdue to limited
demand Otherwise, excess/e production would cause market flooding, with drastic
redudion of sales prices. In this sensgfor the best economic interest in biorefinery projects,
the process scale angortfolio of fuels and commoditiebave been reported dlse most
important aspectsto be accountedGarda et al., 2016)In connection with this, dr a
biorefinery focusingon CO, utilization, the present workppliesa singlelargescaleproduct

complementedby small production oA moreexpensive chemicdbr revenus increase
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6.1.2.PresentWork

Biological CQ capture and valorizatios challenged bgconomic aspectand sustainability
analyses ofbiofueldriven biorefineries mustegard this perspective tamprove their
attractivenesgChea et al.2016) However studies addressing economic analysis of process
alternatives conceiving microalgae cultivation for C@nd rarely found in the literature. This
work fills this gap and compares such biorefinery performance with a convenG@l
route prescribing MEA Chemic#lbsorption for CQ capture Moreover, this work also
applies a relevant and often neglected asfmebe accounted in most economic studies: the
incidence of CQtaxation leveraging carbon reduction procesbethis sense, while carbo
creditsapplication(CO, captured as revenuappears to be thdominantCO, management
approach in the literaturgolicy-makers areactually moving tavards CO, taxation (CO,

emission as operatiahcosy).

Even considering that technological advancements are needed to allow effectivecidege
implementation ofmicroalgae biorefineries fasbatement ofCO, emissionsfrom a power
plant, this workapproaches process engineeringvestigationidentifying potential barriers
for implementation osuch a concepwith its economic performance being evaluated against
conventional CCS, botleveraged by an economi&gcenam with CO, taxation policy
Specifically, Chlorella pyrenoidosas availed for biologicalCO, capture in a biorefinery
CCU configuration foprodudion of methanolia biomasgyasificationand microalga oivia

extraction with solvent

The presenthapter is a shortened version gfublishedscientificarticle(AppendixP) giving

emphasis on economic performance of proposed micrialged biorefineryFurther results
are presented in the reference article, including comparison of the two evgluatedses
from environmental perspective using the waste reduction algorithm -&RAS(Young and

Cabezas, 1999), which alsonfigures a major originality aspect of the referred publication
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6.2. Methods

Two postcombustion C@ capture alternatives are investigated (a) microalgabased
biorefinery (BRY) and (b) conventionalCCS routeadopting MEA ChemicaRbsorption

BRY embracesnicroalgacultivation and harvestin@iomass productionpil extractionwith
solvent biomass gasificatigmrmethanol poduction and cegenerationBesidesCO, capture

with MEA, CO, compression and transportation to geological storage is included in
conventionalCCS route. BRY and CCHowsheets aremplementedn AspenHYSYS for
technical evaluatiof alternatives, which resulsupportequipment costingnd economic
assessmerim AspenProcess Economic Analyz@PEA). A coakfired power plant is assumed

to supply exhaust gas to BRY/C@®8dis not included in the analyse®rocessboundaries

appliedto this workare portrayed iffrig. 6.1.

| Waste :
Coal

T' | t |

I Capture Route Froducts (Methanoland |

| Flue . . . . I

Fower Flant Om [Biorefinery or Carbon ———  microaka oil or CO;
l : Capture and Storage] genlogically stored) :
Enemgy I I
| |
Enerey + Faw
| Material 5COPE I

Fig. 6.1. Frontiers applied to anagd processas this work

Whole biomass ofChlorella pyrenoidosais modelled in AspeilYSYS as a combination of
biochemical pool$ lipids, proteins and carbohydratie$ollowing proportions obtained from
literature data foits overall compositior{Duan et al., 2013 Theimplementedpool of lipids

is based onditty acidsprofile of Tang et al(2011) Proteinsare approached using a single
pseudecomponent with molecular formula; §1,:6N2Og and @rbohydrates anepresented by
sucrose.The volumetric flow rate of PBR feedis calculatedwith biomassconcentratiorat
approximatelya4 g/L (Chisti, 2007, assumingPBR efficiency ofCO, utilization at 74.5%
(Acién et al., 2012)given the stoichiometric proportions lfomassgrowth global reaction
shown in Eg. (6.1). Further details on slation assumptions of microalgaultivation and

harvesting steps are presented in Appendix Y

1CO,+0H HO+% N+ P4+ S- COHN/PS(+ * 05 580, (6.1)
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6.2.1.CO; emissionsanalysis

BRY routeis evaluatedagainst other methanol plantsrelation toCO, emissionsdirect and

indirect emissions) Comparison includegmerging chemical routest CO, utilization for

methanol productioi CO, hydrogenatiorandNG bireformingi b e s i d e s -asiubsuusai Inde s s
conventional plant The balance of COdirect emissions supposes combustion of all
flammable compounds in residual gaseous streamsrect emissions are calculated from
process requirements electricityand hedhg (low-pressure steamAdopted metrics o€0O,
emissionsareexplained inEgs. (62) and (63) (PérezFortes et al.2016. Eq. (6.2) explicits

Flarredeed 3s the difference of CQgeneration rate (direct drindirect generation) between

F Generatec

the conventional technologyR’)’) and oneCCU routefor methanol productiorfFy, ).

Eq.(6.3) thendefinesthe total avoidance of CQemissiors of respective CCU routeFlsy ")

by adding the C@feedrate(F 5 to Fi5 o,

NotProduced — BAU Generate

I:coz - |:coz 'ch (6.2
Avoided _ Feed Nd®r oduce

I:COZ - I:COZ -IFCOZ (63)

6.2.2. Economiassessment

Economic analysis adopts Asp@&tEA for estimates of capitahvestmentand operational
costs Asthe utilized softwareersion givesestimates foplant construction in USAtthe T
quarter of 2013, conversion factors are required for the correction of plant location and
construction yearThese parameters are unveiledTiable 61, wherethe main economic
assumptionsfahis work are presente@heenterprise is projected to a horizon26f yearsof

plant operation, with PBR modules being replaced e®empears regardng the expected

short lifetime of PBR material. In CCS rout800 km of pipeline is applied toCO;
transportation to geological storagéhe main economic assumptions of Q@ansportation

to storage is summarized Trable 62.

Minimum acceptable rate of return (MARR) d% is assumed to express solely
environmental intentions of the project, for an optimistic sense of economic feasibility, as

project goal achievement is associated to gross return of capital investments without profits.

Assuming an economic scenario with ioence of CQ taxation, where both direct and
indirect emissions are accounted, BRY/CCU and CCS economic feasibilitigskarkto the

performance of £0, emittingpower plantalternativeThe cash flow of each capture rojte
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(CashFlow) is calculated with Eq. (6.4), whef@apEff is the CQ capture efficiency of,

FCngd is the flow rate of CQ leaving the power plant to feed (BRY or CCS), and

CashFIovyTec is the cash flow without payment of taxes. Then anotheric is created
accordingly to Eqg. (6.5), to express the difference between the cash flow of alteyretd/e
the payment of Cgtaxes without emissions abatemé@ashFlow’'"). A negativevalue of

CaShF|OV}PIF indicates that paying CQaxes is more economically attractive than investing

in CO; capture routg.

CashFlow = CashFlo}f* - le—f;d(l —CapErf)‘* Tax (6.4)
CashFloy"* = CashFloy - £5°* Tax, (6.5)

Table 61. Summary of main economic assumptions.

Variable

Value

Nationalization Factof”
IC Index (Update Factofy

Plant stardup year

BrazillUSA=1.25
2015Q4 = 136.0
2013Q1 =147.0
2003(avg)=107.0
2015

Project Lifetime (years) 20

PBR Lifetime (years) 5

Annual Operating Hours (h/year) 8000

PBR Price (MMUS$/h&y’ 0.197

Minimum Acceptable Rate of Return (%) 0

Carbon Taxation (US$/t Gp 50

GOXCost (US$/t 9)® 31

Nutrients Prices (US$/t) NaNG,=320
NaH,P(0,=1000
FeCk=350

Utilities Costs Electricity = 127 L 8$/MWh

Natural Gas = 19.5 8§/MMBTU

Low-Pressure Steam = 55 US$h
Products Prices (US$/t) Methanol = 400

Microalga oil = 500°)

Wntratec, 2016. Useful indexes for the chemical industry. http://www.intratec. usstrisdotherrelevantindexes

@ Huntley, M.E., Redalje, D.G., 2007. G@nitigation and renewable oil from photosynthetic microbes: a new appraisal.
Mitig. Adapt. Strat. Glob. Change, 12 (4), 588..

® Us Department of Ener gy, In2A6varRed Cdrldn Rigxielen Captureo R&D cProgram o .
Technology Update. Appendix B: Carbon dioxide capture technology sheets.

@ Turton, R., Bailie, R.C., Whiting, W. B., Shaeiwitz, J.A., Bhattacharyya, D., 2012. Analysis, Synthesis, and Design of
Chemical Proesses. Prentice Hall, 4th edition.

® Soley Biotechnology Institute . http://www.soleybio.com

Table 62. Assumptions for C@transportation via pipeline in CCS route.

Item Value Reference

Pipeline length (km) 300 km -

Nominal diameter (in) 8in -

Compression costs (US$/t O 12.58 (0.12 $/kWh electricity) McCollum and Ogden (2006)

Maintenance costs (US$/kmly)  3.100*1C (reference year: 2003) Wong (2006)
4.259*10 (updated value)

Capital investment (US$/km/in)  20.989*16 (reference year: 2003)  Wong (2006)
28.835*10 (updated value)
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6.3. ProcessDescription

Process Flow Diagrasn(PFD) of alternativesbeing comparedBRY, CCS are briefly

described in this sectiofrurtherdetailsare provided in AppendiX 1.

6.3.1.Biorefinery 1 Biomassproduction, oil extraction and conversion to methanol

Fig. 6.2 depicts theflowsheet of biorefinery first area (BRY-1), comprisingmicroalga
cultivation+harvestingnd oil extraction (BRYL). Simplified PFD of biorefinery second area
(BRY-2) i comprising biomass gasificatipmremoval of excessCO,, and methanol
productioni is portrayed irFig. 6.3. Considering market limitations for an abrupt increase of
microalgae oil supply, oil extraction receives oyt of biomass production, with the other
3/4 being sent tRY-2 (after further dewatering stajy

=3 Steam T Nitrogen

. Nutrients
= Cooling water 3 ggﬁ‘}ﬁn&mss
3 Electricity € 9

Microalgae Oil

Residue

Biomassto BRY-2

Fig. 6.2. Biorefinery flowsheet: tiomass production and oil extraction (BRY.

__________ _|_____________'|
B || Absorber

Gasifier ,@

Steam | i | |

Coolingwater|_biomaSS+Q—® > = Syngﬁs

Refrigeration |

Electricity | _OQA'D—‘@J T

| _Gasification unit

I i

Adjusted syngas

o
reactor

Fig. 6.3. Biorefinery flowsheet:biomass gsification andmethanolproduction (BRY-2).
Solvent regeneration, Gdiquefaction and cogeneratigtantsarenot portrayed

Flue gasfeed is sento an air lift arrangement, where G@ absorbed iwater, contadhg
inlet gaswith clarified liquid from the settleradded with water makeuphe airlift is directly
connected to the PBRwhich consiss of several sheet modules of horizontal transparent

tubes Liquid suspension leavinthe PBR is sent to dewateringpy flocculationketting.
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Concentrated biomass leaves the settler Witlw of organic matter (Willliams and Laurens,
2010) and75%of this stream is directed farther dewateringp 40%wby GreerouseSolar
Dryer (GSD)(Kurt et al., 201%for subsequerthermochemical processing basification

In biorefinerysecond aredBRY-2) (Fig. 6.3) gaseous oxygen &5%moli supplied by a
low-pressure air separation unit (ASU) afwilther compressed t@2 bari is injectedin
gasifier to oxidate biomass generating heat for gasification. Air injecsioioti adopted to
avoid introduction ofN, to the systemwhich dilutes synthesis gasinimizing methanol
synthesis yieldDewatered biomass is preheated and then conveyed @-thlewn gasifier,
which produces Cg&xich synthesis gasi(3 4 %mo,) at 32 ®ar and 900°C Gasification
reactions are modeled at thermodynamic equilibrium (Gibhastor model), neglecting
formationof tars and residual coke/chdihe gasifier temperature is controlledda® 0 Cbj C
adjustment of oxygen flow rate. The g@ch synthesis gas is cooled recovering heat to
produce higkpressuresteami availed in a cogeneration plantand is sent to &hysicalt
Absorption Rectisol unit (absorption with chilled methanol) for G@emoval, aiming to

adjust the H/Cproportion in the syngas The secalled syngas stoichiometric number

S=([H,] {CO,)/([CA [€0]) of leansyngasto methanol synthesis 2.15 The captured

CQO; is liquified and exported at00 barwithout adding revenued he methanolsynthesis
loop employsthe Lurgi process configuratigrcomprising a tubular fixetled reactqrcooled
by boiling watey operaéd at 65 barand240-260°C Raw methanolleavesthe synthesis loop
to be purified in distillation section accordingly to commercial stand#rd>99.85%w
togetherwith impure methanol from CQabsorption unitPurge gases from methanol plant
are availed to increase cogeneration outputs with supplemental fire. HYSYS dletwdgbr
BRY-2 simulation are found in Figs. Y1.3, Y1.4 and Y1.5 at Appendix Y1.

6.3.2 Carbon Capture and Storage

The flowsheetof CO, capture by Chemicahbsorption with MEA(representingcCSroute)
is depictedn Fig. 6.4. Hue gasis sent tatheabsorberleaving it adeangaswitha 4 %m0,
to be discardedo atmosphere. C&rich solvent is regenerated producing pure,Q® be

compressedfour-stageintercooledrain not showhand dispatchetb geological storage.

Lean Gas

= Cooling water
= Electricity

@ Q
Fig. 6.4. Process diagrafor the CCS route.
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6.4. Results and Discussion

Carbon emissionandeconomicanalyse resultsare presented in this section

6.4.1. Processimulation

Table6.3 unveilsprocess performancesdsometypical literaturevalues for comparison.

Table 6.3. Process simulation results for biorefinery (BRY) and CCS.

Item Route  This work Literature results
Chlorellasp.HHV BRY 22.2 MJ/kg 22.6 (Duan et al., 2013)
Dilution rate BRY 0.4046 m3/m3,ciofd 0.384 (Chisti, 2007)

PBR area anthvestment BRY 986 ha,200 MMUS$
GSD area andhvestment BRY 60 ha, 150MMUS$

Microalga oilproduction BRY 29th
Methanolproduction BRY 13.87 t/h
Stripper reboiler duty CCS  4.36 GJ/cgarured 4.56 (Feron, 2010)

Table 63 unveilsextremelylargeareaof & 1 0 0 @equireal forinstallation ofPBR andGSD.
With such huge footprint area, this process is most likely to be unattra€toree specifies
drastically lowerintended area ofa50 harequiredfor PBR, it would be necessary to have
volumetric productivityhigher than3.0 kg nid and compactnesparametervolume to
projected surface ratif//S above0.8 m3/m2Fig. 65 presents a sensitivity analysis this
regard, expressing thiotprint areaas a function of volumetric productivity and/S
parametersAlthough PBRwith volumetric productivity>3.0 kg nfd* remairs unrealistic
given thecurrentstateof-the-art techniqueqAcién et al., 2012), much denser cultureay

be prepared (e.g-8 g/L), but at the cost of limited growth due to increased turhidity
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Fig. 6.5. PBRfootprintareaas a function ofolumetricproductivity andvolumegsurface ratio
(V/9: (a) 3D plot; (b) contour levels.
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6.4.2. CO, emissionsanalysis

Table 6.4 presentdotal avoidance ofCO, emissiors by methanolproduction in BRYbeing
compared to competing CCU technologies (NGdiorming and C@ hydrogenationand
Europeanaveragedataof conventionalmethanolplants ( fusiness asisuab scenario).All
numbers in Table 8.are normalized by methanol production rateyalesare expresseith
t<9%tMeOH ynit. Although direct emissions BRY arethe highesmainly due to incomplete
biofixation of CQ fed, he amount of CO, avoided is twice the value ofthe CQ

hydrogenation procegPérezFortes et al., 2016nd6x the value of NG bi-reformingroute

(Wiesberg et al., 2016)

Table 6.4. Methanolproductiontechnologies in terms @O, mitigation (t“°#t"¢°H).

Metrics BRY Bi-reforming  CO, Hydrogenation CO, Hydrogenation Business
(t°O7tMeOH) (This Work) Wiesberg et &) PérezFortes etal®  Matzenetaf®  as usual®
Direct emissions 1.66 0.01 0.09 0.05 0.695
Indirect emissions 0.13 0.40 0.14 0.16 0.073
Total emissions 1.79 0.41 0.23 0.21 0.77
CO, feed 5.08%) 0.28 1.46 1.43 -
CO; not produced -1.03 0.36 0.54 0.56 -

CO, avoided” 4.05 0.64 2.00 1.99 -

B Wiesberg et al(2016);'® PérezFortes et al. (20165 Matzen et al(2015).™ Averageperformancef existingmethanol
plants in Europe (Pérdzortes et al., 2016)° Allocating to MeOH production3/4 of total CO, feed to microalgae
cultivation, as1/4 s allocated tail production.® Eq. (6.2);” Eq. (6.3);

6.4.3. Economicassessment

Table6.5 detailsoperationatostsand revenugfor BRY and CCS routes. The major shafe
BRY manufacturing costss the purchaseof gaseous oxyge(39%), while in CCS low
pressure steamtilized in solvent regeneration dominates operational ¢638). Regarding
capital investmest Fig. 66 decomposes contributions from BRIYand BRY¥2 areas, as
well as CQ capture plant and pipeline in CCS caséeTargest shareof BRY capital
investmentis spent in its first area (BRY), despitehaving less complexflowsheetthan
BRY-2, mainly due tolarge number ofPBR modulesrequired for installation Hence,
enhancingrolumetric productivityshould behe mossignificantdevelopmento improve the
economic performance of BRYn CCS route capital investmentsre evenly distributed
between capture plant and pipelitmestorage(@ 4 5 &ach).Although BRY involves much
highercapital investmenthanCCS(Fig. 6.6), BRY presentdower operational costandhas

advantagef addingrevenuedo cashflows (Table6.5).
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Figs. 67a and 6/b present mjectiors of cumulativecashflow differences CaShF|OV}PIF,

Eq. (65)) for plant locations in Brazil and USA, showing periodic falls in BRY performance

due to replacement of PBR modules. As both routes demonstrate negative net present values
by the end of theproject at assumed conditignmerely paying C@taxation of50 US$/t

without CQ, capture should be economicallyore attractive than investing in these

technologies for C@abatement, i.e. none of presented alternatives are recommended

Table 6.5. Operational costand revenugfor BRY and CCS.

BRY CCS

Item (MMUS$ly) (MMUS$/y)

Microalga Medium + Flocculan 0.7 -
Monoethanolamine (MEA) - 0.9

Low-Pressuré&team 4.9 45.7
Electricity 1.0 13.2*
Cooling Water 3.4 5.9
Gaseou®xygen 6.3 -
VariableCosts 16.3 65.7
Fixed Costs 20.5 15.1
Total OperationalCost 36.8 80.8
Methanol Production 44.4 -
Microalgae Oil Production 14.8 -
Total Revenus 59.2 -

* Operational expenses with transportation: 6.4 MMUS$/y

1200
.
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E ; BEY-UCCE-Chemical
::% 400 absorption
3 B Total Fized Investment
B, E BEY-2CCEpipeline
S 200 14 . PP

L B

BRY CCs
Fig. 66. Breakdownof capitalinvestmentsn BRY and CCS.

Fig. 6.7a evinces longerm economicadvantage of BRY over CCS for plant location in
Brazil, starting from the 4operational year. For an US scenario with-doriced natural gas
at 3.0 US$/MMBTU (EIA, 2016a) and electricity casgy 72 US$/MWh (EIA, 2016b) Fig.
6.7b evincesBRY ouperformng CCSonly at the last year of projecthowing that more
favorable economic conditions, with lower costs of fuels and utilities, minimizBRY
advantagesver conventionaCCSroute
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Fig. 6.7. Projection of cumulative cash flow differensefor BRY and CCS routes
(CashFloy’" i Eq. (65)) consideringplantlocationin: (a) Brazil; (b) USA

Sensitivity analyses were performed to evaluiairditionsfor BRY economicfeasibility in
Brazilian scenarioln this sense, the chosen variables influencing BP¥/ are PBR capital
investment andnicroalgaoil price. Fig. 6.8 presentsesuls in this regard, with Fig. 8aasa
3D surfaceand Fig. 68b ascontour levelsexpressingNPV. Fig. 68 unveils economically
feasible BRY with microalga oil priceabove 2500 US$t (5x the assumed base price)
consideringPBR base capitainvestment which could bejust reduced to1500 US$t if

investmentsn PBR werebelow100 MM US$(less than half of estimated value)

@) (b)

Fig. 6.8. Net Present ValugNPV) as a function of PBRapital investmentand price of
microalga oil: (a) 3D plot; (b) contour levels.

Sincethe price ofmicroalgae oil shouldbe more flexiblehan PBRcapitalcost, itis selected
to a second sensitivity analysis &RY NPV, where variableCO, taxationis applied With
positive NPV, Fig. 6.9 shows that BRY can be moeronomicallyattractive tharmerely
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